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curriculum.

From this beginning there has evolved a series of texts surpassing by far the scope and
longevity envisioned by the founding Editorial Board. The McGraw-Hill Series in Chemical
Engineering stands as a unique historical record of the development of chemical engineering
education and practice. In the series one finds the milestones of the subject's evolution:
industrial chemistry, stoichiometry, unit operations and processes, thermodynamics, kinetics,
and transfer operations.

Chemical engineering is a dynamic profession, and its literature continues to evolve.
McGraw-Hill and its consulting editors remain committed to a publishing policy that will
serve, and indeed lead, the needs of the chemical engineering profession during the years to
come.

UNIVERSITY OF MICHIGAN



The Series

Bailey and Ollis: Biochemical Engineering Fundamentals

Bennett and Myers: Momentum, Heat, and Mass Transfer

Beveridge and Schechter: Optimization: Theory and Practice

Carberry: Chemical and Catalytic Reaction Engineering

Churchill: The Interpretation and Use of Rate Data—The Rate Concept

Clarke and Davidson: Manual for Process Engineering Calculations

Coughanowr and Koppel: Process Systems Analysis and Control

Danckwerts: Gas Liquid Reactions

Gates, Katzer, and Schuit: Chemistry of Catalytic Processes

Harriott: Process Control

Johnson: Automatic Process Control

Johnstone and Thring: Pilot Plants, Models, and Scale-up Methods in Chemical Engineering

Katz, Cornell, Kobayashi, Poettmann, Vary, Ellenbaas, and Weinaug: Handbook of Natural
Gas Engineering

King: Separation Processes

Knudsen and Katz: Fluid Dynamics and Heat Transfer

Lapidus: Digital Computation for Chemical Engineers

Luyben: Process Modeling, Simulation, and.-Control for Chemical Engineers

McCabe and Smith, J. C.: Unit Operations of Chemical Engineering

Mickley, Sherwood, and Reed: Applied Mathematics in Chemical Engineering

Nelson: Petroleum Refinery Engineering

Perry and Chilton (Editors): Chemical Engineers’ Handbook

Peters: Elementary Chemical Engineering

Peters and Timmerhaus: Plant Design and Economics for Chemical Engineers

Reed and Gubbins: Applied Statistical Mechanics

Reid, Prausnitz, and Sherwood: The Properties of Gases and Liquids

Satterfield: Heterogeneous Catalysis in Practice

Sherwood, Pigford, and Wilke: Mass Transfer

Slattery: Momentum, Energy, and Mass Transfer in Continua

Smith, B. D.: Design of Equilibrium Stage Processes

Smith, J. M.: Chemical Engineering Kinetics

Smith, J. M., and Van Ness: Introduction to Chemical Engineering Thermodynamics

Thompson and Ceckler: Introduction to Chemical Engineering

Treybal: Mass Transfer Operations

Van Winkle: Distillation

Volk: Applied Siatistics for Engineers

Walas: Reaction Kinetics for Chemical Engineers

Wei, Russell, and Swartzlander: The Structure of the Chemical Processing Industries

Whitwell and Toner: Conservation of Mass and Energy

UNIVERSITY OF MICHIGAN






SEPARATION
PROCESSES

Second Edition

C.J udson%(ing
Professor of Chemical Engineering
University of California, Berkeley

McGraw-Hill Book Company

New York St. Louis San Francisco Auckland Bogota Hamburg
Johannesburg London Madrid Mexico Montreal New Delhi
Panama Paris Sao Paulo Singapore Sydney Tokyo Toronto

UNIVERSITY OF MICHIGAN



This book was set in Times Roman. The editors were Julienne V. Brown and
Madelaine Eichberg; the production supervisor was Leroy A. Young.

The drawings were done by Santype International Limited.

R. R. Donnelley & Sons Company was printer and binder.

SEPARATION PROCESSES

Copyright © 1980, 1971 by McGraw-Hill, Inc. All rights reserved.
Printed in the United States of America. No part of this publication

may be reproduced, stored in a retrieval system, or transmitted, in any
form or by any means, electronic, mechanical, photocopying, recording, or
otherwise, without the prior written permission of the publisher.

1234567890 DODO 7832109

Library of Congress Cataloging in Publication Data

King, Cary Judson, date
Separation processes.

(McGraw-Hill chemical engineering series)

Includes bibliographies and index.

1. Separation (Technology) 1. Title.
TP156.S45K5 1981 660'.2842 79-14301
ISBN 0-07-034612-7

UNIVERSITY OF MICHIGAN



To MY PARENTS

and

To MY WIFE, JEANNE,
for inspiring, encouraging, and sustaining

UNIVERSITY OF MICHIGAN



urnmu-'/bk"in
22311096
rmnc &

/13 o
repl

CONTENTS

Preface to the Second Edition

Xix

Preface to the First Edition XXi
Possible Course Outlines XXiv
Chapter 1 Uses and Characteristics of Separation Processes 1
An Example: Cane Sugar Refining 2
Another Example: Manufacture of p-Xylene 9
Importance and Variety of Separations 15
Economic Significance of Separation Processes 16
Characteristics of Separation Processes 17
Separating Agent 17
Categorizations of Separation Processes 18
Separation Factor 29
Inherent Separation Factors: Equilibration Processes 30
Vapor-Liquid Systems 30
Binary Systems 32
Liquid-Liquid Systems 34
Liquid-Solid Systems 38
Systems with Infinite Separation Factor 40
Sources of Equilibrium Data 41
Inherent Separation Factors: Rate-governed Processes 42
Gaseous Diffusion 42
Reverse Osmosis 45
Chapter 2 Simple Equilibrium Processes 59
Equilibrium Calculations 59
Binary Vapor-Liquid Systems 60
Ternary Liquid Systems 60
Multicomponent Systems 61
Checking Phase Conditions for a Mixture 68

UNIVERSITY OF MICHIGAN ix



X CONTENTS

Analysis of Simple Equilibrium Separation Processes
Process Specification: The Description Rule
Algebraic Approaches

Binary Systems

Multicomponent Systems
Case 1: T and v;/f; of One Component Specified
Case 2: P and T Specified
Case 3: P and V/F Specified
Case 4: P and v,/f; of One Component Specified
Case 5: P and Product Enthalpy Specified
Case 6: Highly Nonideal Mixtures

Graphical Approaches
The Lever Rule
Systems with Two Conserved Quantities

Chapter 3 Additional Factors Influencing Product Purities

Incomplete Mechanical Separation of the Product Phases
Entrainment
Washing
Leakage
Flow Configuration and Mixing Effects
Mixing within Phases
Flow Configurations
Batch Operation
Both Phases Charged Batchwise
Rayleigh Equation
Comparison of Yields from Continuous and Batch Operation
Multicomponent Rayleigh Distillation
Simple Fixed-Bed Processes
Methods of Regeneration
Mass- and Heat-Transfer Rate Limitations
Equilibration Separation Processes
Rate-governed Separation Processes
Stage Efficiencies

Chapter 4 Multistage Separation Processes

Increasing Product Purity
Multistage Distillation
Plate Towers
Countercurrent Flow
Reducing Consumption of Separating Agent
Multieffect Evaporation
Cocurrent, Crosscurrent, and Countercurrent Flow
Other Separation Processes
Liquid-Liquid Extraction
Generation of Reflux
Bubble and Foam Fractionation
Rate-governed Separation Processes

UNIVERSITY OF MICHIGAN

155
155
157
160
160
163
164
166



CONTENTS Xi

Other Reasons for Staging 168
Fixed-Bed (Stationary Phase) Processes 172
Achieving Countercurrency 172
Chromatography 175
Means of Achieving Differential Migration 179
Countercurrent Distribution 180
Gas Chromatography and Liquid Chromatography 183
Retention Volume 185
Paper and Thin-Layer Chromatography 185
Variable Operating Conditions 186
Field-Flow Fractionation (Polarization Chromatography) 187
Uses 188
Continuous Chromatography 189
Scale-up Problems 191
Current Developments 192
Cyclic Operation of Fixed Beds 192
Parametric Pumping 192
Cycling-Zone Separations 193
Two-dimensional Cascades 195
Chapter 5§ Binary Multistage Separations: Distillation 206
Binary Systems 206
Equilibrium Stages 208
McCabe-Thiele Diagram 208
Equilibrium Curve 210
Mass Balances 212
Problem Specification 215
Internal Vapor and Liquid Flows 216
Subcooled Reflux 218
Operating Lines 218
Rectifyving Section 218
Stripping Section 219
Intersection of Operating Lines 220
Multiple Feeds and Sidestreams 223
The Design Problem 225
Specified Variables 225
Graphical Stage-to-Stage Calculation 226
Feed Stage 230
Allowable and Optimum Operating Conditions 233
Limiting Conditions 234
Allowance for Stage Efficiencies 237
Other Problems 239
Multistage Batch Distillation 243
Batch vs. Continuous Distillation 247
Effect of Holdup on the Plates 247
Choice of Column Pressure 248
Steam Distillations 248
Azeotropes 250

UNIVERSITY OF MICHIGAN



Xii CONTENTS

Chapter 6 Binary Multistage Separations: General
Graphical Approach

Straight Operating Lines
Constant Total Flows
Constant Inert Flows
Accounting for Unequal Latent Heats in Distillation; MLHV Method
Curved Operating Lines
Enthalpy Balance: Distillation
Algebraic Enthalpy Balance
Graphical Enthalpy Balance
Miscibility Relationships: Extraction
Independent Specifications: Separating Agent Added to Each Stage
Cross Flow Processes
Processes without Discrete Stages
General Properties of the yx Diagram

Chapter 7 Patterns of Change

Binary Multistage Separations
Unidirectional Mass Transfer
Constant Relative Volatility
Enthalpy-Balance Restrictions
Distillation
Absorption and Stripping
Contrast between Distillation and Absorber-Strippers
Phase-Miscibility Restrictions; Extraction
Multicomponent Multistage Separations
Absorption
Distillation
Key and Nonkey Components
Equivalent Binary Analysis
Minimum Reflux
Extraction
Extractive and Azeotropic Distillation

Chapter 8 Group Methods

Linear Stage-Exit Relationships and Constant Flow Rates
Countercurrent Separations
Minimum Flows and Selection of Actual Flows
Limiting Components
Using the KSB Equations
Multiple-Section Cascades
Chromatographic Separations
Intermittent Carrier Flow
Continuous Carrier Flow
Peak Resolution
Nonlinear Stage-Exit Relationships and Varying Flow Rates
Binary Countercurrent Separations: Discrete Stages

UNIVERSITY OF MICHIGAN

258

259
259
264
270
273
273
274
275
283
293
295
295
296

309

309
311
313
315
315
317
318
318
321
321
325
325
331
333
336
344

360

361
361
367
367
367
37
376
376
379
384
387
387



Constant Separation Factor and Constant Flow Rates
Binary Countercurrent Separations: Discrete Stages
Selection of Average V alues of «
Multicomponent Countercurrent Separations: Discrete Stages
Solving for ¢ and ¢’

Chapter 9 Limiting Flows and Stage Requirements;
Empirical Correlations

Minimum Flows
All Components Distributing
General Case
Single Section
Two Sections
Multiple Sections
Minimum Stage Requirements
Energy Separating Agent vs. Mass Separating Agent
Binary Separations
Multicomponent Separations
Empirical Correlations for Actual Design and Operating Conditions
Stages vs. Reflux
Distribution of Nonkey Components
Geddes Fractionation Index
Effect of Reflux Ratio
Distillation of Mixtures with Many Components
Methods of Computation

CONTENTS xiii

393
393
397
398
403

414

414
415
417
418
418
423
424
424
425
427
428
428
433
433
434
436

Chapter 10 Exact Methods for Computing Multicomponent

Multistage Separations

Underlying Equations
General Strategy and Classes of Problems
Stage-to-Stage Methods
Multicomponent Distillation
Extractive and Azeotropic Distillation
Absorption and Stripping
Tridiagonal Matrices
Distillation with Constant Molal Overflow; Operating Problem
Persistence of a Temperature Profile That Is Too High or Too Low
Accelerating the Bubble-Point Step
Allowing for the Effects of Changes on Adjacent Stages
More General Successive-Approximation Methods
Nonideal Solutions; Simultaneous-Convergence Method
Ideal or Mildly Nonideal Solutions; 2N Newton Method
Pairing Convergence Variables and Check Functions
BP Arrangement
Temperature Loop
Total-Flow Loop
SR Arrangement
Total-Flow Loop
Temperature Loop

UNIVERSITY OF MICHIGAN

448
449
450
455
455

472
473
474
474
479
480
481
483
483
484
485
485
487
488



Xiv CONTENTS

Relaxation Methods

Comparison of Convergence Characteristics; Combinations of Methods

Design Problems
Optimal Feed-Stage Location
Initial Values
Applications to Specific Separation Processes
Distillation
Absorption and Stripping
Extraction
Process Dynamics: Batch Distillation
Review of General Strategy
Available Computer Programs

Chapter 11 Mass-Transfer Rates

Mechanisms of Mass Transport
Molecular Diffusion
Prediction of Diffusivities
Gases
Liquids
Solids
Solutions of the Diffusion Equation
Mass-Transfer Coefficients
Dilute Solutions
Film Model
Penetration and Surface-Renewal Models
Diffusion into a Stagnant Medium from the Surface of a Sphere
Dimensionless Groups
Laminar Flow near Fixed Surfaces
Turbulent Mass Transfer to Surfaces
Packed Beds of Solids
Simultaneous Chemical Reaction
Interfacial Area
Effects of High Flux and High Solute Concentration
Reverse Osmosis
Interphase Mass Transfer
Transient Diffusion

Combining the Mass-Transfer Coefficient with the Interfacial Area

Simultaneous Heat and Mass Transfer
Evaporation of an Isolated Mass of Liquid
Drying

Rate-limiting Factors
Drying Rates

Design of Continuous Countercurrent Contactors

Plug Flow of Both Streams
Transfer Units
Analytical Expressions
Minimum Contactor Height
More Complex Cases

UNIVERSITY OF MICHIGAN

489
490
491
494
496
497
497
498
499
501
501
503

508

511
511
513
514
515
518
518
519
520
523
524
525
526
527
528
528
528
533
536
540
542
545
546
550
550
552
556
556
558
563
566
566



CONTENTS XV

Multivariate Newton Convergence 566
Relaxation 568
Limitations 568
Short-Cut Methods 569

Height Equivalent to a Theoretical Plate (HETP) 569
Allowance for Axial Dispersion 570
Models of Axial Mixing 572
Differential Model 572
Stagewise Backmixing Model 573

Other Models 575
Analytical Solutions 575
Modified Colburn Plots 51l
Numerical Solutions 577
Design of Continuous Cocurrent Contactors 580
Design of Continuous Crosscurrent Contactors 583
Fixed-Bed Processes 583
Sources of Data 583

Chapter 12 Capacity of Contacting Devices; Stage Efficiency 591

Factors Limiting Capacity 591
Flooding 592
Packed Columns 593
Plate Columns 594
Liquid-Liquid Contacting 596
Entrainment 596
Plate Columns 597
Pressure Drop 598
Packed Columns 598
Plate Columns 599
Residence Time for Good Efficiency 600
Flow Regimes; Sieve Trays 600
Range of Satisfactory Operation 601
Plate Columns 601
Comparison of Performance 604
Factors Influencing Efficiency 608
Empirical Correlations 609
Mechanistic Models 609
Mass-Transfer Rates 611
Point Efficiency Eyq 612
Flow Configuration and Mixing Effects - 613
Complete Mixing of the Liquid 615
No Liquid Mixing: Uniform Residence Time 615
No Liquid Mixing: Distribution of Residence Times 617
Partial Liquid Mixing 618
Discussion 620
Entrainment 620
Summary of AIChE Tray-Efficiency Prediction Method 621
Chemical Reaction 626

UNIVERSITY OF MICHIGAN



XVi CONTENTS

Surface-Tension Gradients: Interfacial Area
Density and Surface-Tension Gradients: Mass-Transfer Coefficients
Surface-active Agents
Heat Transfer
Multicomponent Systems

Alternative Definitions of Stage Efficiency
Criteria
Murphree Liquid Efficiency
Overall Efficiency
Vaporization Efficiency
Hausen Efficiency

Compromise between Efficiency and Capacity
Cyclically Operated Separation Processes
Countercurrent vs. Cocurrent Operation
A Case History

Chapter 13 Energy Requirements of Separation Processes

Minimum Work of Separation
Isothermal Separations
Nonisothermal Separations: Available Energy
Significance of W,
Net Work Consumption
Thermodynamic Efficiency
Single-Stage Separation Processes
Multistage Separation Processes
Potentially Reversible Processes: Close-boiling Distillation
Partially Reversible Processes: Fractional Absorption
Irreversible Processes: Membrane Separations
Reduction of Energy Consumption
Energy Cost vs. Equipment Cost
General Rules of Thumb
Examples
Distillation
Heat Economy
Cascaded Columns
Heat Pumps
Examples
Irreversibilities within the Column; Binary Distillation
Isothermal Distillation
Multicomponent Distillation
Alternatives for Ternary Mixtures
Sequencing Distillation Columns
Example: Manufacture of Ethylene and Propylene
Sequencing Multicomponent Separations in General
Reducing Energy Consumption for Other Separation Processes
Mass-Separating-Agent Processes
Rate-governed Processes: The Ideal Cascade

UNIVERSITY OF MICHIGAN

627
630
633
634
636
637
637
638
639
639

641
642
642
643

661
661

665
666
666
678
679
682
684
687
687
687
690
692
692
692
695
697
699
708
710
711
713
717
719
720
720
721



Chapter 14 Selection of Separation Processes

Factors Influencing the Choice of a Separation Process
Feasibility
Product Value and Process Capacity
Damage to Product
Classes of Processes
Separation Factor and Molecular Properties
Molecular V olume
Molecular Shape
Dipole Moment and Polarizability
Molecular Charge
Chemical Reaction
Chemical Complexing
Experience
Generation of Process Alternatives
Illustrative Examples
Separation of Xylene Isomers
Concentration and Dehydration of Fruit Juices
Solvent Extraction
Solvent Selection
Physical Interactions
Extractive Distillation
Chemical Complexing
An Example
Process Configuration
Selection of Equipment
Selection of Control Schemes

Appendixes

A Convergence Methods and Selection of Computation Approaches
Desirable Characteristics
Direct Substitution
First Order
Second and Higher Order
Initial Estimates and Tolerance
Multivariable Convergence
Choosing f(x)

B  Analysis and Optimization of Multieffect Evaporation
Simplified Analysis
Optimum Number of Effects
More Complex Analysis

C Problem Specification for Distillation
The Description Rule
Total Condenser vs. Partial Condenser
Restrictions on Substitutions and Ranges of Variables
Other Approaches and Other Separations

UNIVERSITY OF MICHIGAN

CONTENTS Xvii

728

728
729
731
731
732
733
734
734
734
735
735
735
738
738
739
739
747
757
757
758
761
761
762
763
765
770

777

777
777
777
778
780
781
781
784

785
786
788
789

791
791
795
798
798



Xviii CONTENTS

D Optimum Design of Distillation Processes
Cost Determination
Optimum Reflux Ratio
Optimum Product Purities and Recovery Fractions
Optimum Pressure
Optimum Phase Condition of Feed
Optimum Column Diameter
Optimum Temperature Differences in Reboilers and Condensers
Optimum Overdesign

E Solving Block-Tridiagonal Sets of Linear Equations: Basic Distillation Program
Block-Tridiagonal Matrices
Basic Distillation Program

F  Summary of Phase-Equilibrium and Enthalpy Data

G Nomenclature

Index

UNIVERSITY OF MICHIGAN

798
798
798
801
803
807
807
807
808

811
811
821
825

827

835



PREFACE TO THE SECOND EDITION

My goals for the second edition have been to preserve and build upon the process-
oriented approach of the first edition, adding new material that experience has
shown should be useful, updating areas where new concepts and information have
emerged. and tightening up the presentation in several ways.

The discussion of diffusion, mass transfer. and continuous countercurrent con-
tactors has been expanded and made into a separate chapter. Although this occurs
late in the book, it is written to stand on its own and can be taken up at any point
in a course or not at all. Substantial developments in computer methods for cal-
culating complex separations have been accommodated by working computer
techniques into the initial discussion of single-stage calculations and by a full revision
of the presentation of calculation procedures for multicomponent multistage pro-
cesses. Appendix E discusses block-tridiagonal matrices, which underlie modern
computational approaches for complex countercurrent processes, staged or
continuous-contact. This includes programs for solving such matrices and for solving
distillation problems. Energy consumption and conservation in separations, chroma-
tography and related novel separation techniques, and mixing on distillation plates
are rapidly developing fields: the discussions of them have been considerably updated.

At the same time I have endeavored to prune excess verbiage and superfluous
examples. Generalized flow bases and composition parameters (B, , C_, etc.) have
proved to be too complex for many students and have been dropped. The description
rule for problem specification remains useful but occupies a less prominent position.
Since the analysis of fixed-bed processes and control of separation processes,
treated briefly in the first edition, are covered much better and more thoroughly
elsewhere, these sections have been largely removed.

In the United States the transition from English to SI (Systéme International)
units is well launched. Although students and practicing engineers must become
familiar with SI units and use them, they must continue to be multilingual in units
since the transition to SI cannot be instantaneous and the existent literature will
not change. In the second edition I have followed the policy of making the units
Xix

UNIVERSITY OF MICHIGAN



XX PREFACE TO THE SECOND EDITION

mostly SI, but I have intentionally retained many English units and a few cgs units.
Those unfamiliar with SI will find that for analyzing separation processes the
activation barrier is low and consists largely of learning that | atmosphere is
101.3 kilopascals, 1 Btu is 1055 joules (or 1 calorie is 4.187 joules), and 1 pound is
0.454 kilogram, along with the already familiar conversions between degrees Celsius,
degrees Fahrenheit, and Kelvins.

The size of the book has proved awe-inspiring for some students. The first
edition has been used as a text for first undergraduate courses in separation
processes (or unit operations, or mass-transfer operations), for graduate courses,
and as a reference for practicing engineers. It is both impossible and inappropriate
to try to use all the text for all purposes, but the book is written so that isolated
chapters and sections for the most stand on their own. To help instructors select
appropriate sections and content for various types of courses, outlines for a junior-
senior course in separation processes and mass transfer as well as a first-year
graduate course in separation processes taught recently at Berkeley are given on
page xxiv.

Another important addition to the text is at least two new problems at the end
of most chapters, chosen to complement the problems retained from the first edition.
Since a few problems from the first edition have been dropped. the total number of
problems has not changed. A Solutions Manual, available at no charge for faculty-
level instructors, can be obtained by writing directly to me.

I have gained many debts of gratitude to many persons for helpful suggestions
and other aid. I want to thank especially Frank Lockhart of the University of
Southern California, Philip Wankat of Purdue University, and John Bourne of
ETH Zirich, for detailed reviews in hindsight of the first edition, which were of
immense value in planning this second edition. J. D. Seader, of the University of
Utah, and Donald Hanson and several other faculty colleagues at the University of
California, Berkeley, have provided numerous helpful discussions. Professor Hanson
also kindly gave an independent proofreading to much of the final text. Christopher
J. D. Fell of the University of South Wales reviewed Chapter 12 and provided
several useful suggestions. George Keller, of Union Carbide Corporation, and
Francisco Barnés, of the National University of Mexico, shared important new
ideas. Several consulting contacts over the years have furnished breadth and reality,
and many students have provided helpful suggestions and insight into what has been
obfuscatory. Finally, I am grateful to the University of California for a sabbatical
leave during which most of the revision was accomplished, to the University of
Utah for providing excellent facilities and stimulating environment during that leave,
and to my family and to places such as the Escalante Canyon and the Sierra Nevada
for providing occasional invaluable opportunities for battery recharge during the
project.

C. Judson King
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PREFACE TO THE FIRST EDITION

This book is intended as a college or university level text for chemical engineering
courses. It should be suitable for use in any of the various curricular organizations,
in courses such as separation processes, mass-transfer operations, unit operations,
distillation, etc. A primary aim in the preparation of the book is that it be comple-
mentary to a transport phenomena text so that together they can serve effectively
the needs of the unit operations or momentum-, heat-, and mass-transfer core of the
chemical engineering curriculum.

It should be possible to use the book at various levels of instruction, both under-
graduate and postgraduate. Preliminary versions have been used for a junior-senior
course and a graduate course at Berkeley, for a sophomore course at Princeton, for
a senior course at Rochester, and for a graduate course at the Massachusetts Institute
of Technology. A typical undergraduate course would concentrate on Chapters 1
through 7 and on some or all of Chapters 8 through 11. In a graduate course one
could cover Chapters 1 through 6 lightly and concentrate on Chapters 7 through 14.
There is little that should be considered as an absolute prerequisite for a course based
upon the book, although a physical chemistry course emphasizing thermodynamics
should probably be taken at least concurrently. The text coverage of phase equi-
librium thermodynamics and of basic mass-transfer theory is minimal, and the student
should take additional courses treating these areas.

Practicing engineers who are concerned with the selection and evaluation of
alternative separation processes or with the development of computational algorithms
should also find the book useful; however, it is not intended to serve as a com-
prehensive guide to the detailed design of specific items of separation equipment.

The book stresses a basic understanding of the concepts underlying the selection,
behavior, and computation of separation processes. As a result several chapters are
almost completely qualitative. Classically, different separation processes, such as
distillation, absorption, extraction, ion exchange, etc., have been treated individually
and sequentially. In a departure from that approach, this book considers separations
as a general problem and emphasizes the many common aspects of the functioning

xxi
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XXii PREFACE TO THE FIRST EDITION

and analysis of the different separation processes. This generalized development is
designed to be more efficient and should create a broader understanding on the part
of the student.

The growth of the engineering science aspects of engineering education has
created a major need for making process engineering and process design sufficiently
prominent in chemical engineering courses. Process thinking should permeate the
entire curriculum rather than being reserved for a final design course. An important
aim of this textbook is to maintain a flavor of real processes and of process synthesis
and selection, in addition to presenting the pertinent calculational methods.

The first three chapters develop some of the common principles of simple separ-
ation processes. Following this, the reasons for staging are explored and the McCabe-
Thiele graphical approach for binary distillation is developed. This type of plot is
brought up again in the discussions of other binary separations and multicomponent
separations and serves as a familiar visual representation through which various
complicated effects can be more readily understood. Modern computational
approaches for single-stage and multistage separations are considered at some length,
with emphasis on an understanding of the different conditions which favor different
computational approaches. In an effort to promote a fuller appreciation of the
common characteristics of different multistage separation processes, a discussion of
the shapes of flow, composition, and temperature profiles precedes the discussion of
computational approaches for multicomponent separations; this is accomplished in
Chapter 7. Other unique chapters are Chapter 13, which deals with the factors
governing the energy requirements of separation processes. and Chapter 14, which
considers theselection of an appropriate separation process for a given separation task.

Problems are included at the end of each chapter. These have been generated
and accumulated by the author over a number of years during courses in separation
processes, mass-transfer operations, and the earlier and more qualitative aspects of
process selection and design given by him at the University of California and at the
Massachusetts Institute of Technology. Many of the problems are of the qualitative
discussion type: they are intended to amplify the student’s understanding of basic
concepts and to increase his ability to interpret and analyze new situations success-
fully. Calculational time and rote substitution into equations are minimized. Most
of the problems are based upon specific real processes or real processing situations.

Donald N. Hanson participated actively in the early planning stages of this book
and launched the author onto this project. Substantial portions of Chapters 5, 7, 8, and
9 stem from notes developed by Professor Hanson and used by him for a number of
years in an undergraduate course at the University of California. The presentation in
Chapter 11 has been considerably influenced by numerous discussions with Edward
A.Grens I1. The reactions, suggestions, and other contributions of teaching assistants
and numerous students over the past few years have been invaluable. particularly
those from Romesh Kumar, Roger Thompson, Francisco Barnés, and Raul Acosta.
Roger Thompson also assisted ably with the preparation of the index. Thoughtful
and highly useful reviews based upon classroom use elsewhere were given by William
Schowalter, J. Edward Vivian, and Charles Byers.
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PREFACE TO THE FIRST EDITION XXiii

Thanks of a different sort go to Edith P. Taylor, who expertly and so willingly
prepared the final manuscript, and to her and several other typists who participated
in earlier drafts.

Finally, I have three special debts of gratitude: to Charles V. Tompkins, who
awakened my interests in science and engineering; to Thomas K. Sherwood, who
brought me to a realization of the importance and respectability of process design
and synthesis in education; and to the University of California at Berkeley and
numerous colleagues there who have furnished encouragement and the best possible
surroundings.

C. Judson King
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POSSIBLE COURSE OUTLINES

Junior-senior undergraduate course on separation processes and mass transfer

Follows a course on basic transport phenomena (including diffusion), luid flow, and heat transfer; four
units: 10 weeks (quarter system); two 80-min lecture periods per week, plus a 50-min discussion period
used for taking up problems. answering questions. etc.

Lecture Topic(s) Chapter  Pages
I Organize course: general features of separation processes 1 1-30
Disc. 1 Review phase equilibrium; bubble and dew points 1,2 30-43, 61-68
2 Simple equilibration 2 68-80
3 Principles of staging 4 140-164
4 Binary distillation 5 206-223
5 Binary distillation S 233-237
6 Half-hour quiz; use of efficiencies in binary distillation 5 237-243
' App. D 798-801
7 Use of McCabe-Thiele diagram for other processes 6 258-273
Dilute systems; absorption and stripping: KSB equations 8 360-370
9 Midterm examination
10 Continue KSB equations; introduction to multicom- 7 371-376
ponent multistage separations 325-331
11 Total reflux, minimum reflux. and approximate distillation 9 417-432
calculations
12 Multicomponent separations: review simple equilibrium 2 80-90
and single stage; introduction to multistage calculations 10 446-455
13 Survey of methods for computation of multistage separa- 10 466-481
tions
14 Half-hour quiz; mass-transfer coefficients 11 518-528
15 Mass-transfer coefficients; interphase mass transfer 11 536-545
XXiv
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Lecture Topic(s) Chapter  Pages
16 Mass transfer: simultaneous heat and mass transfer 11 545-556
(introduction only)
17 Transfer units: continuous countercurrent contactors 11 556-566
18 Factors governing equipment capacity 12 591-608
19 Stage efficiency 12 608-617,
621-626
20 Case problem: review 12 641-651
Final Examination
Additional or alternate topics:
Survey of factors affecting product compositions in 3 103-115
equilibration processes
Ponchon-Savarit diagrams for distillation 6 273-283
Triangular diagrams for extraction 6 283-293
Multieffect evaporation App. B 785-790
Rayleigh equation 3 115-123
Convergence methods App. A 777-784

Graduate course on separation processes

Three units; 10 weeks (quarter system): two 80-min lecture periods per week: substantial class time
spent for problem discussion: there is a subsequent graduate course on mass transfer

Class Topic Chapter  Pages
1 Organization; common features and classification of 1 17 48
separation processes
2 Factors affecting equilibration and selectivity in separation 3 103-123
processes, flow-configuration effects: Rayleigh equation
3 Fixed beds; chromatography 3.4 123- 130
175-180,
183-187
4 Staging: graphical analysis of countercurrent staged 5. [207-250]
separatlion processes quick
review,
6 258-273
5 Generalized graphical analysis of countercurrent staged 6 283-293
separation processes
6 Patterns of change in countercurrent separation processes; 7 309-349
extractive and azeotropic distillation
7 First midterm examination
KSB equations 8 361-376
9 Group methods of calculation: Underwood equations 8 393-406
10 Group methods; limiting conditions 9 414-427
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Class Topic Chapter  Pages
11 Limiting conditions; empirical methods 9 28-440
12 Computer approaches for multicomponent multistage 10 466-489
separauon processes
13 Computer approaches for multicomponent multistage 10. 489-503
separation processes App. E 811-824
14 Second midterm quiz
15 Stage efficiencies 12 608-626
16 Stage efficiencies 12 626-643
17 Energy requirements of separation processes 13 660-687
18 Energy conservation methods 13 687-721
19 Selection of separation processes 14 728-747
20 Selection of separation processes;: review 14 757-770
Final Examination
Additional or alternate topics:
Computation of multicomponent single-stage separations 2 68-90
More on chromatography and categorizing processes 4 180-183,
187-197
Factors governing equipment capacity 12 591-608
Optimization analyses for distillation App. D 798-810
Multieffect evaporation App. B 785-790
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CHAPTER

ONE

USES AND CHARACTERISTICS OF
SEPARATION PROCESSES

Die Entropie der Welt strebt einem Maximum zu.

CLAUSIUS

When salt is placed in water, it dissolves and tends to form a solution of uniform
composition throughout. There is no simple way to separate the salt and the water
again. This tendency of substances to mix together intimately and spontaneously is a
manifestation of the second law of thermodynamics, which states that all natural
processes take place so as to increase the entropy, or randomness, of the universe. In
order to separate a mixture of species into products of different composition we must
create some sort of device, system, or process which will supply the equivalent of
thermodynamic work to the mixture in such a way as to cause the separation to
occur.

For example, if we want to separate a solution of salt and water, we can (1)
supply heat and boil water off, condensing the water at a lower temperature; (2)
supply refrigeration and freeze out pure ice, which we can then melt at a higher
temperature; (3) pump the water to a higher pressure and force it through a thin solid
membrane that will let water through preferentially to salt. All three of these
approaches (and numerous others) have been under active study and development
for producing fresh water from the sea.

The fact that naturally occurring processes are inherently mixing processes has
been recognized for over a hundred years and makes the reverse procedure of
“unmixing” or separation processes one of the most challenging categories of engi-
neering problems. We shall define separation processes as those operations which
transform a mixture of substances into two or more products which differ from each
other in composition. The many different kinds of separation process in use and their
importance to mankind should become apparent from the following two examples,
which concern basic human wants, food and clothing.
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2 SEPARATION PROCESSES

AN EXAMPLE: CANE SUGAR REFINING

Common white granulated sugar is typically 99.9 percent sucrose and is one of the
purest of all substances produced from natural materials in such large quantity.
Sugar is obtained from both sugar cane and sugar beets.

H,COH
H‘“‘c o) é‘
HCI‘CN HOCIN
HOCH 0 HCOH
H(l‘(V HC
HC H,(l:ou
HOéH,

Sucrose

Cane sugar is normally produced in two major blocks of processing operations
(Gerstner, 1969; Shreve and Brink, 1977, pp. 506-523). Preliminary processing takes
place near where the sugar cane is grown (Hawaii, Puerto Rico, etc.) and typically
consists of the following basic steps, shown in Fig. 1-1.

1. Washing and milling. The sugar cane is washed with jets of water to free it from any field
debris and is then chopped into short sections. These sections are passed through high-
pressure rollers which squeeze sugar-laden juice out of the plant cells. Some water is added
toward the end of the milling to leach out the last portions of available sugar. The remain-
ing cane pulp. known as bagasse, is used for fuel or for the manufacture of insulating
fiberboard.

2. Clarification. Milk of lime, Ca(OH),. is added to the sugar-laden juice, which is then
heated. The juice next enters large holding vessels, in which coagulated colloidal material
and insoluble calcium salts are settled out. The scum withdrawn from the bottom of the
clarifier is filtered to reclaim additional juice, which is recycled.

3. Evaporation, crystallization, and centrifugation. The clarified juices are then sent to steam-
heated evaporators, which boil off much of the water, leaving a dark solution containing
about 65°, sucrose by weight. This solution is then boiled in vacuum vessels. Sufficient
water is removed through boiling for the solubility limit of sucrose to be surpassed, and as a
result sugar crystals form. The sugar crystals are removed from the supernatant liquid by
centrifuges. The liquid product, known as blackstrap molasses, is used mainly as a compo-
nent of cattle feed.

The solid sugar product obtained from this operation contains about 97 °, sucrose,
and is often shipped closer to the point of actual consumption for further processing.

Figure 1-2 shows a flow diagram of a large sugar refinery in Crockett, California,
which refines over 3 million kilograms per day of raw sugar produced in Hawaii. As a
first step, the raw sugar crystals are mixed with recycle syrup in minglers so as to
soften the film of molasses adhering to the crystals. This syrup is removed in centri-
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Figure 1-1 Processing steps for producing raw sugar from sugar cane.
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Figure 1-3 Leaf filter used with diatomaceous-earth filter aid to remove insolubles after addition of
Ca(OH), and H,PO,. (California and Hawaiian Sugar Co.)

fuges and is both recycled and processed for further sugar recovery. The sugar
crystals (now at a sugar content of 999,) are next dissolved in hot water and treated
(in vessels called blowups) with calcium hydroxide and phosphoric acid to precipitate
foreign substances which form insoluble compounds with these chemicals. Diato-
maceous earth, a spongy porous material, added as a filter aid, serves to provide an
extensive amount of solid surface, which facilitates the removal of insolubles in the
filtration step that follows. The large leaf-type filter used at this point in the plant
under consideration is shown in Fig. 1-3.

The sugar syrup is next passed slowly through large beds of granular animal-
derived charcoal (boneblack, or char). The purpose of this step (Fig. 1-4) is to adsorb
color-causing substances and other remaining impurities onto the surface of the char.
(Note the size of the man in Fig. 1-4.) The sugar solution is then freed of excess water
by boiling in steam-heated evaporators, or vacuum pans (Fig. 1-5). Again, sufficient
water is boiled off to cause the solubility limit of sucrose to be exceeded, and crystals
of pure sugar form, leaving essentially all remaining impurities behind in the solu-
tion, which is recycled to appropriate earlier points in the process. The recycle
solution is removed from the pure sugar crystals in large centrifuges, 14 of which are
shown in Fig. 1-6.
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6 SEPARATION PROCESSES

- )

Figure 1-4 Char beds, used for decolorizing sugar syrup. ( California and Hawaiian Sugar Co.)

Before packaging for sale, the sugar crystals must be dried, since they still contain
about 19 water. This is accomplished by tumbling the crystals through a stream of
warm air of low humidity in large, slightly inclined, horizontal revolving cylinders
called granulators. Figure 1-7 shows the interior of a granulator, the sugar granules
falling off short shelves attached to the rotating wall which serve to distribute the
sugar in the warm air. After drying, the sugar is passed through a succession of
screens of different mesh sizes to segregate crystals of different sizes (fine, coarse, etc.).

There are 11 different classes of separation processes included in the steps shown

in Fig. 1-1 for making raw sugar and in the sugar refining processes shown in
Fig. 1-2:

1. Settling (clarifiers). A suspension of solids in a liquid is held in a tank until the solids settle
to the bottom to form a thick slurry or scum. Solids-free liquid is withdrawn from the top
of the vessel. This process requires that the solids be denser than the liquid.

2. Filtration (scum filter, pressure filters). A solid-in-liquid suspension is made to flow
through a filter medium such as a fine mesh or a woven cloth. The pores of the filter
medium are so small that the liquid can pass through but the solid particles cannot.
Sometimes a filter aid (diatomaceous earth) is added to form a still more effective filter
medium on top of the mesh or cloth. Filtration is a separation based on size, whereas
settling is a separation based on density.



Figure 1-5 A vacuum pan used for evaporating water and crystallizing pure sugar. ( California and
Hawaiian Sugar Co.)

Figure 1-6 Centrifuges for recovering pure sugar crystals from syrup. ( California and Hawaiian Sugar Co.)

7
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8 SEPARATION PROCESSES

Figure 1-7 Interior view of granulator. ( California and Hawaiian Sugar Co.)
3.

Centrifugation (raw-sugar centrifuges, white-sugar centrifugals). A solid-in-liquid suspen-
sion is whirled rapidly. The centrifugal force from the rotation aids the phase separations.
Centrifuges may operate on a settling principle, wherein the denser phase is brought to the
outside by the centrifugal force, or on a filtration principle, as in a basket centrifuge, where
the mesh of the basket retains solid particles and the centrifugal force causes the liquid to
flow through the solids in the basket more readily than in an ordinary filter.

Screening (classification by crystal size). Particles are shaken on a screen. The smaller
particles pass through the screen, and the larger particles are retained.

Expression (milling rolls). Mechanical force is used to squeeze a liquid out of a substance
containing both solid and liquid.

Washing and leaching (debris removal, water addition to milling rolls, minglers). Soluble
material is removed from a mixture of solids by dissolution into a solvent liquid.

. Precipitation (lime tanks, blowups). A chemical reactant is added to a liquid solution

causing some, but not all, of the substances in solution to form new insoluble compounds.

. Evaporation (evaporators, vacuum pans). Heat is added to a liquid containing nonvolatile

solutes in a volatile solvent. The solvent is boiled away, leaving a more concentrated
solution. Solvent can be recovered by condensing the vapor.

OKIC UNIVERSITY OF MICHIGAN
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9. Crystallization (vacuum pans). A liquid is cooled and/or concentrated so as to cause the
formation of an equilibrium solid phase with a composition different from that of the
liquid.

10. Adsorption (char filters). Trace impurities in a fluid phase are retained preferentially on the
surface of a solid phase, being held there by van der Waals forces (physical adsorption) or
chemical bonds (chemical adsorption).

11. Drying (granulators). Water is caused to evaporate from a solid substance by the addition
of heat and the circulation of an inert-gas stream of low humidity.

ANOTHER EXAMPLE: MANUFACTURE OF p-XYLENE

Figure 1-8 presents a simple schematic of an industrial process for the manufacture of
p-xylene from crude oil. p-Xylene is an important petrochemical which is an inter-
mediate for the manufacture of terephthalic acid, HOOCC¢H,COOH, and dimethyl
terephthalate, CH,OOCC H,COOCH,, both of which are raw materials for the
manufacture of polyester fibers (Dacron, etc.) (Shreve and Brink, 1977, p. 612).
p-Xylene is one of the three xylene isomers,

CH, CH, CH,
Ej CL
CH,
CH,

Ortho Meta Para

all of which have quite similar physical properties. p-Xylene was produced to the
extent of about 1.4 billion kilograms (3.1 billion pounds) in 1977 at an average sales
price of 29 cents per kilogram, for a sales volume of about $400 million (Chem. Mark.
Rep., Dec. 26, 1977).

Not shown in Fig. 1-8 is a primary distillation step, which separates crude oil
into various streams boiling at different temperatures. The naphtha feed for the
xylene manufacture process is typically a stream boiling between 120 and 230 K. The
naphtha is charged to a high-temperature high-pressure chemical reactor system
called a reformer, where reactions convert much of the largely paraffin naphtha into
aromatic molecules. Typical reactions include cyclization, i.e., conversion of
n-hexane into cyclohexane, etc.,

gz
H,C~ “CH,
CHJ-CHZ_CHZ_CHZ_CHZ_CH3 —. I | + Hz
H,C . CH,
H,
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and aromatization, i.e., conversion to cyclohexane into benzene plus hydrogen, etc,,

H,
1

CH,
H,C . CH,
H,

The product aromatics are a mixture of benzene, toluene, the xylene isomers, and
higher aromatics. The catalyst for the reformer must be protected against deactiva-
tion by a hydrogen atmosphere. Since hydrogen is costly, it is recovered in a vapor-
liquid separator for recycle. A bleed stream taken off from the recycle gas is necessary
in order to remove the net amount of hydrogen formed in the cyclization and
aromatization reactions.

In order to obtain an optimal product distribution pattern from the reforming
reaction, the reaction is usually carried out in a series of catalyst beds, each operating
at adifferent temperature. The six reforming reactors incorporated into one industrial
plant are shown in Fig. 1-9. This plant receives a feed of 40,000 bbl/day of naphtha.

Figure 1-9 Six spheroidal reactors in a catalytic reforming unit at the Texas City, Texas, refinery of
the American Oil Company. ( Pullman Kellogg Co.)
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12 SEPARATION PROCESSES

In the units of basic chemistry this turns out to be a flow rate of 74 L/s! (Notice the
size of the man in the photograph.)

Most of the output from an oil refinery reforming unit like this becomes high-
octane gasoline, but the product stream is also suitable for the production of xylenes
and other aromatics. As shown in Fig. 1-8, for p-xylene manufacture a portion of the
effluent from the separator passes to a distillation tower, which removes butane and
lighter molecules. The remaining material passes to a liquid-liquid extraction
process, in which the hydrocarbon stream is contacted with an immiscible stream of

Figure 1-10 Rotating-disk contactors used for the extraction of aromatics from other hydrocarbons in
the aromatics recovery unit at the Texas City, Texas, refinery of the American Oil Company. The RDC
vessels are each 20 m long and 34 m in diameter. The solvent in this plant is Sulfolane. (Pullman
Kellogg Co.)
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USES AND CHARACTERISTICS OF SEPARATION PROCESSES 13

a solvent, such as diethylene glycol. The aromatics dissolve preferentially in the
solvent, while the paraffins and naphthenes (cyclic nonaromatics) do not.

One type of device for carrying out this extraction process is shown in Fig. 1-10.
In the foreground are four rotating-disk contactors, which are large vessels contain-
ing a number of horizontal disks mounted on a vertical motor-driven stirrer shaft.
The four motors mounted on top of the vessels are visible in Fig. 1-10. These rotating
disks agitate the two immiscible liquid phases (hydrocarbon and solvent) inside the
vessels and thus promote a high rate of dissolution of the aromatics into the solvent
phase.

The aromatic-laden solvent stream passes to a distillation tower, which separates
the aromatics from the solvent. The solvent is then recycled to the extraction step.
The distillation tower for separating the aromatics from the solvent is located behind
the rotating-disk contactors in Fig. 1-10. Note the scaffolding around the tower,
which is a sign that the photograph was taken during plant construction, and again
note the size of the men in the photograph.

Figure 1-11 Distillation towers in the aromatics recovery unit at the Texas City, Texas, refinery of the
American Oil Company. ( Pullman Kellogg Co.)
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Two more distillation towers follow the extraction step in Fig. 1-8, the first
removing benzene and toluene from the xylenes and heavier aromatics and the
second removing the heavier aromatics from the xylenes.

The distillation towers used for this purpose are among those shown in the
overview of the aromatics recovery unit in Fig. 1-11. A closeup view of two such
towers from another plant is shown in Fig. 1-12, where the towers are still under
construction, as is evidenced by the crane and scaffolding.

At this point there is a stream of mixed xylene isomers, which is next chilled
below the freezing point. The resultant crystals are composed of p-xylene; hence
removal of crystals through centrifugation or filtration accomplishes a separation of
the para isomer from the ortho and meta isomers. The p-xylene is melted and taken as
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product, while the supernatant liquid is sent to an isomerization reactor which
provides an equilibrium mix of all three xylene isomers. Again there is a solid catalyst
in the reactor which must be protected by a high-pressure circulating hydrogen
stream. The equilibrium xylene mix is recycled to the crystallizer, and in this way
essentially the entire xylene cut is converted into p-xylene product.

In practice, the p-xylene manufacture process shown in Fig. 1-8 probably would
be part of a much larger installation, most likely of a petroleum refinery manufactur-
ing several different gasoline streams, one of which would be a major portion of the
total reformer effluent. The aromatics facility might also be larger, including provi-
sion for additional products of benzene, toluene, o-xylene, etc., all of which are
large-volume petrochemicals. There might also be a hydrodealkylation facility for
converting toluene into benzene.

Four different classes of separation process are covered in Fig. 1-8:

1. Vapor-liquid separation (hydrogen recovery). A multiphase stream is allowed to separate
into vapor and liquid phases of different compositions, each of which is removed individ-
ually. In some cases heating (evaporation) or pressure reduction (expansion) may be
necessary to cause the formation of vapor.

2. Distillation (debutanizer, regenerator, toluene-xylene splitter, xylene recovery). This is a
separation based upon differences in boiling points, obtained by repeated vaporization and
condensation steps.

3. Extraction (preferential dissolution of aromatics into glycol). Two immiscible liquid phases
are brought into contact, and the substances to be separated dissolve to different extents in
the different phases.

4. Crystallization (p-xylene recovery). A solid phase is formed by partial freezing of a liquid.
and the two resulting phases have different compositions.

Numerous other approaches have been investigated for separating the xylene
isomers (see Chap. 14); some of them are used in large-scale plants.

IMPORTANCE AND VARIETY OF SEPARATIONS

The separation sequence presented in the p-xylene manufacture example is represen-
tative of processes which are based upon chemical reactions. The reactor effluent is
necessarily a mixture of chemical compounds: the desired product, side products,
unconverted reactants, and possibly the reaction catalyst. Typically, the desired prod-
uct must be separated from this mix in relatively pure form, and the unconverted
reactants and any catalyst should be recovered for recycle. All the reactants may have
to be prepurified. Separation processes of some sort are required for these purposes.
Separation equipment accounts for 50 to 90°, of the capital investment in large-scale
petroleum and petrochemical processes centered around chemical reactions.

Often separation itself can be the main function of an entire process. Such is the
case for sugar refining and for such diverse processes as refining natural gas (Medici,
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1974); recovery of metals from various mineral resources (Wadsworth and Dauvis,
1964; Pehlke, 1973); the manufacture of oxygen and nitrogen from air (Latimer, 1967);
many aspects of food processing, e.g., dehydration, removal of toxic or objectionable
components, and obtaining beverage extracts (Loncin and Merson, 1979); and the
separation of fermentation broths and many other details of pharmaceutical manu-
facture (Shreve and Brink, 1977, pp. 525-544 and 753-788).

Water and air pollution present separation problems of immense social impor-
tance. Indeed, water and air pollution are striking examples of the point made earlier
that naturally occurring processes are mixing processes. As water is used for various
purposes, it picks up undesirable solutes which contaminate it. Similarly, noxious
substances emitted into the atmosphere quickly spread throughout the atmosphere
and cause smog and related problems. A number of different separation processes
may be used for the removal of contaminants in waste air and water effluents.
Alternatively, a separation process may be employed at an earlier point, e.g., for the
removal of sulfur from fuel oils before combustion. Separations also play an impor-
tant role in schemes to reprocess solid wastes, such as municipal refuse (Mallan,
1976).

The story of the Manhattan Project of World War II is to a major extent a story
of efforts to develop a process and construct a plant for the separation of fissionable
235U from the more abundant 238U (Smythe, 1945; Love, 1973). Thermal diffusion,
gaseous diffusion, gas centrifuges, and electromagnetic separation by a scheme simi-
lar to the mass spectrometer (in a device known as the calutron, after the University
of California) were all investigated along with other approaches; gaseous diffusion
ultimately was the most successful process.

As noted at the beginning of this chapter. a prime example of a separation
problem of current importance is the desalination of seawater in an economical
fashion. Processes considered on research, development, and production scales
(Spiegler, 1962) include evaporation through heating, evaporation through pressure
reduction, freezing to form ice crystals, formation of solid salt-free clathrate com-
pounds with hydrocarbons, electrodialysis. reverse osmosis, precipitation of the
solids content by elevation to a temperature and pressure above the critical point,
preferential extraction of the water into phenol or triethylamine, and ion exchange.

ECONOMIC SIGNIFICANCE OF SEPARATION PROCESSES

Often the need for separation processes accounts for most of the cost of a pure
substance. Figure 1-13 shows that there is a roughly inverse proportion between the
market prices of a number of widely varied commodities and their concentrations in
the mixtures in which they are found. This relationship reflects the need for proces-
sing a large amount of extra material when the desired substance is available only in
low concentration. There is also a thermodynamic basis for such a relationship, since
the minimum isothermal work of separation for a pure species is proportional to
—In g;, where g; is the activity of the species in the feed mixture. The activity, in turn,
is roughly proportional to the concentration.
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It will become apparent that distillation is the most prominent separation
process used in petroleum refining and petrochemical manufacture. Zuiderweg
(1973) has estimated that the total investment for distillation equipment for such
applications over the 20 years from 1950 to 1970 was $2.7 billion, representing a
savings of $2.0 billion dollars over what would have been the cost if there had been
no lmprovement in distillation technology over that 20-year period. Clearly there is a
large incentive for research directed toward the improvement of separation processes
and the development of new ones.

From a consideration of all the various processes which have been mentioned, it
is apparent that much careful thought and effort must go into understanding various
separation processes, into choosing a particular type of operation to be employed for
a given separation, and into the detailed design and analysis of each item of separa-
tion equipment. These problems are the main theme of this book.

CHARACTERISTICS OF SEPARATION PROCESSES

Separating Agent

A simple schematic of a separation process is shown in Fig. 1-14. The feed may
consist of one stream of matter or of several streams. There must be at least two
product streams which differ in composition from each other; this follows from the
fundamental nature of a separation. The separation is caused by the addition of a
separating agent, which takes the form of another stream of matter or energy.
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Figure 1-14 General separation process.

Usually the energy input required for the separation is supplied with the separat-
ing agent, and generally the separating agent will cause the formation of a second
phase of matter. For example, in the evaporation steps in Figs. 1-1 and 1-2 the
separating agent is the heat (energy) supplied to the evaporators; this causes the
formation of a second (vapor) phase, which the water preferentially enters. In
the extraction process in Fig. 1-8 the separating agent is the diethylene glycol solvent
(matter); this forms a second phase which the aromatics enter selectively. Energy for
that separation is supplied as heat (not shown) to the regenerator, which renews the
solvent capacity of the circulating glycol by boiling out the extracted aromatics.

Categorizations of Separation Processes

In some cases a separation device receives a heterogeneous feed consisting of more
than one phase of matter and simply serves to separate the phases from each other.
For example, a filter or a centrifuge serves to separate solid and liquid phases from a
feed which may be in the form of a slurry. The vapor-liquid separators in Fig. 1-8
segregate vapor from liquid. A Cottrell precipitator accomplishes the removal of fine
solids or a mist from a gas stream by means of an imposed electric field. We shall call
such processes mechanical separation processes. They are important industrially but
are not a primary concern of this book.

Most of the separation processes with which we shall be concerned receive a
homogeneous feed and involve a diffusional transfer of matter from the feed stream to
one of the product streams. Often a mechanical separation process is employed to
segregate the product phases in one of these processes. We shall call these diffusional
separation processes; they are the principal subject matter of this book.

Most diffusional separation processes operate through equilibration of two
immiscible phases which have different compositions at equilibrium. Examples are the
evaporation, crystallization, distillation, and extraction processes in Figs. 1-1, 1-2, and
1-8. We shall call these equilibration processes. On the other hand, some separation
processes work by virtue of differences in transport rate through some medium under
the impetus of an imposed force, resulting from a gradient in pressure, temperature,
composition, electric potential, or the like. We shall call these rate-governed processes.
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Equilibrium point
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Figure 1-15 Elements of an imposed-gradient equilibration process. ( Adapted from Giddings and
Dahlgren, 1971, p. 346 by courtesy of Marcel Dekker, Inc.)

Usually rate-governed processes give product phases that would be fully miscible if
mixed with each other, whereas ordinary equilibration processes necessarily generate
products that are immiscible with each other.t

Summarizing, we can categorize separation processes in several ways:

Mechanical (heterogeneous-feed) vs. diffusional (homogeneous-feed) processes
Equilibration processes vs. rate-governed processes
Energy-separating-agent vs. mass-separating-agent processes

A relatively new subcategory of equilibration processes is that of imposed-
gradient equilibration processes, illustrated conceptually in Fig. 1-15. As an example,
the process of isoelectric focusing is used to separate amphoteric molecules, e.g.,
proteins, according to their isoelectric pH values. Above a certain pH an amphoteric
molecule will carry a net negative charge; in a protein this is attributable to ionized
carboxylic acid groups. Below this certain pH the amphoteric molecule will carry a
net positive charge; in a protein this is attributable to ionized amino groups which
have formed while the carboxylic acid groups become nondissociated. The zero-
charge pH, or isoelectric point, varies from substance to substance. In isoelectric

t Equilibration separation processes have also been referred to as potentially reversible and as parti-
tioning separation processes, while rate-governed separation processes have also been referred to as
inherently irreversible or nonpartitioning separation processes.
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focusing a gradient of pH is imposed over a distance in a complex fashion, using
substances called ampholytes (Righetti, 1975). If an electric field is imposed in the
same direction as the pH gradient, a gradient of force on the molecules of a given
substance will result, stemming from the change in the charge per molecule as the pH
changes. The force is directed toward the position of the isoelectric point for both
higher and lower pH values; at the isoelectric point the force is zero. Therefore the
amphoteric molecule will migrate toward the position where the pH equals its
isoelectric pH and will stay there. Substances with different isoelectric points migrate
to different locations and thus separate.

The imposed-gradient equilibration process creates a force gradient from posi-
tive to negative values, through zero, by combining two imposed gradients. In
isoelectric focusing these are the gradient from the electric field and the pH gradient.
A corresponding rate-governed separation process results from removing the second
gradient, in this case the pH gradient. The imposed electric field in a medium of
constant pH would cause differently charged species to migrate at different rates
toward one electrode or the other, and different species could be isolated at different
points by introducing the feed as a pulse to one location and waiting an appropriate
length of time. This process, known as electrophoresis, is fundamentally different
from isoelectric focusing since electrophoresis utilizes differences in rates of migra-
tion (charge-to-mass ratio) whereas isoelectric focusing separates according to differ-
ences in isoelectric pH.

Imposed-gradient equilibration processes differ from ordinary equilibration
processes in that the products are miscible with each other and the separation will
not occur without the imposed field.

Some separation processes utilize more than one separating agent, e.g., both an
energy separating agent and a mass separating agent. An example is extractive distil-
lation, where a mixture of components with close boiling points is separated by
adding a solvent (mass separating agent), which serves to volatilize some compo-
nents to greater extents than others, and then using heat energy (energy separating
agent) in a distillation scheme of repeated vaporizations and condensations to gener-
ate a more volatile product and a less volatile product.

Table 1-1 lists a large number of separation processes divided into the categories
we have just considered. The table shows the phases of matter involved, the separat-
ing agent, and the physical or chemical principle on which the separation is based.
For mechanical processes the classification is by the principle involved. A practical
example is given in each case. References are given to more extensive descriptions of
each process. The table is not intended to be complete but to indicate the wide
variety of separation methods which have been practiced. Many difficult but highly
important separation problems have come to the fore in recent years, and it is safe to
predict that challenging separation problems will continue to arise at an accelerated
rate. It is possible to devise a separation technique based on almost any known
physical mass transport or equilibrium phenomenon; consequently there is a wide
latitude of approaches available to the imaginative engineer.

The selection of the appropriate separation process or processes for any given
purpose is covered in more detail in Chap. 14.
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Table 1-1 Classes of separation processes

Name

Feed

Separating agent

Products

Principle of separation

Practical example

References

Diffusional Separation Processes

A. Ordinary equilibration processes, encrgy separating agent

1. Evaporation

2. Flash expansion

3. Dustillation

4. Crystallization

5. Drying solids

6. Freeze drying

7. Desublimation

8. Dual-tcmperature
exchange reactions

9. Zone melting

Liquid

Liquid

Liquid and/or
vapor

Liquid

Moist solid

Frozen water-
containing solid

Vapor

Fluid

Solid

Heat

Pressure reduction
(cnergy)

Heat

Cooling or heat
causing simulta-
neous evaporation

Heat

Heat

Cooling

Heating and cooling

Heat

Liquid + vapor

Liquid + vapor

Liquid + vapor

Liquid + solids

Dry solid +
humid vapor

Dry solid +
water vapor

Solid + vapor

Two fluids

Solid of non-
uniform
composition

Difference 1n volatilities
(vapor pressure)

Difference in volatilities
(vapor pressure)

Differences in volatilities
(vapor pressure)
(repeated internally)

Difference in freezing
tendencies; preferential
participation in crystal
structure

Evaporation of water

Sublimation of water

Preferential condensation
(desublimation); pre-
ferential participation in
crystal structure

Difference in reaction
equilibrium constant at

two different
temperatures

Same as crystallization

Concentration of
fruit juices

Flash process for
seawalter
desalination

See Fig. 1-8

See Figs. 1-1, 1-2,
and 1-8

Food dehydration

Food dehydration

Purification of
phthalic
anhydride

Separation of
hydrogen and
deuterium

Ultrapurification
of metals

Perry and Chilton (1973);
Loncin and Merson (1979)

Spicgler (1962)

Hengstebeck (1961).
Holland (1963).
Robinson and Gilliland
(1950), Smith (1963),
Van Winkle (1967),
Perry and Chilton (1973)

Findlay and Weedman
(1958). Perry and Chilton
(1973), Schoen (1962)

Krischer (1956),
Perry et al. (1963),
Van Arsdel et al. (1972)

Van Arsdel et al. (1972),
King (1971)

Perry and Chilton (1973)

Benedict and Pigford
(1957)

Pfann (1966)
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Name Feed Separating agent Products Principle of separation Practical example References
B. Ordinary equilibration processes, mass separating agent
1. Stripping Liquid Noncondensable Liquid + vapor Difference in volatilities Removal of light Perry and Chilton (1973),
gas hydrocarbon from Sherwood et al. (1975),
crude oil fractions Smith (1963)
2. Absorption Gas Nonvolatile liquid Liquid + vapor Preferential solubility Removal of CO, Perry and Chilton (1973),
and H,S from Sherwood et al. (1975).
natural gas by Smith (1963).
absorption into Kohl and Riesenfeld (1979)
ethanolamines
3. Extraction Liquid Immiscible liquid Two liquids Different solubilities of See Fig. 1-8 Alders (1959).
different species in the Perry and Chilton (1973),
two liquid phases Smith (1963),
Treybal (1963)
4. Leaching or washing Solids Solvent Liquid + solid Preferential solubility Leaching of CuSO, Perry and Chilton (1973)
from calcined ore
5. Precipitation Liquid Chemical reactant Liquid + solid Formation of insoluble Lime-soda water Shreve and Brink (1977)
precipitate treatment
6. Adsorption Gas or liquid Solid adsorbent Fluid + solid Difference in Drying gases by Perry and Chilton (1973),
adsorption potentials solid desiccants Ross (1963),
Schoen (1962).
Vermeulen (1963)
7. lon exchange Liquid Solid resin Liquid + solid Law of mass action applied Water softening Helfferich (1962),
resin to available anions or Perry and Chilton (1973),
calions Wheaton and Seamster
(1965)
8. lon exclusion Liquid Adsorbing solid Liquid + solid Prevention of adsorption Separation of Helfferich (1962),
ion-exchange resin of species with same nucleic acids Singhal (1975)
resin charge as resin
9. Paper chromatography Liquid Capillarity; paper Regions of Preferential solubilities and Protein separation Zweig and Whitaker (1967),
or gel phase moistened adsorplion potentials in Weaver (1968)

paper

two phases
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10. Ligand-specific Liquid Immobilized Liquid + Reversible chemical inter- Separation of May and Zaborsky (1974),
(*affinity ™) ligands ligand- action with ligands enzymes Weetall (1974)
chromatography bearing solid

11. Bubble fractionation; Liquid Rising air bubbles; Two liquids Tendency of surfactant Removal of deter- Schoen (1962),
foam [ractionation sometimes also molecules to accumulate gents from Lemlich (1972).

complexing at gas-liquid interface and laundry wastes: Valdes-Krieg et al.

surfactants rise with air bubbles ore flotation (1977)

(see text)

C. Imposed-gradient equilibration processes

1. Isoeclectric focusing Liquid Electric field; Liquids Movement toward location  Protein separation Righetti (1975),

pH gradient of isoelectric pH Catsimpoolas (1975)
2. Isopycnic ultra- Liquid Centrifugal force; Liquids Pressure diffusion Separation of Cline (1971)

centrifugation density gradient biological
substances
D. Equilibration processes with more than one separating agent
1. Extractive and azeo- Liquid Added liquid and Liquid + vapor Difference in volatilities Recovery of Perry and Chilton (1973),
tropic distillation and/or heat butadiene Smith (1963)
vapor

2. Clathration Liquid Clathrating mole- Liquid + solid Preferential participation Hydrate process for  Schoen (1962),

cule and cooling in crystal structure seawater Makin (1974)

desalination
3. Adductive crystallization Liquid Adduct and cooling  Liquid + solid Preferential participation in ~ Separation of Findlay and Weedman
crystal structure xylene isomers (1958)
E. Rate-governed processes

1. Gaseous diffusion Gas Pressure gradient Gases Difference in rates of Concentration of Benedict and Pigford (1957),

(compressor Knudsen or surface 335UF, from Smythe (1945)

work) diffusion through a natural UF,

porous barrier

2. Sweep diffusion Gas Condensable vapor  Gases Different diffusivities Suggested for Benedict and Pigford (1957),

against sweeping motion
of cross-flowing vapor

isotope separa-

tion, helium from

methane, etc.

Smythe (1945)
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Table 1-1 (continued)

Name Feed Separating agent Products Principle of separation Practical example References
3. Thermal diffusion Gas or liqud Temperature Gases or Different rates of thermal Isotope separation, Benedict and Pigtord (1957).
gradient liquids diffusion etc. Schoen (1962),
Rutherford (1975)
4. Mass spectrometry Gas Magnetic field Gases Different charges per unit Isotope separation Benedict and Pigford (1957),
mass Smythe (1945).
Love (1973)
5. Dialysis Liquid Selective mem- Liquids Different rates of diffusional  Recovery of NaOH  Rickles (1966),
brane; solvent transport through in rayon manu- Dedrick et al. (1968)
membrane (no bulk flow) facture; artificial
kidneys
6. Electrodialysis Liquid Anionic and Liquids Tendency of anionic mem-  Desalination of Perry and Chilton (1973),
cationic mem- branes to pass only brackish waters Spiegler (1962)
branes; electric anions, etc.
field
7. Gas permeation Gas Selective mem- Gases Different solubilities and Purification of Gantzel and Merten (1970),
brane; pressure transport rates through hydrogen by Antonson et al. (1977)
gradient membrane means of palla-
dium barriers
8. Electrophoresis Liquid con- Electric field Liquids Different ionic mobilities of  Protein separation Zweig and Whitaker (1967),
taining colloids Everaerts et al. (1977),
colloids Bier (1959)
9. Electrolysis plus Liquid Electric energy Liquids Different rates of discharge Concentration of Benedict and Pigford (1957)
reaction of ions at clectrode HDO in H,0t
10. Sedimentation Liquid Centrifugal force Two liquids Pressure diffusion Separation of large Schachman (1959),
ultracentrifuge polymeric mole- Bowen and Rowe (1970),
cules according to Olander (1972)
molecular weight
11. Reverse osmosis Liquid solution Pressure gradient Two liquid Different combined solu- Seawater Merten (1966),
(pumping power) solutions bilities and diffusivitics of desalination Michaels (1968h)
+ membrane species in membrane
12. Ultrafiltration Liquid solution Pressurc gradient Two liquid Different permeabilities Waste-water treat- Michacls (1968a).
conlaining (pumping power) phases through membrane ment; protein Dedrick et al. (1968),
large molecules + membrane (molecular size) concentration; Michaels (1968b)
or colloids artificial kidney

t H, is discharged more readily than HD at the cathode. The enrichment is substantially greater than that corresponding to gas-liquid equilibrium because of

rate factors.
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13 Molccular distillation

14. Gel filtration

15. Liquid membrane

16. Nozzle diffusion

Liguid mixtures

Liquig

Liquid

Heat + vacuum

Solid gel, e.g..
cross-linked
dextran

Solvent liquid
layer

Pressure gradient

Liquid + vapor

Gel phase +
liquid

Liquids

Gases

Difference in kinetic-theory
maximum rate of
vaporization

Difference in molecular size
and hence ability to
penetrate swollen gel
matrix

Different rates of permea-
tion through liquid layer

Different rates of outward
transport in jet issuing
from nozzle

Scparation of
vitamin A csters
and intermediatcs

Purification of
pharmaceuticals;
scparation of
proteins

Waste-water
processing

Separation of
uranium
isotopes

Perry and Chilton (1973).
Burrows (1960)

Altgelt (1968),
John and Dellweg (1974)

Cahn and Li (1974),
Cussler and Evans (1975)

Becker and Schutte (1960)

Mechanical Separation Processes

F. Density-based

1. Settling

2. Centrifuge
(sedimentation type)

3. Cyclone

4. Sink-float

5. lsopycnic centrifugation
or settling

Liquid + solid
or another
immiscible
liquid

Liquid + solid
or another
immiscible
liguid

Gas + solid or
liquid

Solids
Solids

Gravity

Centrifugal force

Flow (inertia)

Gravity

Gravity or centri-
fugal force; density
gradient

Liquid + solid
or another
immiscible
liquid

Liquid + solid
or another
immiscible
liquid

Gas + solid or
liquid

Two solids

Two solids

Density difference

Density difference

Density difference

Density difference
Density difference

Clarification of
murky solutions

Recovery of
insoluble reaction
products

Recovery of
fluidized catalyst
fines

Wheat trom chafl

Separation of ash
particles

Perry and Chilton (1973)

Perry and Chilton (1973)

Perry and Chilton (1973),
Sheng (1977)

Perry and Chilton (1973)

Khalafalla and Reimers
(1975)

G. Size-based
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Table 1-1 (continued)

Name Feed

Separating agent

Products

Principle of separation

Practical example

References

2. Mesh demister Gas + solid or

liquid
3. Centrifuge (filtration Liquid + solid
type)
4. Particle chromatography  Solids in liquid

Pressure reduction
(energy): wire
mesh

Centrifugal force

Cooling (freezing)

Gas + solid or
liquid

Liquid + solid

Solids in
frozen liquid

Size of solid greater than
pore size of filter medium

Size of solid greater than
pore size of filter medium

Rejection from frozen
crystal if size greater than
critical value for freezing
rate used

Removal of H,50,
mists from stack
gascs

See Fig. 1-2

Classification of
particles

Perry and Chilton (1973)

Perry and Chilton (1973)

Kuo and Wilcox (1975)

H. Surface-based

Added surfactants;
rising air bubbles

Two solids

Tendency of surfactants

to adsorb preferentially
on one solid species

Ore flotation;
recovery of ZnS
from carbonate

gangue

Perry and Chilton (1973),
Fuerstenau (1962)

I. Fluidity-based

Mechanical force

Liquid + solid

Tendency of liquid to flow

under applied pressure
gradient

See Fig. 1-1

Gerstner (1969),
Perry and Chilton (1973)

J. Electrically based

Flotation Mixed powdered
solids

Expression Liquid + solid

Electrostatic Gas + fine solids

precipitation

Electric field

Gas + fine
solids

Charge on fine solid
particles

Dust removal from
stack gases

Perry and Chilton (1973)

K. Magnetically based

Mixed powdered
solids

Magnetic separation

Magnetic field

Two solids

Attraction of materials in
magnetic field

Concentration of
ferrous ores

Perry and Chilton (1973),
Mitchell et al. (1975)
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The capabilities of the methods indicated in Table 1-1 can be further expanded
by chemical derivitization, in which the components to be separated are subjected to
some form of chemical reaction. Either some components react and others do not, or
else all react, such that the products are more readily separable than the initial
unreacted mixture. Some examples are the following:

Extraction using chemical complexing agents. The selectively complexed substances have
greater solubility in the solvent phase, e.g., the use of silver(I) compounds for hydrocar-
bon separations (Quinn, 1971).

Laser separation of isotopes. Here the idea is to cause one of the isotopes to enter an activated
state selectively, using a laser of carefully determined and controlled emission frequency.
If the result is selective ionization, a subsequent ion-deflection device can be used to
separate the isotope mixture (Letokhov and Moore, 1976; Krass, 1977).

Separation of optical isomers by selective reaction with enzymes (Anon., 1973).

Plasma chromatography. The components of a mixture are ionized to various extents and made
to undergo different times of flight in an electric field (Cohen and Karasek, 1970; Keller
and Metro, 1974).

In a number of cases several variations are possible on the methods listed in
Table 1-1. As an example, foam and bubble fractionation and flotation methods can
be classified according to the scheme shown in Fig. 1-16. All the processes shown
effect a separation through differences in surface activity of different components. In
foam fractionation, foam bubbles rise and liquid drains between the cells of a foam,
transporting the surface-active species selectively upward. The species recovered in
this way can be either surface-active themselves, e.g., detergents, or substances that

Adsorptive bubble separation methods

Foam separations Nonfoaming separations
Flotation Foam Bubble Solvent
(froth) fractionation  fractionation sublation
\\ //
~ ”
~ ~

Y

Combined bubble and foam
fractionation

I I | [ l I I

Ore Macroflotation Microflotation Precipitate lon Molecular Adsorbing-
flotation flotation flotation flotation colloid
flotation

Figure 1-16 Classification of adsorptive bubble separation methods. (Adapted from Karger et al., 1967,
p- 401 ; by courtesy of Marcel Dekker, Inc.)
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react selectively with a surfactant, e.g., certain heavy metals with anionic surfactants.
Alternatively, the process can be operating with a swarm of air bubbles rising
through an elongated liquid pool, the surface-active species being drawn off from the
top of the pool; this approach is known as bubble fractionation. In variants of bubble
fractionation, a solvent is used to extract and collect the surface-active species at the
top of the pool (solvent sublation), or else the surface-active species are collected ina
layer of foam at the top of the pool (combined bubble and foam fractionation). Flota-
tion processes, on the other hand, recover solid particles or scums from a suspension
in liquid and are therefore mechanical separation processes. Ore flotation has been a
major method of separation for years in the mineral industry. Macroflotation and
microflotation refer to recovery of relatively large and small particles, respectively. In
precipitate flotation a chemical agent is added to precipitate one or more components
selectively from solution as fine particles (chemical derivitization); these particles are
then removed by flotation. In ion and molecular flotation a surfactant forms an
insoluble compound with the ion or molecule to be removed, and the substance
undergoes flotation and is removed as a scum. Finally, in adsorbing colloid flotation a
colloidal substance added to a solution adsorbs the substance of interest and is
removed by flotation.

Lee, et al. (1977) have proposed classifying separation processes by three vectors,
the size of the molecules or particles involved. the nature of the driving force causing
transport (concentration, electric. magnetic, etc.), and the flow and/or design
configuration of the separator. This approach appears particularly useful for catego-
rising rate-governed separations and indicating promising new methods.

Separations by centrifuging are indicative of the interaction between molecule or
particle size and the size of driving force required to achieve separation. Conven-
tional sedimentation centrifuges, with speeds in the range of 1000 to 50,000 r/min, are
widely used for separating particulate solids from liquids on the basis of density
difference. Much higher speeds must be used in ultracentrifuges. which can separate
biological cell constituents, macromolecules. and even isotopes. The higher speeds
are required to create forces large enough to move these much smaller particles or
molecules. Alternatively, ultracentrifuges and centrifuges can be made to work on the
isopycnic principle as an imposed-gradient equilibration process by creating a den-
sity gradient within the centrifuge and withdrawing products at the zones corre-
sponding to their individual densities. The density gradient can be created by such
methods as adding stratified layers of sucrose solutions of different strengths or
imposing a magnetic field upon a suspension of magnetic material. Yet another form
of centrifugation uses the basket filter to make a separation based upon size rather
than density. Larger particles cannot pass through the openings provided.

The third vector of Lee, et al., flow and/or design configuration, will be considered
in Chaps. 3 and 4. It i1s appropriate at this point, however, to point out that the term
chromatography, appearing in the names of several of the separation processes in
Table 1-1, refers to a particular flow configuration and not to a single chemical or
physical principal for separation.

Categorization of scparation processes is also discussed by Strain et al. (1954),
Rony (1972), and Giddings (1978).
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Separation Factor

The degree of separation which can be obtained with any particular separation
process is indicated by the separation factor. Since the object of a separation device is
to produce products of differing compositions, it is logical to define the separation
factor in terms of product compositionst

a?}z-"u/-‘;'j: (1-1)

X3 /X2

The separation factor x;; between components i and j is the ratio of the mole fractions
of those two components in product 1 divided by the ratio in product 2. The separa-
tion factor will remain unchanged if all the mole fractions are replaced by weight
fractions, by molar flow rates of the individual components, or by mass flow rates of
the individual components.

An effective separation is accomplished to the extent that the separation factor is
significantly different from unity. If o; = 1, no separation of components i and j has
been accomplished. If «; > 1, component i tends to concentrate in product 1 more
than component j does, and component j tends to concentrate in product 2 more
than component i does. On the other hand, if «j; < 1, component j tends to concen-
trate preferentially in product 1 and component i tends to concentrate preferentially
in product 2. By convention, components i and j are generally selected so that o,
defined by Eq. (1-1), is greater than unity.

The separation factor reflects the differences in equilibrium compositions and
transport rates due to the fundamental physical phenomena underlying the separa-
tion. It can also reflect the construction and flow configuration of the separation
device. For this reason it is convenient to define an inherent separation factor, which
we shall denote by «;; with no superscript. This inherent separation factor is the
separation factor which would be obtained under idealized conditions, as follows:

I. For equilibration separation processes the inherent separation factor corresponds to those
product compositions which will be obtained when simple equilibrium is attained between
the product phases.

2. For rate-governed separation processes the inherent separation factor corresponds to those
product compositions which will occur in the presence of the underlying physical transport
mechanism alone, with no complications from competing transport phenomena. flow
configurations, or other extraneous effects.

These definitions are illustrated by examples in the following section.

We shall find that both the inherent separation factor «;; and the actual separa-
tion factor «;;, based on actual product compositions through Eq. (1-1), can be used
for the analysis of separation processes. When x;; can be derived relatively easily, the
most common approach is to analyze a separation process on the basis of the

inherent separation factor %;; and allow for deviations from ideality through
+ Notation used in this book is summarized in Appendix G.
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efficiencies. This procedure is advantageous since, as we shall see; «;; is frequently
insensitive to changes in mixture composition, temperature, and pressure. The con-
cept and use of efficiencies are developed in Chaps. 3 and 12.

On the other hand, there are situations where the physical phenomena underly-
ing the separation process are so complex or poorly understood that an inherent
separation factor cannot readily be defined. In these instances one must necessarily
work with of; derived empirically from experimental data. Such is the case for separa-
tions by electrolysis and flotation, for example.

The quantity «f; may be closer to, or further from, unity than «;;, but if «;; is
unity, it is imperative that of; be unity, no matter what the flow configuration or other
added effects. Put another way, no flow configuration can provide a separation if the
underlying physical phenomenon necessary to cause the separation is not present.

INHERENT SEPARATION FACTORS: EQUILIBRATION
PROCESSES

For separation processes based upon the equilibration of immiscible phases it is
helpful to define the quantity

K;= % at equilibrium (1-2)
“+i2
K is called the equilibrium ratio for component i and is the ratio of the mole fraction
of i in phase 1 to the mole fraction of i in phase 2 at equilibrium. The inherent
separation factor is then given by Eq. (1-1) as

ay= 0 % (1-3)

Xi2 /-’sz j

a;; is substituted for of; in Eq. (1-1) in order to obtain Eq. (1-3) since we are consider-
ing the special case of complete product equilibrium.

Vapor-Liquid Systems

For processes based on equilibration between gas and liquid phases «;;, K, and K;
can be related to vapor pressures and activity coefficients. If the components of the
mixture obey Raoult’s and Dalton’s laws,

pi= Py, = P?-"i (1-4)

where y;, x; = mole fractions of i in gas and liquid phases, respectively
P = total pressure
p; = partial pressure of i in gas
P? = vapor pressure of pure liquid i
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In such a case

“
L= — = — - g -
] xi P *! ( )
Pp

J

The inherent separation factor a;; in a vapor-liquid system is commonly called the
relative volatility. The reasons for this name are apparent from Eq. (1-6), where for an
ideal system a;; is simply the ratio of the vapor pressures of i and j.

From Eq. (1-5) it is apparent that K; P should be independent of the pressure
level. This is true at pressures low enough for the ideal-gas assumption to hold and
for the Poynting vapor-pressure correction to be insignificant. When K; P and K; P
are independent of pressure, a;; will necessarily be independent of pressure. The
vapor pressures of i and j depend upon temperature; hence K; and K are functions of
temperature. Since a;; is proportional to the ratio of the vapor pressures, and since
both vapor pressures increase with increasing temperature, a;; will be less sensitive to
temperature than K; and K;. Over short ranges of temperature ;; can often be taken
to be constant. It is also important to note from Eq. (1-6) that in the case of adher-
ence to Raoult’s and Dalton’s laws «;; is not a function of liquid or vapor composi-
tion. Thus for this situation «;; is independent of pressure and composition and is
insensitive to temperature.

Most solutions in vapor-liquid separation processes are nonideal, i.e., do not
obey Raoult’s law. In such cases Eq. (1-4) is commonly modified to include a liquid-
phase activity coefficient y

pi=Py;= }'fP?xi (1'7)

At high pressures a vapor-phase activity coefficient and vapor- and liquid-phase
fugacity coefficients also become necessary (Prausnitz, 1969). The liquid-phase activ-
ity coefficient is dependent upon composition. The standard state for reference is
commonly chosen as y; = 1 for pure component i. If y; > 1, there are said to be
positive deviations from ideality in the liquid solution, and if y; < 1, there are negative
deviations from ideality in the liquid solution. Positive deviations are more common
and occur when the molecules of the different compounds in solution are dissimilar
and have no preferential interactions between different species. Negative deviations
occur when there are preferential attractive forces (hydrogen bonds, etc.) between
molecules of two different species that do not occur for either species alone.
For nonideal solutions, Egs. (1-5) and (1-6) become

% P?
Ki _— T (1‘8)

?iP?
and ;= 1-9
J }'J.P? ( )
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Both K; and «;; are now dependent upon composition because of the composition
dependence of y; and y;. It will still be true, however, that «;; is relatively insensitive
to temperature, pressure, and composition.

Binary Systems

In a binary mixture containing only i and j, making the substitutions y; = 1 — y; and
x;j= 1 — x; in the definition of oj; leads to

_ yi(l = x;)

i = ?.il_—Ta) (1-10)
which can be rearranged as
‘ris‘xi
T T - D )

Equation (1-11) relates y; to «; and x; in a binary vapor-liquid system. If the vapor
and liquid phases in a binary vapor-liquid system are in equilibrium, we can substi-
tute o;; for a; in Eq. (1-11)

T+ (o = 1x

Yi (1-12)

The system benzene-toluene adheres closely to Raoult’s law. The vapor pressures
of benzene and toluene at 121°C are 300 and 133 kPa, respectively. Therefore at
121°C

300
Ut =133 = 2.25
Substituting this value of ag; into Eq. (1-12) gives
2.25.‘3
Ve = T 125+, (1-13)

Equation (1-13) provides a relationship between all possible equilibrium product
compositions at 121°C. Figure 1-17 shows Eq. (1-13) in graphical form. Two features
are characteristic of such plots for constant x: (1) the curve intersects the y = x tine
only at x =y =0and x = y = 1, and (2) the curve is symmetrical with respect to the
liney=1-x

In Fig. 1-17 the temperature is held constant for all yg and xg, but the pressure
necessarily varies as xg or yg changes. The Gibbs phase rule, developed in most
physical chemistry and thermodynamics texts, states that

P+F=C+2 (1-14)

where P = number of phases present
C = number of components
F = number of independently specifiable variables
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LY

Xp

Figure 1-17 Vapor and liquid compositions for a case of constant a;;, corresponding to benzene-toluene
at 121°C.

For equilibrium between vapor and liquid phases in a binary system P = 2 and
C = 2; hence F = 2. If the composition of one phase is specified, one of the indepen-
dent variables is consumed, since in a binary system setting x; for one component
necessarily fixes the liquid mole fraction of the other component at 1 — x;. If temper-
ature is fixed, as in Fig. 1-17, the second independent variable has been set and all
other variables are dependent ones for which we can solve. In Fig. 1-17 the total
pressure varies monotonically from 133 kPa (vapor pressure of toluene) at xg = 0 to
300 kPa (vapor pressure of benzene) at xg = 1.

In analyzing separation problems it is frequently more realistic to set the total
pressure as a specified variable rather than temperature. If the pressure and x; (two
independent variables) are specified in a vapor-liquid equilibrium binary system, we
can then, by the phase rule, solve for temperature and y;. Figure 1-18 is a plot of the
equilibrium temperature vs. xg for the system benzene-toluene at a constant total
pressure of 200 kPa; yg is also plotted vs. T or xg . A plot of yg vs. xg can be prepared
by reading off the values of yg and xg which correspond to a given T (dashed line in
Fig. 1-18). This yx plot will be different from Fig. 1-17 since the ratio of vapor
pressures, and hence agr, changes with changing temperature. The difference will be
slight, however, since agy changes by only 14 percent as T changes from 103 to 137°C.

The region above the saturated-vapor (i.e., vapor in equilibrium with liquid)
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Figure 1-18 Temperature vs. composition
for vapor-liquid equilibrium at 200 kPa
Xg OT Vg in the binary system benzene-toluene.

curve in Fig. 1-18 corresponds to the occurrence of superheated vapor with no
equilibrium liquid able to coexist. The region below the saturated-liquid curve corre-
sponds to subcooled liquid with no equilibrium vapor able to coexist. The region in
between the saturated-vapor and saturated-liquid curves corresponds to a two-phase
mixture.

Figure 1-19 shows typical plots of a;; and y; vs. x; for binary vapor-liquid systems
with positive and negative deviations from ideality. The characteristic trends of a;; vs.
x; for positive and negative deviations follow from the fact that y; differs most from
unity at low x; whereas y; differs most from unity at high x;. Since y;/y; in a positive
system is therefore greatest at low x;, «;; for a positive system is highest at low x;.
Opposite reasoning holds for a negative system.

Systems where there are large deviations from ideality and/or close boiling
points of the pure components involved often produce azeotropes, where the y;-vs.-x;
curve crosses the y; = x; line. At the azeotropic composition y; = x;; therefore
a;; = 1.0, and no separation is possible. An azeotrope occurs in the chloroform-
acetone system.

Liquid-Liquid Systems

For equilibrium between two immiscible liquid phases, such as occurs in liquid-
liquid extraction processes, we can use Eq. (1-7) for both phases along with the
postulate of a single vapor phase which is necessarily in equilibrium with both liquid
phases to obtain

X

i1 Vi2
—_—=— 1-15
Xi2  Ti ( )
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Figure 1-19 Vapor-liquid equilibrium behavior for nonideal binary solutions: (a) methanol-water system
where P = 101 kPa (positive deviations); (b) chloroform-acetone system where P = 101 kPa (negative
deviations).

relating the mole fractions of component i in liquid phases 1 and 2 at equilibrium.
For the separation between components i and j in a liquid-liquid process at complete
equilibrium we can then write

o= Xiy /X1 _ Ti2¥j1 (1-16)

Xi2/Xj2 Y Vj2

Thus we can see that liquid-liquid equilibration processes must necessarily involve
nonideal solutions (y # 1) if a;; is to be different from unity. It follows that a;; will be
dependent upon composition in a liquid-liquid system unless the system is so dilute
in component i in both phases that the activity coefficients will stay constant at the
values for infinite dilution.

When the inherent separation factor varies substantially with composition, it is
usually most convenient to present and utilize equilibrium data in graphical form.
Consider the process shown in Fig. 1-20 for the removal of acetic acid from a solu-
tion of vinyl acetate and acetic acid (feed) by extraction of the acetic acid into water

UNIVERSITY OF MICHIGAN



36 SEPARATION PROCESSES
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Figure 1-20 Extraction of acetic acid from vinyl acetate by water.

(separating agent) at 25°C. The two partially miscible liquid phases are contacted in
an agitated mixture to bring them to equilibrium and are then separated physically in
a settler from which products are withdrawn.

A triangular diagram giving miscibility and equilibrium data for this system is
presented in Fig. 1-21. An important property of this sort of diagram is that the sum
of the lengths of the three lines which can be drawn from any interior point perpendic-
ular to each of the three sides and extending to the three sides (DE + DF + DG in
Fig. 1-22) is equal to the altitude of the triangle. Since the altitude of the triangle in
Fig. 1-21 or 1-22 is 100 percent of one of the components, any point within the
triangle represents a unique composition. The point P represents 37 wt °, vinyl
acetate, 36 wt “, acetic acid, and 27 wt °, water. Compositions are expressed as
weight percent, but they could as well be mole percent.

Any mixture lying within the phase envelope in Fig. 1-21 corresponds to partial
miscibility ; two liquid phases are formed, but all three components are present to
some extent in both phases. Equilibrium compositions of the two phases are related
by the equilibrium tie lines, shown dashed in Fig. 1-21. The composition marked P
also corresponds to the plait point, the point on the phase envelope when the two
phases in equilibrium approach identical compositions. Any higher concentration of
acetic acid in the system gives total miscibility, in which case there are no longer two
liquid phases, and the separation shown in Fig. 1-20 could not occur.

In this process the separation is between acetic acid and vinyl acetate, the water
being present in the capacity of separating agent. Because of this a clearer picture of
the separation and of the separation factor can be obtained by displaying the equilib-
rium data on a water-free basis. Plots of this sort are given in Figs. 1-23 and 1-24. In
these diagrams the compositions involve only the two components being separated
from each other. In Fig. 1-23 the mass of acetic acid per mass of acetic acid + vinyl
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Figure 1-21 Equilibrium data for vinyl acetate-acetic acid-water system at 25°C. (From Daniels and
Alberty, 1961, p. 258 used by permission.)
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Figure 1-22 Composition coordinates in a triangular diagram for a ternary system.
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Figure 1-23 Relation between product compositions for vinyl acetate-acetic acid-water system; weight
basis.

acetate in the water-rich phase w,, is plotted against the same factor in the vinyl
acetate-rich phase w),. In Fig. 1-24 the equilibrium separation factor is plotted
against composition. Here the separation factor is defined as
wi(l — wi)

X acetic acid — vinyl acetate — W:,(l _ w;v) (1'17)
Figures 1-23 and 1-24 show that « varies markedly with composition and the shape
of the w,, w, diagram is very different from the shape of the yx diagram (Fig. 1-17) for a
constant a. Note again that the separation is independent of the basis of composi-
tions; i.e., the separation factor based on mole fractions is the same as that based on

weight fractions.

Liquid-Solid Systems

Figure 1-25 is a phase diagram showing liquid-solid equilibrium conditions for the
binary system m-cresol-p-cresol. By the phase rule [Eq. (1-14)] if equilibrium liquid
and solid phases are to be present for this binary system, there are two variables
which can be specified independently. If these variables are (1) the total pressure and
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(2) the mole fraction of m-cresol in the liquid phase, the system is then fixed and the
temperature and solid-phase composition are dependent variables. The curves
marked “solution compositions” in Fig. 1-25 show the temperature at which an
equilibrium solid can coexist for any given mole fraction of m-cresol in the liquid.
Below 409, m-cresol in the liquid, the equilibrium solid will be pure p-cresol. Between
40 and 909 m-cresol in the liquid, the equilibrium solid is an intermolecular com-
pound containing two molecules of m-cresol for each molecule of p-cresol. Above
909, m-cresol in the liquid, the equilibrium solid is pure m-cresol. The various regions
in the phase diagrams have labels indicating the two phases that would coexist at
equilibrium if the gross composition of the two phases combined were within that
region at a particular temperature. For example, if the overall composition were 8°,
m-cresol at 14°C, the two phases present would be solid p-cresol and a liquid contain-
ing 27%, m-cresol.

The points marked E, and E, in Fig. 1-25 are known as eutectic points. They
represent minima in the plot of freezing point vs. composition (the solution composi-
tions curve). In order to freeze any mixture of m-cresol and p-cresol completely, it is
necessary to cool the mixture to a temperature below the appropriate eutectic tem-
perature (1.6°C for an initial mixture in the range 0 < x, < 0.67 or 4°C for an initial
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Figure 1-25 Phase diagram for the system m-cresol-p-cresol at 1 atm. ( Adapted from Chivate and
Shah, 1956, p. 237 ; used by permission.)

mixture in the range 0.67 < x;, < < 1.0). Consider, for example, the cooling of a
liquid mixture containing 609, m-cresol. As this mixture is cooled, it will first begin to
form solid at 9.5°C. This solid will be the xg = 0.67 compound. Since the solid formed
is richer in m-cresol than the original liquid, the remaining liquid must become more
depleted in m-cresol. As the temperature is lowered more, the composition of the
remaining liquid will move along the solution composition curve toward the eutectic
point E,. When the residual liquid contains 409, m-cresol and the temperature has
therefore reached 1.6°C, any further lowering of temperature will require that all the
remaining liquid solidify at the eutectic temperature and composition. This analysis
will be similar for any other initial liquid composition before freezing.

The x,-vs.-xs behavior (liquid mole fraction vs. solid mole fraction) corre-
sponding to Fig. 1-25 is very different from the yx behavior corresponding to
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Fig. 1-18 for the benzene-toluene vapor-liquid system. For 0 < x; < 0.40 (mole frac-
tion m-cresol in liquid), xs = 0.00. For 0.40 < x; < 0.90, xs = 0.67. For 0.90 < x; <
1.00, xs = 1.00. Thus the equilibrium xg is discontinuous and can assume only three
discrete values. A plot of the equilibrium separation factor for this system
Om-cresol—pcresol V5. X, 18 shown in Fig. 1-26. Readers should establish for themselves
the reasons for the form of this plot.

Not all liquid-solid equilibria for mixtures show the behavior of Fig. 1-25 with
solids of only a few discrete compositions being formable. Figure 1-27 shows a liquid-
solid phase diagram for the gold-platinum system. This diagram is similar to
Fig. 1-18, and will lead to an x; x5 diagram similar to the yx diagram in Fig. 1-17.
Equilibrium solid phases of all compositions can be formed, depending upon the
composition of the liquid phase from which they are formed. Systems forming solid
solutions are rarer than those showing eutectic points and forming solids of only a
few discrete compositions. In order to form a solid solution, two substances must form
a compatible crystal structure with each other. This occurs for gold and platinum but
not for the mixed cresols, even though the cresols are isomers.

Systems With Infinite Separation Factor

For some equilibrium separations the relationship between product compositions is
determinable in a far simpler manner. An example is the classical process for the
production of fresh water from seawater by evaporation. The desired separation is
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between pure water on the one hand and the dissolved salts on the other hand. In this
case, however, the salts are for all intents and purposes entirely nonvolatile. The
equilibrium separation factor, or relative volatility, is given by
dys = 2058 (1-18)
Xw Vs
where W refers to water and S to salt. Since ys is necessarily equal to zero and the
other three mole fractions are finite, ays must approach infinity. This infinite a
corresponds to a * perfect ” separation; no salt is present in the evaporated water.
Solid-liquid equilibrations frequently give an infinite separation factor, too. As
we have seen, the m-cresol-p-cresol system shown in Fig. 1-26 gives an infinite equi-
librium oy cresol—p<resot fOr x, between 0 and 0.40 and an infinite equilibrium
®p<cresol-m—resol fOT X, between 0.90 and 1.00. Absorption of a single solute from a gas
also involves a nearly infinite separation factor.

Sources of Equilibrium Data

Reid et al. (1977) give an excellent review of sources of data and prediction methods
for vapor-liquid and liquid-liquid equilibria, which underlie distillation, extraction,
absorption, and stripping processes. In an earlier review, Null (1970) covers the
presentation, measurement, analysis, and prediction of vapor-liquid, liquid-liquid
and solid-liquid equilibria.

The ultimate source of equilibrium data is reliable experimentation. Compila-
tions of available experimental data for vapor-liquid equilibria are given by Wich-
terle et al. (1973), Hirata et al. (1975), and in earlier works by Hala et al. (1967, 1968).
Solubilities of gases in liquids are compiled and referenced by Seidell and Linke
(1958), Hayduk and Laudie (1973), Battino and Clever (1966), Perry et al. (1963), and
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Kohl and Riesenfeld (1974). Liquid-liquid equilibrium data have been collected by
Francis (1963) and Perry and Chilton (1973). Solid-liquid equilibrium data are avail-
able from Seidell and Linke (1958), Timmermans (1959-1960), and Stephen and
Stephen (1964). Equilibrium data are also provided in many books on individual
separation processes. Many of the references in Table 1-1 are useful in this regard.
Equilibrium data for a particular system can often be found by searching the indexes
of Chemical Abstracts.

Since equilibrium data are subject to error in measurement or interpretation, it is
useful to check them by thermodynamic-consistency tests and by comparison to
known behavior of similar systems. Methods for doing this are given by Prausnitz
(1969). Null (1970), and Reid et al. (1977).

Much progress has been made in the use of theoretical interpretations and
models to extend results to different temperatures and pressures and even to different
systems of components. These methods can be used in the absence of experimental
data if one keeps in mind the degree of uncertainty thereby introduced. Equilibrium
ratios in hydrocarbon systems can be obtained from convergence-pressure consider-
ations (NGSPA, 1957) or can be predicted from solubility parameters and other
more fundamental information. The latter approach is more appropriate for com-
puter manipulation; Prausnitz and associates have extended it to nonhydrocarbon
systems (Prausnitz et al.,, 1966) and to high-pressure systems (Prausnitz and Chueh,
1968). Methods for the prediction of activity coefficients in fluid-phase systems are
comprehensively reviewed by Reid et al. (1977); these methods include various ther-
modynamically based semitheoretical correlations and two methods (ASOG and
UNIFAC) based upon summing contributions of individual functional groups in the
molecules concerned. A comprehensive presentation of the UNIFAC method, its
applications, and underlying parameters is given by Fredenslund et al. (1977). If the
resulting activity coefficients are to be used for the prediction of vapor-liquid equilib-
ria, pure-component vapor-pressure data are needed; they have been compiled by
Boublik et al. (1973).

INHERENT SEPARATION FACTORS: RATE-GOVERNED
PROCESSES

Gaseous Diffusion

The molecular transport theory of gases is sufficiently well developed to allow us to
make reasonable. estimations of the inherent separation factor for those separation
processes based upon different rates of molecular gas-phase transport. Consider the
simple gaseous-diffusion process shown in Fig. 1-28. The gas mixture to be separated
is located on one side (the left) of a porous barrier, e.g., a piece of sintered metal
containing open voids between metal particles. A pressure gradient is maintained
across the barrier, the pressure on the feed (left) side being much greater than that on
the product (right) side. This pressure gradient causes a flux of molecules of the
gaseous mixture to be separated across the barrier from left to right.
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Figure 1-28 Simplified gaseous-diffusion process.

If the barrier has pores sufficiently small, and if the gas pressure is sufficiently
low, the mean free path of the gas molecules will be large compared with the pore
dimensions. As a result the molecular flux will occur by Knudsen flow, and the flux is
describable by the equation

Ny = AP = Faa) (1-19)
JM,T

where N; = flux of component i across barrier
P,, P, = pressure of the high- and low-pressure sides, respectively
Y1i,» Y2i = mole fractions of component i on high- and low-pressure sides,
respectively
T = temperature
M; = molecular weight of component i
a = geometric factor depending only upon structure of barrier

We shall now presume that the composition of the high-pressure side does not
change appreciably through depletion of one of the gas species. The material on the
low-pressure side has all arrived through the steady-state transport process described
by Eq. (1-19), so that

Ni _ ya

L 1-20

Nj Y2j ( )
We shall also presume for simplicity that P, € P;. Combining Egs. (1-19) and (1-20)
for that case, we get

Y2 Vii M;

which is not dependent upon composition. For the separation of ?**UF from
238UF, by gaseous diffusion as carried out by the United States government,
%35 238 = +/ 352.15/349.15 = 1.0043. Thus ?**U travels through the barrier prefer-
entially to 2*8U. Uranium isotopes are separated with the uranium in the form of the
hexafluoride, since UF 4 is one of the few gaseous uranium compounds.
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The inherent separation factor, in principle at least, can also be computed from
molecular theory for a number of other rate-governed processes, such as sweep
diffusion and thermal diffusion, although the analysis is more complex.

Reverse Osmosis

For rate-governed separation processes where the transport mechanism through the
barrier is not well understood, the separation factor can be determined only exper-
imentally. Consider, for example, the reverse-osmosis process for making pure water
from salt water.

In a reverse-osmosis process the object is to make water flow selectively out of a
concentrated salt solution, through a polymeric membrane, and into a solution of
low salt concentration. The natural process of osmosis would cause the water to flow
in the opposite direction until a pressure imbalance equal to the osmotic pressure is
built up. The osmotic pressure is proportional to solute activity and hence is approxi-
mately proportional to the salt concentration; for natural seawater the osmotic
pressure is about 2.5 MPa. This means that in the absence of other forces, water
would tend to flow from pure water into seawater—across a membrane permeable
only to water—until a static head of 2.5 MPa, or 258 m, of water was built up on the
seawater side. This assumes that the seawater is not significantly diluted by the water
transferring into it. At this point this system would be at equilibrium, as shown in
Fig. 1-29. If the pressure difference across the membrane were less than the osmotic
pressure, water would enter the seawater solution by osmosis, but when the pressure
difference across the membrane is greater than the osmotic pressure, water will flow
from the seawater solution into the pure-water side by reverse osmosis. For the
water passing through the membrane to be salt-free in a reverse-osmosis process,
the membrane must be permeable to water but relatively impermeable to salt since
the salt would pass through the membrane with the water if the membrane were
salt-permeable.

Reverse osmosis should be distinguished [rom ultrafiltration and dialysis, which
are also rate-governed separation processes based upon thin polymeric membranes.
In ultrafiltration relatively large molecules (polymers, proteins, etc.) or colloids are to
be concentrated in solution by removing some of the solvent. Since the molarity of
solutions of high-molecular-weight materials is quite low, the osmotic pressure is not
significant. Pressure is used to drive the solvent (usually water) through membranes
in ultrafiltration, but the pressure level can be relatively low (up to 800 kPa) because
of the very low osmotic pressure and because a more * open ™" membrane can be used
if salt retention is not required. In dialysis the object is to remove low-molecular-
weight solutes preferentially from a solution. The process takes advantage of the fact
that low-molecular-weight solutes have a higher diffusion coefficient in the mem-
brane material than higher-molecular-weight solutes. Bulk flow of solvent through
the membrane is prevented by balancing the osmotic pressure of the feed solution by
using a flowing isotonic (same osmotic pressure) solution on the other side of the
membrane to take up the solutes passing through the membrane.

Figure 1-30 shows a view of the components of an apparatus used to carry out
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ultrafiltration. Feed solution enters the bottom of the module and flows along a
spiral spacer in rapid laminar flow. Above the spiral spacer is a polymeric membrane,
and above that is a porous disk to support the membrane. (Both the membrane and
the disk are white in Fig. 1-30.) Another spiral spacer fits on top. The solvent passing
through the membrane (permeate) travels around the top spiral and out. There is also
an exit from the bottom spacer to allow the concentrated solution not passing
through the membrane (retentate) to exit. If it were made to withstand high pressure,
this unit could be used for reverse osmosis as well as ultrafiltration.

A number of devices, many of which are similar to that shown in Fig. 1-30, have
been used to evaluate a number of different membrane materials for the desalination
of seawater by reverse osmosis. It has been found (Merten, 1966) that the flux of
water and salt through a membrane can be described by two equations

Nw == k”,*(AP - ATC) (1“22)
Ns = k.\'(Cst - Csz) (1'23)

where Ny, Ny = water and salt fluxes, respectively, across membrane,
mol/time-area
AP = drop in total pressure across membrane
An = drop in osmotic pressure across membrane
Cs,, Cs, = salt concentrations on two sides of membrane
kyw , ks = empirical constants depending on membrane structure and nature
of salt

If the membrane has a low salt permeability (Cy, < Cs,), we can derive the separa-
tion factor for the membrane from Egs. (1-22) and (1-23) as
1 Cn o BT Ky (AF — i)
7 G, Cyy Ns pu Puks
if Cs, is expressed in moles per liter and p,, is the molar density of water in moles per
liter. Since the separation factor for a given ky and kg should depend upon AP and
Cs, (through Am), it is appropriate to compare the separation factors of different
membranes at the same AP and Csg;,.

Table 1-2 shows how sensitive ky , k¢, and ay ¢ are to the nature of the
membrane. Since AP and Cy, are held constant and ay, _ ¢ is always on the order of 10
or greater, Ny, in Table 1-2 is directly proportional to k.. Data are presented for
anisotropic cellulose acetate membranes manufactured from organic casting solu-
tions of various proportions with various processing parameters (Loeb, 1966). Mem-
branes of this sort hold the greatest interest for desalination of salt water. The
membranes were originally made in the laboratory by casting the solution onto a
glass plate with 0.025-cm-high side runners, evaporating the solution at this tempera-
ture, immersing the system in ice water for 1 h, removing the film from the plate and
heating it in water for 5 min.

Table 1-2 shows that the membrane permeability and separation factor are quite
sensitive to changes in preparation technique. Loeb (1966) and others have also
found that ay _g varies over several orders of magnitude when solutions of different

(1-24)
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Table 1-2 Properties of cellulose acetate membranes for reverse osmosis (data from
Loeb, 1966)
AP = 4.15 MPa, Cg, = 5000 ppm NaCl: casting temperature = 23°C

Heating

Composition of casting solution, Evaporation temperature, Ny .

wt ", period. s °c g/m?-s Ny %

Cellulose acetate 25, formamide 30, 60 740 14 122
acetone 45

Cellulose acetate 25, formamide 25, 71.5 7 18.5
acetone 50

Cellulose acetate 14.3, dimethyl 210 60 24 16.7
formamide 21.4, acetone 64.3 Unheated 89 9.1

Cellulose acetate 25, dimethyl 480 93 51 38
formamide 75

Cellulose acetate 25, dimethyl sulfoxide 480 93 5.1 38

37.5, acetone 37.5

inorganic salts are subjected to reverse osmosis with the same membrane. The mem-
brane properties are reproducible for a given preparation technique to a standard
deviation of about 12 percent, so the changes shown in Table 1-2 are significant.
From these data it is apparent that separation factors for cellulose acetate mem-
branes can be determined only from experiment, not from first principles.

The data in Table 1-2 were obtained in a device similar to that shown in
Fig. 1-30. The function of the rapid flow in the spacers of such a device is to minimize
mass-transfer (diffusional) limitations within the fluids on either side of the
membrane. In a large-scale practical device it is often difficult to minimize these
diffusional resistances within the fluid phases, and the result is that the apparent
separation factor a3, _y and the permeability observed are less than those found for
the membrane alone. These mass-transfer effects are considered further in Chaps. 3
and 11.

An effective method for increasing the selectivity and throughput capacity of a
membrane in a separation process is to incorporate a substance which reacts
chemically with the component to be transmitted preferentially (Robb and Ward,
1967; Ward, 1970: Reusch and Cussler, 1973). The reaction increases the concentra-
tion of the component within the membrane and thereby increases the
concentration-difference driving force for diffusion of the component through the
membrane.
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PROBLEMS

1-A,t The forty-niners of California obtained gold from river-bed gravel by panning and by such devices
as rockers. long Toms, and sluice boxes. Look up gold mining in a good reference book to see what physical
property and principle these devices were based upon.

1-B; In general, the degree of miscibility (or similarity of compositions) of the two liquid phases in a
liquid-liquid extraction process increases with increasing concentration of the solute being extracted. One
manifestation of this behavior is that plait points at some high solute concentration (such as point P in
Fig. 1-21, where acetic acid is the solute) are common. Suggest a reason why a higher concentration of the
solute being extracted tends to increase the miscibility of the two phases.

t+ The number represents the chapter, the letter represents the sequence, and the numerical subscript
represents the degree of difficulty, as follows: 1 = problems which are straightforward applications of
material presented in the text; 2 = problems which involve more insight but still should be suitable for
undergraduate students; and 3 = problems requiring still more insight, appropriate for the most part for
graduate students.
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1-C; Assuming that the membrane characteristics are not changed, will the product-water purity in a
reverse-osmosis seawater desalination process increase. decrease, or remain the same as the upstream
pressure increases? Explain your answer qualitatively in physical terms.

1-D,; As part of the life support system for spacecraft it is necessary to provide a means of continuously
removing carbon dioxide from air. The CO, must then be reduced to carbon, oxygen. methane, and or
water for reuse or for disposal. For extended space flights it is not possible to rely upon gravity in any way
in devising a CO,-air separation process. Suggest at least two separation schemes which could be suitable
for continuous removal of CO, from air in spacecraft under zero-gravity conditions. If solvents, etc.. are
required, name specific substances which should be considered.

1-E; Gold is present in seawater to a concentration level between 0.03 x 10 '° and 440 x 10 '® weight
fraction, depending upon the location. Usually it is present to less than 1 x 10 ' weight fraction. Bricfly
evaluate the potential for recovering gold economically from seawater.

1-F; The deuterium-hydrogen isotope-exchange reaction between hydrogen sulfide and water

H,O(l) + HDS(g)= HDO(!) + H,S(g)

has the following equilibrium constants at 207 MPa and various temperatures:

Temperature, °C 30 80 130

K = pu,sCuoo/Pups Cujot 229 | 196 | 1.63

SOURCE: Data from Burgess and Germann (1969).

t These equilibrium constants compensate for the
solubility of H,S in water and for the vapor pressure of
water by considering liquid-phase H,S as H,0 and
vapor-phase H,0 as H,S. Hence these effects need not
be taken into account any further in this problem.

The reaction occurs rapidly in the liquid phase. without catalysis. The variation of the equilibrium
constant with respect to temperature can be used as the basis for a separation process to produce a water
stream enriched in HDO and a water stream depleted in HDO from a feed containing both HDO and
H,0 (natural water contains 0.0138 at °, D in the total hydrogen). Such a process is called a dual-
temperature isotope-exchange process.

Figure 1-31 shows three possible simple processes for carrying out this separation. In each case there
is a cold reactor operating at 30°C and a hot reactor operating at 130°C. The pressure is the same in both
reactors at about 2 MPa. The atom fraction of deuterium in the total hydrogen of a stream will in all cases
be very small compared with unity.

(a) For each of the three flow schemes shown in Fig. 1-31 derive an expression for the separation
factor provided by the process in terms of (1) the equilibrium constants of the isotope-exchange reaction at
the two temperatures: (2) the circulation rate of H,S. expressed as § mol of H,S per mole of water feed:
and (3) the fraction f of the feed which is taken as enriched water product. Equilibrium is achicved in both
reactors.

(h) Over what range of values will the separation factors for these processes vary as § and [ are
changed?

(c) 1In practice. f will be quite small compared with unity. Given this fact, what is the relative order of
separation factors which would be obtained from each of the three flow schemes of Fig, 1-31 at a fixed
value of S: that is, which scheme gives the greatest separation factor and which gives the least? Explain
your answer in terms of physical as well as mathematical reasoning.

(d) What factors will place upper and lower limits on the reactor temperatures that can be used for
this process in practice?
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Figure 1-31 Simple dual-temperature isotope-exchange processes for enrichment of deuterium in water.
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(¢) Why is a relatively high pressure employed?

(f) Where are heaters or coolers required in scheme 4? Where might heat exchangers exchanging
heat between two process streams be used? Are any compressors or. pumps needed?
1-G, AtTrona, California. in the Mojave Desert, the Kerr McGee Chemical Corp. plant obtains a number
of inorganic chemicals from Searles Lake. This is a “dry ™ lake. composed of salt deposits permeated by
concentrated brine solutions. Among the products obtained are potassium chloride, sodium sulfate (salt
cake). bromine, borax and boric acid. potassium sulfate, lithium carbonate, phosphoric acid. and soda ash
(sodium carbonate). Table 1-3 shows the composition of the upper salt-deposit brine at Searles Lake,
which serves as a feed for this operation. Figure 1-32 gives an outline of the Trona processing procedures
and Fig. 1-33 a flowsheet for the manufacture of potassium chloride and borax. Furthermore. the
flowsheet for the process used at Searles Lake for reclaiming additional boric acid from weak brines and
plant end liquors is shown as Fig. 1-34. More detail on these processes can be obtained from Shreve and
Brink (1977).

Table 1-3 Composition of upper-
deposit brine at Searles Lake,

California
Brine composition Wt ",
KCl 485
NaCl 16.25
Na,SO, 7.20
Na,CO, 4.65
Na,B,0O, 1.50
Na,PO, 0.155
NaBr 0.109
Miscellaneous 0.116
Total salts ~ 3433
H,0 65.17
Specific gravity 1.303
pH ~ 945

Source: Shreve and  Brink (1977,
p. 266); used by permission.

(a) What are the principal uses of each of the products from these processes?

(b) Foreachseparationstepincluded in Figs. 1-32 and 1-34 indicate (1) the function of the separation
step within the overall process, (2) the physical principle upon which the separation is based. (3) the
separating agent uscd, and (4) whether the separation is mechanical, an equilibration process. or a
rate-governed process [there is one rate-governed process: consult Shreve and Brink (1977) if necessary).

1-H, Oil spills at sea are a major problem. On a number of occasions crude oil from tankers or from
offshore drilling operations has been accidentally released in quite large quantities into the ocean near
land. The spilled oil forms a thin slick on the ocean surface. The oil spreads out readily, since it is
essentially insoluble in water. less dense than water, and lowers the net surface tension. Crude oil from an
ocean spill has been washed onto beaches. depositing offensive oil layers which mix with sand and render
the beach unattractive. Oil slicks also have a deleterious cffect on fish, gulls, seals, and other forms of
marine life. Stopping these effects of oil slicks i1s a scparation problem of major proportions. What
techniques can you suggest for eliminating an oil slick relatively soon after a spill so as to protect beaches
and marine life 7t

t Reference for consultation after generating suggestions: Chem. Eng. (Feb. 10, 1969), pp. 40, 50-54.
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Figure 1-32 Processing steps at Searles Lake. (From Shreve and Brink, 1977, p. 263: used by
permission.)
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Figure 1-33 Processing steps for manufacture of potassium chloride and borax. ( From Shreve and Brink, 1977, p. 268, used by permission.)
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Figure 1-35 Continuous-flow glow-discharge separation device. (Data from Flinn and Price, 1966.)

1-1; Flinn and Price (1966) investigated the separation of mixtures of argon and helium in a continuous-
flow electrical glow-discharge device. The apparatus used is shown in Fig. 1-35. The principle of separa-
tion is that the gases will form positive ions within the glow discharge, and the species with the lower
ionization potential (argon) should migrate preferentially to the cathode. In the apparatus shown in Fig.
1-35 a luminous glow discharge is formed between a tubular aluminum positively charged anode and a
tubular aluminum negatively charged cathode. The mixture of helium and argon enters continuously
midway along the discharge path. There are two gas exit streams, one near each electrode. Valves in the
exit gas lines are adjusted so that exactly half the feed gas (on a molar basis) leaves in each exit stream. The
device is run at low pressures, with the pressure level monitored by a Dubrovin gauge. Table 1-4 shows
the separation factors found experimentally for argon-helium mixtures at 0.67 kPa (5 mm Hg) as a
function of feed composition, discharge current and flow rate. Suggest physical reasons why the separation
factor (a) decreases with increasing feed flow rate, (b) increases with increasing discharge current, and
(¢) decreases with increasing argon mole fraction in the feed.

Table 1-4 Separation factors o,,_ . found for
glow-discharge device, 0.67 kPa (data from Flinn
and Price, 1966)

Argon in feed, Discharge Feed flow,

mol °, current, mA mmol/h ®Ar - He
21.30 180 49 1.56
21.30 180 9.8 1.30
21.30 180 14.6 1.21
21.30 90 9.8 1.16
21.30 180 9.8 1.30
21.30 270 9.8 1.50
543 180 98 2.65
21.30 180 9.8 1.30
53.74 180 9.8 1.18
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CHAPTER

TWO
SIMPLE EQUILIBRIUM PROCESSES

In this chapter we are concerned with calculation of phase compositions, flows,
temperatures, etc., in processes where simple equilibrium is achieved between the
product phases. Often this requires an iterative calculation scheme, suitable for use
with the digital computer. This, in turn, requires selection of appropriaté trial vari-
ables, check functions, and convergence procedures, which are discussed in texts on
numerical analysis and reviewed in Appendix A.

Procedures for computer calculations and for hand calculations will be discussed
interchangeably, since they generally involve the same goals and criteria. The excep-
tion is one’s ability to monitor the computation as it proceeds in a hand calculation;
however, even this distinction is beginning to disappear as interactive digital comput-
ing becomes more commonplace.

EQUILIBRIUM CALCULATIONS

If the composition of one of the phases in an equilibrium contacting is known, the
composition of the other phase can be obtained by using inherent separation factors,
equilibrium ratios, or graphical equilibrium plots. In some instances, notably when
few components are present, the determination of the composition of the other phase
may be quite easy, but in cases of mixtures of many components an extensive trial-
and-error solution may be required.

UNIVERSITY OF MICHIGAN 5



60 SEPARATION PROCESSES

Binary Vapor-Liquid Systems

For a binary vapor-liquid system we have seen that the composition of the vapor can
be determined from the separation factor and the liquid composition by a simple
equation

X+ X;

Yi= l_-:(?:r_l)x,- (1-12)

The equation can be solved, as well, for x; in terms of «;; and y;.

Ternary Liquid Systems

Use of the ternary liquid diagram (such as Fig. 1-21) is also straightforward. Suppose
the weight percentage of acetic acid in the water-rich phase of a vinyl acetate-water-
acetic acid system is specified to be 25 percent. Since only saturated phases can be in
equilibrium with each other, the composition of the water-rich phase must lie on the
phase envelope and hence must be 25, acetic acid, 8°, vinyl acetate, and 67°, water
(point A in Fig. 2-1). The composition of the equilibrium acetate-rich phase is ob-
tained by following the appropriate equilibrium tie line, interpolating between those

Acetic acid

<

\*\\

o

Vinyl
acetale N

20 40 60 80 100

Water, wit percent

Figure 2-1 Graphical equilibrium calculation in a ternary liquid system. (Adapted from Daniels and
Alberty, 1961, p. 258 used by permission.)
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shown. The indicated equilibrium composition is 6%, water, 16%, acetic acid, and
78% vinyl acetate (point B in Fig. 2-1).

Multicomponent Systems

A case of multicomponent vapor-liquid equilibrium not requiring trial and error is
considered in the following example.
F\ Example 2-1 Find the vapor composition in equilibrium with a liquid mixture containing 20 mol %,

benzene, 407, toluene, and 40", xylenes at 121°C.
¥oad

Sl
SoLuTioN In applying the phase rule 1}"” L 4[6“'?
vy
P+F=C+2 (1-14)

to this problem we find that C = 3 and P = 2; hence F = 3. All three degrees of [reedom have been
used in specifying two liquid mole fractions (the third is dependent since Zx; = 1) and the tempera-
ture; therefore the pressure is a dependent variable. Note that the problem cannot be solved by use of
Eq. (1-12), since that equation is valid only for binary solutions.

This mixture of aromatics is very nearly an ideal solution; hence one method of approach is to
calculate the total pressure first from Eq. (1-4) and a knowledge of the pure-component vapor
pressures [P§ = 300, P§ = 133, and P} = 61 kPa at 121°C (Maxwell, 1950)). Since the three xylene
isomers have nearly the same vapor pressure, they may be considered as one component.

P = (0.2)(300) + (0.4)(133) + (0.4)(61) = 60 + 53.2 + 244 = 137.6 kPa
The vapor composition is then simply derived from Dalton's law:

0.2)(300
Yo = (02)300) _ 436
137.6

Similarly y; = 0.387 and yy = 0.177. O

Example 2-1 involved calculating the vapor in equilibrium with a known liquid,
with the temperature known and the pressure unknown. The case where pressure is
known and temperature is unknown is usually more difficult to analyze because a
knowledge of temperature is necessary in order to define the vapor pressures, the K’s,
or the a’s between any two components, all of which are functions of temperature.
Such a calculation of temperature for a completely specified equilibrium must
proceed by trial and error in the general case. When the liquid-phase composition is
known, the computation is called a bubble-point calculation, and when the vapor
composition is known, we have a dew-point calculation. For a nonideal solution a
dew point is even more difficult to compute since liquid-phase activity coefficients are
a function of liquid-phase composition, which is also unknown.

Example 2-2 The vapor product from an equilibrium flash separation at 10 atm is 50 mol ¢,
n-butane, 20 mol %, n-pentane, and 30 mol °, n-hexane. Determine the temperature of the separation
and the equilibrium liquid composition.

SoLuTioN In this case all components are paraffin hydrocarbons. As a result, activity coefficients
are near unity and the equilibrium ratios do not depend significantly upon liquid-phase composition.
Values of K, for the three hydrocarbons as a function of temperature are shown in Fig. 2-2 for a
pressure of 10 atm.
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Figure 2-2 Equilibrium ratios for n-butane, n-pentane, and n-hexane: P = 10 atm.( Data from Maxwell,

1950.)

The problem as stated is a dew-point computation. The most common procedure is to assume a
temperature and check its validity. Notice that selecting a temperature overspecifies the problem.
Since P + F = C + 2, where P = 2 and C = 3. we have but three remaining variables which we can
specify, and these have already been set (two vapor mole fractions and the total pressure). Stipulating
T overspecifies the system; hence. unless we have happened to select the correct T, we shall find that
one of the necessary relationships between variables has been violated. We shall find the K's for the
assumed temperature, calculate x; for each component (x; = v, /K,). and see whether the condition
Zx; = 1.0 is violated. The subscripts B, P, and H refer to butane, pentane. and hexane. respectively.

The temperature must obviously lie between that for which Ky = 1.0 (176°F) and that for
which Ky = 1.0 (330°F); otherwise there is no way that Z(y, /K,) can equal 1.0. As a first trial assume

T = 250°F:
y[ Ki ""i F y:-'fIKi
Butane 0.50 1.87 0.268
Pentane 0.20 0.94 0.213
Hexane 0.30 0.48 0.625
1.106
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The sum of the x's is too high. This is the result of selecting too low a temperature. A higher
temperature will increase all the K, and hence decrease all the x,.

A close estimate of the correct temperature can now be obtained by making use of the fact that
a,; is relatively insensitive to temperature in hydrocarbon systems. This in turn means that the K's
can be expressed as

K[ = aw KP
where a; will be relatively constant with respect to temperature. The Zx; = 1.0 condition can be
written as
Vi 1 Yi
zx, = _— = _— = I

Since Z(y, /xp) will be insensitive to temperature, we can estimate that the correct K, is given by

K, = (Kr)"'"'( 2 %‘)

Thus the indicated K, is (0.94)(1.106) = 1.04. This corresponds to T = 262°F, which will be assumed
for the second trial:

trial 1

Yi K; X

Butane 0.50 205 0.244
Pentane 0.20 1.04 0.192
Hexane 0.30 0.545 0.551

0.987

This is close enough. Also, the answer has now been bounded from both sides. One can estimate that

(262 — 250)(1 — 0.987) 0.244
T=22-"— =" . " =26I°F Xp= —— =0247
1.106 — 0.987 ¢ and X = og7 =02
and, similarly. that x; = 0.196 and x, = 0.557. O

An analogous procedure holds for bubble-point calculation. One would assume
T, calculate K;, calculate y; (= K, x;), and check whether or not Ly, = 1.0. The
indicated T for the next trial would be picked so as to make K; for a central
component equal (K;)yiar1 /(Z¥iheiar1 - The logic behind this procedure is analogous to
that employed for obtaining a new K, in Example 2-2.

If the relative volatilities of one component to another within the mixture are
totally insensitive to temperature and liquid composition, it is possible to eliminate
the trial-and-error aspect of a bubble- or dew-point calculation altogether, as shown
in Example 2-3.

Example 2-3 Calculate the bubble point of a liquid mixture containing 20 mol % isobutylene,
30 mol ¢, butadiene, 25 mol %, isobutane, and 25 mol %, n-butane at a total pressure of | MPa.

SoLuTioN Since this is a relatively close-boiling mixture, we expect the bubble point to be slightly
below 80°C, where K for n-butane (the least volatile component) = 1.0. Between 65 and 80°C the
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following values of x apply, choosing n-butane as the reference component in each case (Maxwell,
1950):

Isobutylene 1.14

Butadiene 1.12
Isobutane 1.25
n-Butane 1.00

We know that
ZK,;x,= 10

Dividing through by Ky, the equilibrium ratio for n-butane, gives

SN

Therefore
Kl—“ = (1.14)(0.20) + (1.12)(0.30) + (1.25)(0.25) + (1.0)(0.25) = 1.127
or
Kg = 0.888
From Fig. 2-2. K is 0.888 at T = 165°F (74°C), which is the bubble point. O

When nonideal liquid solutions or high-pressure vapor phases are involved, the
values of K; become functions of liquid- and/or vapor-phase compositions as well as
temperature and pressure. For example, ;; in Eq. (1-8) will depend upon the mole
fraction of each component in the liquid product. These factors make determination
of K; values much more complicated ; also going backward in determining the tem-
perature from the K of a reference component, as in the solution to Example 2-2,
becomes an iterative solution itself. Furthermore, in these situations the assumption
that a;; is constant over moderate ranges of temperature is usually no longer the best
convergence procedure.

Let us return to the dew-point problem given in Example 2-2 and consider how
this problem should be implemented for a formal computer solution, which can be
more easily extended to dew-point problems with more complex phase-equilibrium
behavior. We shall ignore the problems associated with nonidealities for the time
being and presume that K; for each component j is given by an Antoine equation
with a form such as

To apply a convergence method the most obvious procedure is to take

f(T)=%x;,— 1= -1 (2-2)
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Figure 2-3 Convergence characteristics of f(T) given by Eq. (2-2).

and reduce f(T) to zero. Fig. 2-3 shows a plot of f(T) vs. T based upon calculations
similar to those shown in Example 2-2.

Referring to the criteria given in Appendix A for choosing f(x), we find that we
can make T a bounded variable. We could build in a check which prevents T from
going low enough to give a K for butane less than 1 or high enough to give a K for
hexane greater than 1. The function f(T) is monotonic and hence gives no spurious
solutions; however, there is a substantial amount of nonlinearity to f(T). If the initial
estimate of T were T, = 190°F, we would find that some five trials would be required
to achieve | f(T)| < 0.005 by the Newton method described in Appendix A.

The curvature in Fig. 2-3 results from the K;’s not being linear in T. Since the
K’s are related to vapor pressure, we know that In K; will be more nearly linear in 7.
Because of this behavior it is reasonable to anticipate that a more nearly linear
function will be

W(T)=InZx;=In Y K?'T) (2-3)

¥(T) would then be reduced to zero during the convergence. Note that /(T) will be
linear in T if the relative volatility of all components with respect to each other is
independent of T and if In K for any component is linear in T.
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Figure 2-4 Convergence characteristics of y(T) given by Eq. (2-3).

Figure 2-4 shows a plot of y(T) vs. T for Example 2-2. Note that Fig. 2-4 is
considerably more nearly linear than Fig. 2-3 and hence any convergence procedure
will reach the required dew-point temperature in a smaller number of iterations. If
the initial estimate of T were T, = 190°F, we would find that three trials would be
required to achieve |Y(T)| < 0.005 by the Newton method.

An even more rapid convergence can be achieved if

fr) =" iy ak

is reduced to zero, since In K; will usually be even more nearly linear in 1/T. This
function is shown in Fig. 2-5. Often a sufficiently accurate dew-point temperature
can be obtained by computing y(1/T) at two values of temperature T, and T, and
then calculating the dew point by linear interpolation or extrapolation:

1 0. i8 ) V(1/Ty)
TDP TO 1 '1(’(1/7-0) = &(I/Tl)

with no further computation.

(2-5)
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Figure 2-5 Convergence characteristics of {(1/T) given by Eq. (2-4).

For computer calculations, the smaller number of iterations using the logarith-
mic functions must be balanced against the extra time required for computing the
logarithm.

Convergence procedures for bubble-point calculations are analogous to those
for dew points. The functions corresponding to those given by Egs. (2-2) to (2-4) are

f(T) = [Zx;K,(T)] - 1 (2-6)
Y(T)=In Zx;K{(T) (2-7)
(4= (2] o5

Again, Eq. (2-5) can be used in many cases to identify the bubble point after two
trials.

When liquid- and/or vapor-phase nonidealities cannot be neglected, each K;
will be a function of all the x; and/or y;. In many cases the K; depend rather weakly
upon the compositions of the phases, and a successful convergence scheme can be
based upon computing the K; for each trial from the compositions obtained in the

UNIVERSITY OF MICHIGAN



68 SEPARATION PROCESSES

last previous trial. When the K; are affected more strongly by composition, it may be
necessary to converge the K; as an inner loop for each assumed value of T or to
converge all composition variables simultaneously in a full multivariate Newton
solution (Appendix A).

When two immiscible liquid phases are in equilibrium with a vapor phase, the
computation becomes more complex. Henley and Rosen (1969) suggest methods for
approaching that problem.

CHECKING PHASE CONDITIONS FOR A MIXTURE

By extending the reasoning involved in dew- and bubble-point calculations it can be
seen that a mixture for which ZK;x; <1 will be a subcooled liquid, whereas if
ZK;x; > 1, the mixture must contain at least some vapor. Similarly, if Z(y/K;) < 1, a
mixture will be a superheated vapor, and if Z(y;/K;) > 1, the mixture must contain at
least some liquid. Thus we can set up the following criteria to ascertain the phase
condition of a mixture which potentially contains both vapor and liquid:

ZK,x; Y (y/K;) Phase condition

<1 > 1 Subcooled liquid

=1 > 1 Saturated liquid

> 1 > 1 Mixed vapor and liquid
> = | Saturated vapor

> 1 <1 Superheated vapor

Similar criteria can be set up for mixtures that are potentially combinations of two
immiscible phases, mixtures of a vapor and two liquids, etc.

ANALYSIS OF SIMPLE EQUILIBRIUM SEPARATION
PROCESSES

The analysis of equilibrium or ideal separation processes is important for two
reasons: (1) It is frequently possible to provide a close approach to product equili-
brium in real separation devices. Such is true, for example, for most vapor-liquid
separators and for mixer-settler contactors for immiscible liquids. (2) A common
practice is to correct for a lack of product equilibrium or ideality by introducing an
efficiency factor into the calculation procedures used for equilibrium or ideal
separations.

In analyzing the performance of a simple separation device one might typically
want to calculate the flow rates, compositions, thermal condition, etc., of the products,
given the properties and flow rates of the feed and such additional imposed condi-
tions as are necessary to define the separation fully, e.g., the quantity of separating
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agent employed and the temperature of operation. The quantities to be calculated
will vary from situation to situation. For example, one might want to compute the
amount of separating agent necessary to give a certain product recovery or the
amount of product which can be recovered in a given purity. In any event,
the solution will involve:

. Specifying the requisite number of process variables

2. Developing enthalpy and mass-balance relationships

3. Relating the product compositions through the separation factor or through equilibrium or
ideal rate data with corrections for any departure from equilibrium or ideality

4. Solving the resulting equations to obtain values for unknown quantities

Process Specification: The Description Rule

To solve a set of simultaneous equations one must specify the values of a sufficient
number of variables for the number of remaining unknowns to be exactly equal to
the number of independent equations. If there are five independent equations, there
may be no more than five unknown variables for there to be a unique solution. The
same reasoning applies to any separation process. If the behavior of the process is to
be fully known or is to be uniquely established, there must be a sufficient number of
specifications concerning flow rates, temperatures, equipment sizings, etc. The
number of variables which must be set will depend on the process; on the other hand,
the particular variables which are set will depend on the problems posed, the answers
sought, and the methods of analysis available for calculation. If the problem is
overdefined, no answer is possible; if it is underdefined, an infinite number of solu-
tions may exist.

A separation process (or for that matter any process) can always be described by
simply writing down all the independent equations which apply to it. Inevitably, the
number of unknowns in these equations will be greater than the number of equa-
tions. Thus the equations cannot be solved until a sufficient number of the unknowns
have had values assigned to them to reduce the remaining number of unknowns to
the number of equations. The unknowns to which we assign values are the indepen-
dent variables of the particular problem under consideration, and the remaining
unknowns are the dependent variables.

The procedure of itemizing and counting equations is tedious, however, and is
open to error if one misses an equation or counts two equations which are not
independent. As we have seen, the phase rule also can be of assistance in determining
the number of variables which can be independently specified, but it becomes difficult
to apply the phase rule in a helpful way as processes become more complex. A more
direct approach is afforded by the description rule, originally developed by Hanson et
al. (1962), which relies upon one’s physical understanding of a process.

Put in its simplest form, the description rule states that in order to describe a
separation process uniquely, the number of independent variables which must be
specified is equal to the number which can be set by construction or controlled during
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operation by independent external means. In other words, if we build the equipment,
turn on all feeds, and set enough valves, etc., to bring the operation to steady state, we
have set just enough variables to describe the operation uniquely. In any particular
problem where we wish to specify values of any variables which are not set in
construction or by external manipulation, we must leave an equal number of con-
struction and external-manipulation variables unspecified. We can replace specified
variables on a one-for-one basis.

The description rule is useful for determining the number of variables which can
be specified. The particular variables which are specified will vary considerably from
one type of problem to another. If the problem at hand deals with the operation of an
already existing separation process, the list of specified variables may coincide very
nearly or exactly with the list of variables set by construction and controlled during
operation. If the problem deals with the design of a new piece of equipment, the list of
specified variables may be quite different. Typically, variables relating to equipment
size will be replaced by variables giving the quality of separation desired.

Often there are upper and lower limits placed upon the values which can be
specified for independent variables. For example. amounts of feed must be positive.
mole fractions must lie between 0 and 1, etc. For simple equilibration processes
identifying these limits is often trivial, but for many more complex processes it is not.

For a new student use of the description rule can be confusing at first because it
requires a physical feel for the cause-and-effect relationships occurring. However, it is
certainly desirable for an engineer to develop this physical feel, and using the descrip-
tion rule to help specify problems is a direct way of developing it. Furthermore,
physical consideration of the degrees of freedom is basic to the selection and under-
standing of control schemes for separation processes. For that reason control
systems are included in diagrams and process descriptions for examples in this book.
The number of variables left to be specified after construction of the equipment is the
number to be controlled somehow.

A continuous steady-state flash process with preheating of the feed is shown in
Fig. 2-6. A liquid mixture (feed) receives heat (separating agent) from a steam heater
and then passes through a pressure-reduction, or expansion, valve into a drum in
which the phases are separated. Vapor and liquid products are withdrawn from the
drum and are close to equilibrium with each other. It is possible to eliminate eithec
the heater or the pressure-reduction valve from the process. In the scheme shown in
Fig. 2-6 the drum temperature is held constant by control of the steam rate, the drum
pressure controls the vapor-product drawoff. and the liquid product is on level
control. Several other control schemes are possible.

Design and construction ensure simple equilibrium between the gas and liquid
products, since we assume that there is adequate mixing in the feed line and adequate
phase disengagement in the drum. We can apply the description rule further and let
the control schemes set the pressure and temperature of the equilibrium. The level
control system holds the liquid level in the drum constant, thereby making steady-
state operation and satisfactory phase disengagement possible. The process will then
be fully specified if the feed composition and flow rate are established before the feed
comes to the process. Notice that the temperature and pressure of the feed to the
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Figure 2-6 Continuous equilibrium flash vaporization.

process do not affect the separation since they are both changed to the temperature
and pressure desired for the equilibrium.

For the problems to be considered in this chapter, we shall take the feed compo-
sition and flow rate to be specified in all cases, postulate simple equilibrium in all
cases, and keep the level control loop to hold steady-state operation. Two more
variables must be specified in order to define the process. In Fig. 2-6 these are the
pressure and temperature of the equilibrium, but in general these variables may be
any two of the group:

T = temperature
P = pressure
V/F = fraction vaporization
v;/ f; = fraction vaporization for component i
H = total product enthalpy (as in adiabatic flash where heater is absent)

We shall consider problems where various pairs of these variables are specified.

Algebraic Approaches

An algebraic approach to the complete analysis of a separation generally involves the
use of K’s or o’s to relate product compositions. We shall develop the appropriate
equations and discuss solution procedures in terms of an equilibrium vaporization or
flash process; however, the equations will be general to all simple continuous-flow
equilibrium separations for which K’s and «’s can be determined.
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Referring to Fig. 2-6, we can write the following mass balance for any component
in the continuous equilibrium flash vaporization

.'(,-L + V; V= s F (2'9)

L, V, and F refer to the total molal flows of liquid product, vapor product, and feed,
respectively, and x;, y;. and z; are mole fractions of component i. An overall mass
balance gives

L+V=F (2-10)
The product equilibrium expression for any component is
yi= Kix; (2-11)

Binary systems If T and P are specified, K, and K, are known, providing they are
not also functions of composition. Eq. (2-11) can be written once for each compo-
nent, with 1 — y, substituted for y, and with 1 — x, substituted for x,. These two
equations can be solved simultaneously to give

1 - K,
Xy = ‘KI——_-IK_; (2']2)
Kl = 1
= 2-
and X, K. — K, (2-13)

Values of y, and y, can then be obtained through Eq. (2-11). The fraction vaporiza-
tion can be obtained from simultaneous solution of Egs. (2-9) to (2-11) with the same
substitutions of 1 — y, and 1 — x, for y, and x,, respectively, to give, after some
algebraic manipulation,

Vv oz 5
F 1-K, K,-1 2-1)
(Lockhart and McHenry, 1958). o e /.
2 U V
Ko™ X '
Multicomponent systems Substituting Egs. (2-10) and (2-11) into Eq. (2-9), we have
I/l "XI'L + K,-J(,- V = :t(V + L) y é !] 4 / I./‘ = (2‘15)
which can be rearranged to give ¥ 5, < fucd 0 )
1+ V/L Fom T oo 3
XI- = :"—_""—'_ Jhi . * 2'16
[+ (K.V/L) A
Substituting for x; instead of y; gives ;i L
K v /
|4
Jat (2-17)

VS S KV
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If f;. I;, and v; denote the moles of component i in the feed, liquid product, and vapor
product (z; F. x; L. and y; V, respectively), we can rearrange Egs. (2-16) and (2-17) to
read

- _'l:i_ 2
! 1 + (K;V/L) 18)
¥ —_,.;_l.;_____
and bi =1 (LK, V) (2-19)

The factor K; V/L,common in the analysis of vapor-liquid separation processes,
is known as the stripping factor for component i, since when this factor is large,
component i tends to concentrate in the vapor phase and thus be stripped out of the
liquid phase. For similar reasons the inverse factor L/K; V is called the absorption
factor for component i, since when this factor is large, component i tends to be
absorbed more into the liquid phase.

The form of Egs. (2-16) to (2-19) is such that an iterative solution is needed for
most pairs of specified variables if more than two components are present. Criteria
for selecting functions and convergence procedures are reviewed in Appendix A and
illustrated in the following examples. When there is a choice of trial variables to be
used, it generally is desirable to assume trial values for those variables to which the
process is not particularly sensitive. For example, one can often make effective use of
the fact that ;; in a vapor-liquid system is usually insensitive to changes in pressure
and, to a lesser extent, to changes in temperature. Thus the value assumed for Por T
will have little effect on x;; in a solution scheme. K; P is usually insensitive to total
pressure in a vapor-liquid process. In a liquid-liquid or liquid-solid process K; is
usually insensitive to pressure. These facts are also useful. As a result, for instance, it
is almost always desirable to assume the pressure at an early point in a trial-and-
error solution if it has not already been specified in the problem statement.

Although the cases where P and T are specified and where H and P are specified
are the most common, we shall also consider cases where other pairs of variables are
specified in an equilibrium flash-vaporization process.

In any calculation of a simple-equilibrium separation process it is usually desir-
able to check first to make sure that two phases are present at equilibrium, using the
procedure presented earlier for checking phase conditions.

Case 1: T and v,/f; of one component specified This situation corresponds to fixed
recovery of a particular component in a flash operating at a temperature that is set,
for example, by the maximum steam temperature. One can take advantage of the fact
that the relative volatility between any two components in a multicomponent mix-
ture at fixed temperature is frequently highly insensitive to total pressure. Trial and
error can usually be avoided altogether in the following way.
Equation (2-19) can be rearranged to give
L _J

Fc NN L, | 2-20
K.V v eell}
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If we write Eq. (2-20) for components i and j and take the ratio, we get
_Ki_(im) -1

A = R: = /o) =1 (2-21)
and therefore
) ;

If T is known, a;; is known for any pair (assuming it to be independent of pressure
and composition). Since f; /v; is also known, it is possible to compute f; /v; for all other
components by repeated use of Eq. (2-22). This procedure provides a complete solu-
tion except for the total pressure, which can be obtained directly from the known
liquid composition. If the values of a;; are dependent upon pressure or composition,
an iteration loop can be included as before, but it should be rapidly convergent when
there is weak dependence of a;; on these variables.

Example 2-4 A hydrocarbon mixture containing 20 mol °, n-butane. 50 mol ", n-pentane, and 30
mol °, n-hexane is fed at a rate of 200 Ib mol/h to a continuous steady-state flash vaporization giving
product equilibrium at 250°F. Ninety percent of the hexane is to be recovered in the liquid. Calculate
the vapor flow rate and composition and the required pressure.

SOLUTION In order to obtain values of %;; it is necessary to assume a pressure. but we shall find that
the calculation converges rapidly because of the insensitivity of a;; to pressure. At 250°F and 10 atm
from Fig 2-2, Kgz=187 K,=094, K, =048 Therefore xg,=390. and x5, = 196.
Sy ey = 100°,/10°, = 10.

Silv;= yi= X=
f; %y (9{!1-“) + 1 v; v,/ V (fj - uj)ﬂ‘
Butane 40 390 3.30 12.1 0.336 0.170
Pentane 100 1.96 5.59 179  0.497 0.501
Hexane 60 1.00 10.00 60 0.167 0.329
= 360 1.000 1.000
L =1640

Next it is necessary to check the assumed pressure through ZK, x, = 1.000. Taking K, P to be
independent of pressure, we have

%) [(1.87)(0.170) + (0.94)(0.501) + (0.48)(0.329)] = 1.000

10(0947) = P and P =947 atm

Using this pressure to determine a4, for each component would give the same values of «; hence no
second trial is needed. This procedure would have been effective even if P had turned out to be
substantially different from 10 atm, for the relative volatilities at 250°F are essentially constant up to
pressures above 30 atm. One must approach the critical pressure before a;; becomes sensitive to
pressure. O
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Case 2: P and T specified This situation corresponds to the process shown in
Fig. 2-6; V/L and the product compositions are unknown. The values of K; for each
component are known if they are not functions of composition or if they have been
computed using phase compositions from the previous trial.

Various check functions and convergence procedures have been used for solving
this problem, but analysis of desirable function properties, by the criteria indicated in
Appendix A, has led to a form of function obtained by specifying that £y; — Zx;
(=1—1)=0 (Rachford and Rice, 1952). If we use Eq. (2-10) to eliminate L from
Eq. (2-16) [or from a combination of Egs. (2-9) and (2-11)], we obtain

-
=1

K V) + ==

Applying Eq. (2-11) to Eq. (2-23) yields
Kz

Yo=K = )V/F) + 1 (2:24)
Applying the criterion that £y, — Zx; = 0 yields a convergence function
V ZE(K,- - 1) _
f(F‘)_Z.-: (K; — 1)(V/F) + 1 =0 e

The iterative calculation involves assuming values of V/F and applying a conver-
gence procedure until a value of V/F is found such that f(V/F) = 0. The section on
choosing f(x) in Appendix A shows the advantages of the function given in
Eq. (2-25) to be that it has no spurious roots, maxima, or minima; that the iteration
variable V/F is bounded between 0 and 1; and that the function is relatively linear in
V/F.

In calculating any equilibrium separation it is useful to ascertain first that the
specifications of the problem do correspond to there being two phases present. This
can be done with Eq. (2-25) by checking that f(V/F) is positive at V/F =0 and
negative at V/F = 1. If f(V/F) is negative at V/F = 0, the system is subcooled liquid.
If f(V/F) is positive at V/F = 1, the system is superheated vapor.

Example 2-5 The feed of Example 2-4 is fed to an equilibrium-flash vaporization yielding products
at 10 atm and 270°F. Find the product compositions and flow rates.

SorLuTion First we shall check that two phases are indeed present by calculating f(V/F)at V/F =0

and 1:
VIF=0 ViIF=1
K; zZ; z(K;—1) Denom. Num./denom. Denom. Num./denom.
Butane  2.13 0.200 0.2260 1 0.2260 2.130 0.1061
Pentane 1.10 0.500 0.0500 1 0.0500 1.100 0.0455
Hexane 059 0300 —0.1230 1 -0.1230 0.590 —0.2085
+0.1530 —0.0569
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The function at ¥/F = 0 is positive (+0.1530) and at V/F = 1 is negative (—0.0569), so both vapor
and liquid are present at equilibrium.

As a next trial we shall assume V/F = 0.5, although it would also be defensible to take a linear
interpolation between the results at V/F = 0 and 1, giving V/F = 0.1530/(0.1530 + 0.0569) = 0.73. At

V/F =0.5:
(K, - 1) Denom. Num./denom.
Butane 0.2260 1.565 0.1444
Pentane 0.0500 1.050 0.0476
Hexane -0.1230 0.795 —0.1547

+0.0373

If we select the regula falsi method for convergence (Appendix A), we take a linear interpolation
between the most closely bounding values giving positive and negative values of f(V/F), namely, the
results for V/F = 0.5 and 1:

1a), = (LR e v

00373
=05+ (0.5) —. — 0.698
+03) 55373 + 00569

(2-26)

(K, - 1) Denom. Num./denom.

Butane 0.2260 1.7887 0.1263
Pentane 0.0500 1.0698 0.0467
Hexane -0.1230 0.7138 —-0.1723

+0.0007

This is very close to the correct result, which we can estimate to a very high accuracy using the regula
falsi method once again:

% 0.0007
-~ = 0698 + (1 — 0.698) - = 0.702
F 0.0007 + 0.0569

The equilibrium phase compositions can now be obtained by using this value of V/F in Eqgs. (2-23)
and (2-24):

'\'f y ]

Butane 0.112 0.238
Pentane 0.467 0514
Hexane 0.421 0.248

1000  1.000

O

In Example 2-5 the number of significant figures carried is greater than is war-
ranted by the precision of the K; values, but this was done to illustrate the conver-
gence properties and speed of convergence better.
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Figure 2-7 Convergence characteris-
v tics of Eq. (2-25) for problem of
F Example 2-5 (Rachford-Rice form).

The regula falsi method used in Example 2-5 is by no means the only conver-
gence method that could be used. A common approach is to use the Newton method
[Eq. (A-5)], which requires the derivative of the function, given by

(Y z(K; — 1)
f (F) = LK - VP + 1P

The rapid convergence of Eq. (2-25) results from its near linearity, shown in
Fig. 2-7; consequently, nearly any convergence method will lead quickly to the
answer.

Barnés and Flores (1976) have shown that a logarithmic form of Eq. (2-25) is
even more nearly linear and rapidly converging, just as the logarithmic form is more
nearly linear for bubble- and dew-point calculations. The resultant function is ob-
tained by combining Eqgs. (2-23) and (2-24) to give In (Zy;/Zx;) = 0:

z K;z;
oY)~ L E AT _
F Z;

LK WA+

(2-27)

0 (2-28)
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If we use Eq. (2-28) as a convergence function for Example 2-5, the calculation
goes as follows:

VIF=05 V/F =1
¥i X Yi X
Eq. (2-24)  Eq.(2-23) Eq.(2-24) Eg.(2-23)
Butane 02722 0.1278 0.2000 0.0939
Pentane 0.5238 0.4762 0.5000 0.4545
Hexane 0.2226 0.3774 0.3000 0.5085
1.0186 09814 1.0000 1.0569
1.0186 1.0000
G(V/F): In +0.0372 1 = -00
(VIF) 09814~ T0¢ " 10569 23
If we apply the regula falsi convergence method to find a new value of V/F, we obtain
4 0.0372
- =0.500 + (1 — 0.500) — - — = 0.701

F 0.0372 + 0.0553

The computed value of 0.701 is closer to the converged value of 0.702 than is the
value of 0.698 obtained using f(V/F) in Example 2-5.

The faster convergence of G(V/F) per iteration is offset by the greater amount of
calculation per iteration, since it is necessary to obtain the logarithm.

Equation (2-28) is similar to Eq. (2-25) in that G(V/F) must be positive at
V/F = 0 and negative at V/F = 1 in order for two phases to be present.

It is instructive to compare the convergence properties of Egs. (2-25) and (2-28)
with those of other functionalities which could logically be used. For example, one
approach is to assume V/L, compute all [; from Eq. (2-18), sum the [; to get L,
compute V as F — L, and compare the resultant L/V with the assumed value. One
problem with this is that L/V is not a bounded trial variable, and the calculation can
be sent off to quite large values of V/L. This can be remedied by changing to V/F as
the trial variable, since V/F must lie between 0 and 1. Substituting F — V for Lin the
procedure just described, we obtain

oe)=1- 2 rmwmaom = (7., @

where i refers to the trial number and j to the component. Eq. (2-29) has the form of a
direct-substitution convergence method [Eq. (A-2)] and does satisfy the criterion
that d¢(V/F)/d(V/F) at the solution be less than 1 so that the calculation will con-
verge to the desired answer rather than to the spurious roots at V/F =0 and 1.
However, convergence is often very slow. ¢(V/F) is plotted in Fig. 2-8 for the prob-
lem of Example 2-5. By comparison with Fig. A-1 one can see that the convergence
would be extremely slow.
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Since the direct-substitution approach is sure but slow for flash calculations with
P and T specified, the Wegstein acceleration for direct-substitution convergence
(Lapidus, 1962) should be effective and very often is.

For other convergence methods we want an equation of the form

f(x)=0 (A-1)
Equation (2-29) put in this form becomes
MNeg ¥ 1 ) _ 2
/ (F) =1=F°F Z L+ {K(V/F)[1 = (V/F)]} : &-20)

Equation (2-30) is shown schematically as the solid curve in Fig. 2-9. Two spurious
roots exist, and there are both a maximum and a minimum. These features hamper
most convergence procedures; e.g., the Newton method is divergent unless the initial
estimate of V/F lies between the maximum and the minimum. The Newton method
can also get into a loop, shown by the dashed lines in Fig. 2-9, where the computation
will cycle without convergence.

Rohl and Sudall (1967) have compared the efficiency of nine different conver-
gence methods for solving equilibrium flash vaporizations of three different feed
mixtures. They concluded that the third-order Richmond method and the second-
order Newton method [Eq. (A-5)], both applied to the Rachford-Rice form of f(V/F)
as given by Eq. (2-25), were most efficient in terms of minimum computation time.
The Richmond iteration formula is

- 2f(xi)[df[x)/dx]x=x;
2[df (x)dx]i - — f (x)[d’f (x)/dx?]c=,

Xiv1 = X (2-31)
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The Wegstein accelerated direct-substitution method applied to Eq. (2-29) is nearly
as efficient and can become more efficient than the other methods when the number
of components is large. It was found necessary to restrict the movement of V/F
between iterations during the early iterations of all three of the methods, in order to
prevent the generation of a value of V/F outside the range 0 to 1 during the course of
the convergence. Equation (2-28) was not considered in their study.

Case 3: P and V /F specified In this case the values of K; are not known. Equations
(2-25)and (2-28) can be used as functions of T, rather than V/F, with T restricted to the
range between the bubble point and the dew point of the feed. Barnés and Flores
(1976) and others have found rapid convergence for this case.

Case 4: P and v,/f; of one component specified Grens (1967) has shown that an
equation similar to Eq. (2-25) but involving v,/ f; is

f( ) Z (K= f(K)(x,/;l))+K

Here r refers to the component for which the split is specified. The values of K; are
unknown and depend on temperature. f(v,/f,) has convergence characteristics vs.
temperature which are quite good and usually lead to convergence as rapid as that
obtained for Eq. (2-25) with V/F specified.

An alternative approach for a hand calculation is equivalent to the inner loop of
the hand-calculation method in the next case.

(2-32)

Case 5: P and product enthalpy specified Our presumption so far has been that our
equilibrium flash vaporization will be equipped with a steam preheater and expan-
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sion valve which will enable us to specify any two of the parameters T, P, V/L, or f/v;
without regard to an overall enthalpy balance. The enthalpy difference is made up by
heat input from the steam, and, conversely, an enthalpy balance can be used to
determine the steam requirement.

On the other hand, flash vaporizations are frequently carried out with no
preheater, and the separation is accomplished by forming vapor while throttling the
feed through a valve to a lower pressure. This gives an isenthalpic flash in which the
total product enthalpy must equal the total feed enthalpy. Only one additional
variable can now be specified independently (the temperature-control loop has been
removed in the application of the description rule). We shall consider the most
common case, where P is the additional variable specified.

Two approaches will be presented here. One is suitable for hand calculations in
cases where a;; is insensitive to temperature, where equilibrium and enthalpy data are
obtained graphically, and where the mixture is sufficiently wide-boiling. The other is
more general and suitable for computer implementation for more complex problems.

For simple systems, e.g., hydrocarbons at low to moderate pressures, enthalpies
of individual components can be obtained graphically from a source such as Maxwell
(1950) and may be considered to be additive. For more general purposes, the alge-
braic methods based upon correlations and thermodynamic analyses given by Reid
et al. (1977) can be used. This includes the enthalpy-departure functions of Yen and
Alexander (1965). Holland (1975) presents a method utilizing * virtual” values of
partial molal enthalpies to obtain the enthalpy of a mixture.

In general the analysis of an isenthalpic flash with pressure specified requires
convergence of two trial variables. For a;; insensitive to temperature iteration on the
second trial variable can be avoided, however, by incorporating a procedure analo-
gous to that presented already for a flash with T and v; /f; of one component specified
(Example 2-4). We first assume v; /f; for a central reference component, given sub-
script R. Values of v;/f; for all other components are calculated from vg /fgx by
Eq. (2-22). The v; are then summed to give V. From V/F and vg/fz we obtain Ky,
which can be converted into T if graphical equilibrium data are available and if Ky is
a function of T only. This value of T was determined solely from equilibrium con-
siderations and hence can be checked independently by an overall enthalpy balance.
We then iterate upon vy /f until the enthalpy balance converges. Example 2-6 illus-
trates this method.

Example 246 Bubble-point liquid feed containing 30°; n-butane, 40°, n-pentane, and 30°, n-hexane
is available at 300°F, 17.5 atm total pressure, and 100 Ib mol/h. The mixture is throttled adiabatically
to give equilibrium vapor-liquid products at 7.0 atm (88 Ib/in? gauge). Find the product temperature
and the vapor-liquid component split.

SoLutioN The product temperature will be less than the feed temperature because of the consump-

tion of latent heat in forming vapor. A rough enthalpy balance can be made from the enthalpy data
presented in Fig. 2-10. If half the material is vaporized (weight basis),

F
FC,(300 — T) = - AH,
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Figure 2-10 Enthalpies of hydrocarbons: (a) n-butane, (b) n-pentane, (c) n-hexane. ( Data from Maxwell,
1950.)
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where C, is an average heat capacity and AH, is an average latent heat of vaporization: C,, is about
0.65 Btu/lb-°F, and AH, is about 130 Btu/lb. Hence T is roughly

(0.5)(130)

300 — " = 200°F
(0.65)

(This is not the only way to generate a first estimate of temperature. Another way is to make bubble-
and dew-point calculations for the feed and calculate liquid and vapor enthalpies, respectively, at
those two temperatures. One can then make a linear interpolation between these temperatures and
enthalpies to obtain the temperature corresponding to the feed enthalpy.) At 200°F, from Fig. 2-2,

0.57 0.57

The feed enthalpy is computed by extrapolation as follows (M; = molecular weight of compo-
nent i):

M, f  hyo.Btullb M, fh, Btuh

Butane 58 30 310 540,000

Pentane 72 40 288 829.000

Hexane 86 30 276 712,500
2.081.000 = hyF

Trial 1 Assume 15 /fp = 0.500, fo/vp — 1 = 1.00.

Component /i Sl v,
Butane 30 1.45 20.7
Pentane 40 200 20.0
Hexane 30 315 :3_5_
V=502

ve L (20.0)(49.8)

Ke=——=2"""""1-099
FT RV (200§(50.2)

Following the ideal-gas law, Kp of 0.99 at 7.0 atm corresponds to a temperature where
Kp = 0.99(7/10) = 0.69 at 10 atm. From Fig. 2-2, K of 0.69 at 10 atm corresponds to T = 217°F.

The indicated total product enthalpy is found as follows. Specific enthalpies are denoted H; and
h, for vapor and liquid. respectively.

M;  Component ¢ l; Hjze Ry HMpuy;x100 KMl x1072
58 Butane 20.7 93 359 238 431 128
72 Pentane 20.0 20.0 351 227 505 327
86 Hexane 9.5 20.5 350 218 286 384
VH, = 1222 Lh, = 839

VH, + Lh, = 2061000 Buh .
UNIVERSITY OF MICHIGAN
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The indicated product enthalpy is less than the feed enthalpy. If a higher vp/fp had been assumed, the
product enthalpy would have been greater. since the enthalpy increase due to the latent heat of

vaporization outweighs any sensible heat effect. The temperature is close enough to 200°F for the
same values of x;; to be used.

Trial 2 Assume vp/fp = 0.600, fo/vp — 1 = 0.667.

Component f; filv; r;
Butane 30 1.30 23.1
Pentane 40 1.67 240
Hexane 30 243 124
100 59.5

KTl NMOKDD) _ op
bV (160)(59.5)

Kp of 1.02 at 7 atm corresponds to Kp = 0.71 at 10 atm: hence T from Fig. 2-2 = 220°F.

M, Component r, l, H, 0 ha0 HMpr,x100° hMIx10?

58 Butane 23.1 69 360 240 482 96

72 Pentane 240 160 352 229 608 264

8  Hexane 124 176 351 220 374 33
VH, = 146 Lk, = 693

VH, + Lh, = 2.157.000 Btu/h

vp/fp was increased by too great an amount in trial 2. A better value could have been obtained by a

rough prior enthalpy balance. Since the feed enthalpy lies 20/96 = 21°, of the way between the

product enthalpies from trials 1 and 2. the results can be obtained by linear interpolation. This

procedure can be easily accomplished algebraically but is also shown graphically in Fig. 2-11.
The final conditions are:

Component r, §

Butane 212 8.8
Pentane 208 19.2
Hexane 10.2 19.8

V=52 L=478%

and T=21TF O

A more general approach, suitable for computer implementation, would involve
convergence of T and V/F using check functions based upon mass balances and an
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Figure 2-11 Interpolation of results for Example 2-6.

enthalpy balance. A well-behaved function based on mass balances is Eq. (2-25), as
used for the flash where T and P are specified:

(V zi{K; — 1) _
e 7)=2 & nmm e =°
Another well-behaved function for the enthalpy balance can be obtained if the pro-

duct enthalpies are expressed as (V/F)ZH;y; and [1 — (V/F)]Zh; x;, with y; and x;
coming from Egs. (2-24) and (2-23) (Barnés and Flores, 1976; Hanson, 1977):

(2-33)

g("; T) = {2: TV (ES

Here the values of H; and h; are specific enthalpies of individual components,
considered additive, or more generally partial molar enthalpies. Some enthalpy-
prediction methods give specific enthalpies of the entire mixture, the properties of
individual components having been blended via mixing rules at an early point in the
prediction process. Such is the case for vapor-enthalpy prediction methods recom-
mended by Reid et al. (1977). In that case Eq. (2-34) can be modified to

G(—; T)= {Z e [)‘(Z‘V/FH : IK,.H;; +h,_(1 —;)“——h; (2-35)

KiH;; + h,.{l - ;)]} —he  (2-34)
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where H, and h, are the specific enthalpies of the vapor and liquid mixtures,
respectively.

When both check functions are substantially influenced by both independent
variables, the best convergence procedure is the multivariate Newton method, which
for two variables is described by Egs. (A-6) to (A-10). This requires values of the four
partial derivatives, for which analytical expressions can be obtained as follows
(Hanson, 1977; Barnés and Flores, 1976):

of z(Ki — 1)

ﬁ(V/F) ~L (K = )V + 1T (2-36)
2 dK,

7= =T T T (237)

e (2-38)

P(V/F) Z [(K: = 1)(V/F) + 1]?
ﬁ_z (K, — 1)(V/F)+l

[(V/F)(1 = V/F)(H; — h,-)dK VdH
(K; = 1)(V/F)+1 dT LF dT

V\dh,
=% ﬁ‘ (2-39)

Equation (2-36) is, of course, a simple extension of Eq. (2-27). The terms dH, /dT and
dh; /dT in Eq. (2-39) are equivalent to vapor and liquid heat capacities. For the case
where G [Eq. (2-35)] is used as a check function rather than g, the expression for
6G/@T is the same as Eq. (2-39), with H, and h, substituted for H; and h;,
respectively.

Sometimes solutions of equation sets using the multivariate Newton conver-
gence method suffer from stability problems if the initial estimates are well removed
from the correct values; however, for isenthalpic flash calculations the near linearity
of Egs. (2-33) and (2-34) or (2-35) appears to make the multivariate Newton method
highly stable and rapidly convergent in at least the large majority of cases (Hanson,
1977).

The multivariate Newton convergence method does require the calculation of
four partial derivatives per iteration, either analytically by Egs. (2-36) to (2-39) or by
making calculations at incrementally different values of one of the variables. In many
cases the physical nature of the problem is such that some of the partial derivatives
are necessarily small; i.e., a variable has only a small effect on a check function. As
developed further in Appendix A, one can then save computational time by partition-
ing the convergence, or pairing check functions with trial variables on a one-to-one
basis. This is equivalent to ignoring the partial derivatives of a function with respect
to the variable(s) with which it is not paired. There are two ways of doing this,
sequential and paired simultaneous-convergence methods.

The question of which variable to pair with which equation can be viewed in the
sense of pairing each variable with that equation which physically has the greater
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effect in determining the value of that variable. Friday and Smitht give a lucid
description of this viewpoint:

Consider two extreme types of feed mixtures, close boiling and wide boiling, each of which is fed to
an adiabatic flash stage which produces vapor and liquid product streams from a completely
specified feed. For simplicity let the close boiling feed be the limiting case, a pure component. For
such a feed the stage temperature is the boiling point of the particular component at the specified
pressure. A change in the feed enthalpy will change the phase [flow] rates but not the stage tempera-
ture. Obviously the energy balances should be used to calculate V and L while the [summation-of-
mole-fraction] equations are satisfied by a bubble or dew point calculation (trivial in this extreme
case)....

Now let the wide boiling material be a mixture of two components, one very volatile and the
other quite nonvolatile. For such a feed the amounts of each phase leaving the stage are almost
completely determined by the distribution coefficients [i.e., the K ]. Over a wide temperature range
the volatile component will leave predominantly in the vapor, while the heavy component leaves
predominantly in the liquid phase. Additional enthalpy in the feed will raise the stage temperature
but have little effect on the V and L rates. Obviously in this case the energy balance equation should
be used to calculate the stage temperature.

The enthalpy balance is relatively more dependent upon T as opposed to V/F for
a wide-boiling flash than for a close-boiling flash. This follows since the enthalpy
balance is primarily influenced by latent heats of vaporization (and hence V/F, the
degree of vaporization) for a close-boiling flash where the temperature cannot vary
greatly. In a wide-boiling flash the V/F cannot vary widely, and the latent heat effect
cannot vary much as a result, but the wide range of possible temperatures gives a
substantial variable sensible-heat effect. These factors again point to pairing f with
V/F and g or G with T in a wide-boiling flash and to pairing f with T and g or G
with V/F for a close-boiling flash.

Figure 2-12 shows convergence schemes for the pairings associated with a wide-
boiling flash. In the sequential scheme the inner loop, pairing f with V/F, is converged
fully for each assumed value of the outer-loop variable T. The paired simultaneous
scheme is obtained by introducing the dashed line while removing the one solid line
that is labeled “sequential scheme.” The paired simultaneous scheme is analogous to
the multivariate Newton scheme (also simultaneous), except that the pairing means
that not all the partial derivatives are taken into account. In most cases the paired
simultaneous scheme will converge more rapidly than the sequential scheme because
it is not necessary to converge the inner loop for each value of the outer-loop
variable. However, if the paired simultaneous scheme proves unstable, the sequential
method should give better stability. For the nearly linear functions considered here,
this should be a problem only rarely.

Figure 2-13 shows convergence schemes for the pairing suited to a close-boiling
flash. Entirely analogous reasoning applies in comparing the sequential and paired
simultaneous versions.

The blocks marked “ convergence ™ in Figs. 2-12 and 2-13 can contain any of the
accepted convergence methods, first-order and Newton methods being most

t From Friday and Smith (1964, pp. 701-702); used by permission.
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Choose T,
| f T loop
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Choose (F)“
T f v
Compute — loop
Vv F
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[Eq. (2_25)] scheme
Convergence
|
I
|
Paired
Compute g(7) _) simultancous
= Eq.(2-34) i i scheme
No
Convergence

Yes

END

Figure 2-12 Convergence scheme for a wide-boiling adiabatic flash.

common. The ordering of the loops in the sequential schemes is important, however.
First, it is desirable to have in the inner loop a trial variable whose converged value is
insensitive to the prevailing value of the outer-loop trial variable. This means that the
converged value from the previous convergence of the inner loop will be an excellent
initial estimate for the next convergence of the inner loop. For a wide-boiling flash
the converged V/F is insensitive to the prevailing value of T, following the logic
presented by Friday and Smith, above. Similarly, for a close-boiling flash the con-
verged T is insensitive to the prevailing value of V/F. A second reason for having the
enthalpy balances in the outer loops is that they can then be based upon values of y;
and x; which add to unity, giving the enthalpy balances greater physical meaning.
Seader (1978) has found that the paired convergence schemes give rapid and
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Figure 2-13 Convergence scheme for a close-boiling adiabatic flash.

effective convergence for isenthalpic flashes over a very wide range of conditions.
One or the other pairing seems always to converge well, suggesting that the ranges of
effective convergence for each pairing overlap.

Case 6: Highly nonideal mixtures The procedures outlined so far for algebraic solu-
tion of simple equilibrium processes assume that K; is not a function of phase com-
positions or that the dependence of K; upon phase compositions is weak enough to
make it satisfactory to use compositions from the previous iteration to obtain values
of K; for the ensuing iteration. In cases where values of y; and x; from the previous
iteration do not add to unity, one would normalize them as x; /Zx; and y; /Zy; before
computing activity coefficients.
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When K; values do depend strongly upon composition, it is advisable to con-
verge K,'s and composition variables simultaneously with other variables. This can
be accomplished by linearizing the equations and using a general multivariate
Newton convergence method (Appendix A). This would be a one-stage version of the
calculation method described in Chap. 10 and Appendix E for multistage separations
involving highly nonideal mixtures. Another approach is to converge K; values as an
innermost loop in a convergence scheme involving nested loops (see Fig. A-6);
Henley and Rosen (1969) give procedures for doing this. The nested-loop approach
often requires more computation time, but may give added initial stability to the
calculation. Henley and Rosen (1969) also present computational approaches for
simple-equilibration situations where a vapor phase and two immiscible liquid
phases can be formed.

Graphical Approaches

When phase-equilibrium data are presented graphically, it is possible to employ a
graphical solution for analysis of a simple equilibrium process, provided the system is
binary or ternary. Example 2-7 illustrates a graphical solution for a binary vapor-
liquid equilibrium process:

Example 2-7 100 mol/h of a liquid mixture of 40 mol °, acetone and 60 mol “, acetic acid 1s partially
vaporized continuously to form one-third vapor and two-thirds liquid on a molar basis Find the
resulting phase compositions.

Equilibrium data for acetone-acetic acid at 1 atm (data from Othmer, 1943)

Yicone | 005 010 020 030 040 050 060 070 080 090

¥ ecetone |0.162 0.306 0557 0725 0840 0912 0947 0969 0984 0993

SoLuTtioN The equilibrium data are plotted as the curve in Fig. 2-14. Equation (2-9), written as a mass
balance for acetone, has the property of being a straight line on a yx plot with a slope equal to —L/V
and an intersection at y, = x, = z, with the y, = x, line (shown dashed in Fig. 2-14). Therefore the line

labeled “ mass balance™ has a slope of —2 and an intersection with the y = x line at x, .., = 0.40.
The solution is the intersection of the mass-balance line with the equilibrium curve. gIVing v, .c;onc i
the vapor product = 0.67 and x,..,,. in the liquid product = 0.27. O

The lever rule If the separation process provides equilibrium between product phases
and the equilibrium data are available in graphical form, it is often convenient to
employ the lever rule. Basically, the application of the rule involves the graphical
performance of a mass balance. If the feed (plus separating agent. if it is a stream of
matter) contains a mole fraction x;; of a component and the products contain mole
fractions xp,; and xp,; in products P, and P, , respectively, we can write the following
mass balance for a continuous steady-state process like that shown in Fig. 2-15:

NeiF = Xpyi Py + Xp2i Py (2-40)

UNIVERSITY OF MICHIGAN




SIMPLE EQUILIBRIUM PROCESSES 91

Yacetone

Mass balance

0 0.5 1.0 Figure 2-14 Graphical solution of
X

“acelone Example 2-7.

F, P,, and P, represent the flow rates of the respective streams (mol/h). Since

F=P, + P, (2-41)
we can write
5 — Xpy — XF (2-42)
P, Xxp—Xpy
The quantities xp, — x; and xp — xp,; can often be measured graphically. By
Eq. (2-42), the ratio of the product flows is the inverse of the ratio of the lengths of the
lines connecting the feed mole fraction to the mole fractions of each of the products, in
order. This is known as the lever rule.
An example shows the application of this technique.

Example 2-8 Consider the crystallization process shown in Fig. 2-16. A liquid mixture of m- and
p-cresol at 30°C is cooled by refrigeration while flowing inside a pipe long enough (o provide
equilibrium between solid and liquid in slurry form. The resulting two-phase mixture is then filtered.
Assume that it is possible to separate solid and liquid phases completely in the filter.

Products

Feed + separating P,, mol/h
agent / Xpii -

F, mol/h r\ .
Xpi P;, mol/h

Xpai

Figure 2-15 Continuous separation process.
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Refrigerant out

I .

Mixed cresol I l 1
solution in Slurry Fil Liquid
15% m-cresol " | L
|
Refrigerant in Crystals
S

Figure 2-16 Continuous equilibrium crystallization process.

The feed rate is 1000 mol/h, containing 15 mol °, m-cresol, and the exit temperature is 6°C. The
pressure is 100 kPa. Find the compositions and flows of the product streams.

SoLuTiON The phase diagram for the m-cresol-p-cresol system was given in Fig. 1-25 and discussed
in Chap. 1. The phase diagram is reproduced in Fig. 2-17.

Applying the description rule to this process gives the variables set during construction and
operation:

1. Vessel size and flow configuration (complete product equilibrium)
2. Feed flow rate. temperature, composition, and pressure

3. Total pressure

4. Refrigerant temperature and flow rate

For the problem under consideration we replace the refrigerant temperature and flow by the single
variable of product temperature. These two variables can be replaced in this way because they both
influence only the product temperature.

The feed condition is shown by point 4 in Fig. 2-17. Cooling brings us to point B before crystal
nucleation can begin. The two equilibrium phases are obtained from the equilibrium isotherm at 6°C
as x, = 0 and x,,, = 0.375 (points C and D. respectively). M refers to m-cresol. S to solid.and L to
liquid. Distance CE can be measured as 0.15 and distance DE as 0.225. The lever rule can be applied
to give

§ x,—-x 0225

< e T T
L X — Xg 0.]5

where S/L is the molar ratio of solid and liquid product flows. Since § + L = 1000 mol/h, we have

S S/L 1.5
S§=——(L+3)= — — (L + §)= _—(1000) = 600 mol/h L = 400 mol/h a
L+S( ) 1+(S,r‘L){ ) 2.5( )

The term “lever rule™ follows from the similarity to the analysis of a simple
physical lever. The lever in Fig. 2-17 is line CD, and the fulcrum is point E. The ratio
of the quantities of the two phases is inversely proportional to the ratio of the lengths
of the respective arms of the lever.

In this case the product compositions were known before it was necessary to
employ the mass balance, and the mass balance easily could have been performed
algebraically. The power of the lever rule is clearer in problems like Examples 2-9
and 2-10, where a simultaneous solution of all relationships is required.
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40 T T | p— | T T T 1
30 A ]
Solution
20 - -
Solid
LE compound
+
solution
10
L SR L. S Solid
Solid p-cresol compound
+ +_ —————— _}_.
| ___soltion |/ _ solution Solid
= m-cresol _|
0 +
solution
Solid p-cresol + solid compound
Solid m-cresol
+
solid compound
10 ] | | ] | I 1 | |
0 20 40 60 80 100

m-Cresol. mole percent

Figure 2-17 Separation of m-cresol and p-cresol by partial freezing. ( Adapted from Chivate and Shah,
p- 237 ; used by permission.)

Systems with Two Conserved Quantities The solution of an isenthalpic equilibrium
flash vaporization of a binary system can be quite simply obtained by a graphical
technique. The approach can be generalized to any separation operation involving
two conserved quantities. In the case of an isenthalpic flash these quantities are mass
and enthalpy.

An extension of the lever rule can be made when more than one quantity is
conserved. Considering the case of the isenthalpic flash, we can again write the mass
balance for component A in the form of the lever rule [Eq. (2-42)]:

ya—za_L (2-43)

ZA_XJ‘ V
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An enthalpy balance can also be written
h L+ HyV=heF = hg(L + V) (2-44)

where h;, H,., and h; are the specific enthalpies of liquid product, vapor product,
and feed, respectively, referred to the same zero enthalpy. Equation (2-44) can readily
be rearranged to lever form:

Hy—he L
hF—hL-—V

Equating the left-hand sides of Eq. (2-43) and (2-45), we have the equation of a
straight line, which would relate hp to z, if y., xA, h,, and H, were fixed:

(2-45)

- Hy —h, Za + h ya — Hy X,
YA — Xa Ya — Xa
This line is shown in Fig. 2-18. Note that the line must pass through the points
(Hy, ya) and (h., x,). If a value of z, is now specified in addition to H, , h, , y,,and
XA, the flash can be solved completely; he is the point on the line of Fig. 2-18
corresponding to z,, and L/V is given by either Eq. (2-43) or (2-45) as
L 40 A0 8 (247)
V. AC AE AG
as shown in Fig. 2-19. All these ratios are equal, since triangles ADF and AGE are
similar, as are ABF and ACG.
Usually we do not have a situation where the products are specified and the feed
is unknown. When the feed is specified and the mass and enthalpy balances must be

(2-46)

Enthalpy

O S —————————————

-
ES
—

-

Figure 2-18 Graphical representation of
Composition Eq. (2-46).
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Figure 2-19 Graphical mass and en-
Composition thalpy balance.

solved in conjunction with the product-composition relationship, we reverse the
above procedure, as shown in Example 2-9.

Example 2-9 An enthalpy-vs.-concentration diagram for the system ethanol-water at 1 atm total
pressure is given in Fig. 2-20. A mixture containing 60 wt %, ethanol and 40 wt %, water is received
with an enthalpy of 973 kJ/kg at high pressure (referred to the same bases as Fig. 2-20) and is

T T T 1 T T T 1
2SWr—'
Saturated vapor
2000—
o
<
* 1500
-
[=9
|
£
©
W 00 e e
|
|
500t— |
--'--——__ I
Saturated liquid — i _ _
B Figure 2-20 Enthalpy-concentration dia-
0 05 =z o &am for the ethanol-water system at
' " 101.3 kPa (zero enthalpy = pure liquids at
Composition, wt fraction ethanol —17.8°C). ( Data from Perry et al., 1963.)
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I | | I I L |
100 —
Dew point
95 b
7.°C % ==
85 =
Bubble
point
30.—.-
| | ] :
0 0.5 10 Figure 2-21 Tyx diagram for the ethanol-
' ) water system at 1 atm. (Data from Perry
Composition. wt fraction ethanol et al., 1963.)

expanded adiabatically to a pressure of 101.3 k Pa. Find the product compositions and flow rates and
the flash temperature.

SoruTioN Equilibrium data for this system are shown in Fig. 2-21. We know the point representing
(he. z¢) on Fig. 2-20, and we know that the straight-line connecting (H, , y¢) and (h, , xg) must pass
through that point. Since we have an equilibrium flash, we know that the product composition,
enthalpies, and temperature must lie on the saturation curves of Figs. 2-20 and 2-21. By trial and
error we seek a y and x pair from Fig. 2-21 which will provide a straight line through the known
point on Fig. 2-20. The result is y; = 0.76, x; = 0.425, and T = 83°C. The product flow rates then
come from an application of the lever rule to either Fig. 2-20 or 2-21:
L 0.76-060

V=060 - 0425 = %! .

The preceding illustration was for conservation of mass of one component and of
enthalpy. There are, however, other situations to which this approach can be applied.
In a solvent extraction process analyzed on a triangular diagram we can replace the
enthalpy restriction with a mass balance on a second component. This is possible
since there are two independent composition parameters in a three-component
mixture.

Example 2-10 When 40 kg/min of water is added to 20 kg/min of a mixture containing 60 wt °,
vinyl acetate and 40 wt °; acetic acid in a mixer-settler unit like that shown in Fig. 1-20, equilibrium
is attained between the products at 25°C. If the operation is steady state and continuous, find the
composition and flow rates of the product streams.
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Figure 2-22 Single-stage extraction process. ( Adapted from Daniels and Alberty, 1961, p. 258 used by
permission.)

Sorumion Points 4 and B in Fig. 2-22 represent the two feed streams to the extraction process. By
the lever rule the point M (209, vinyl acetate, 66.7 %, water, two-thirds of the way between A and B,
since 40 kg of water was added to 20 kg of acetate-acetic acid mixture) represents the gross,
combined feed. The point M must also correspond to the gross product if the two products were
mixed together. This follows from an overall material balance, which requires no accumulation of
mass in a continuous, steady-state process. Thus point M must be related to the product composi-
tions by the lever rule. This implies that M must be collinear with the product compositions and
hence that M must lie on an equilibrium tie line. The appropriate tie line (dashed line) is placed by
interpolation from the given equilibrium tie lines (solid lines). The indicated product compositions
are 3%, water, 9%, acetic acid, 889 vinyl acetate (point C), and 587, vinyl acetate, 79.97, water,
14.3%, acetic acid (point D). By the lever rule, the ratio of product flows is

C MD 20-58

D MC 88-20

Hence, the vinyl acetate-rich product flow is (0.209/1.209)(60) = 10.4 kg/min, and the water-rich
product flow is 60 — 10.4 = 49.6 kg/min. a

= 0.209
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PROBLEMS

2-A, (a) Find the dew point, at 10 atm total pressure, of a gaseous mixture containing 10 mol °,
hydrogen, 40 mol °, n-butane, 30 mol °, n-pentane, and 20 mol °, n-hexane. The hydrogen is only very
slightly soluble in the liquid phase.

(b) Find the dew point of the above mixture at a total pressure of 8 atm.

2-B, Find the bubble-point temperature of a mixture containing 35 mol °, n-butane, 30 mol °, n-pentane,
and 35 mol % n-hexane at a total pressure of (@) 10 atm and (b) 8 atm.

2-C, Find thedew points of the following gas mixtures at 101.3 kPa abs, total pressure. Cite any references
you use:

(a) A gas mixture of 60 mol °, hydrogen chloride and 40 mol °, water vapor.

(h) A gas mixture of 50 mol °, hydrogen chloride, 20 mol °, nitrogen, and 30 mol °, water vapor.
2-D; From the equilibrium data shown in Fig. 2-23 for binary mixtures of hydrogen and methane one can
see that the relative volatility of hydrogen to methane ay, _,, is relatively high and that it increases with
decreasing temperature. One way of effecting a separation of hydrogen-methane mixtures is partial con-
densation at low temperature. Such an operation must be carried out at a temperature below the dew
point of the gas and at a high pressure. Suppose that a gas mixture containing 60 mol °;, hydrogen and 40
mol °, methane is available at 600 Ib/in? abs and will be cooled so as to form equilibrium vapor and
liquid products.

(a) Find the dew-point temperature of this gas mixture,

(h) Apply the description rule to this process. In addition to the feed variables and pressure. how
many variables concerning this separation process may be specified independently?

(c) If the gas mixture is cooled to a temperature of —250°F, what will be the amounts and composi-
tions of the resulting vapor and liquid phases?

(d) To what temperature must the mixture be cooled so as to provide a recovery v, /f, of at least 95
percent of the entering hydrogen in the vapor product at a purity of at least 95 mole percent? As a first
step, interpret this portion of the problem in terms of the description rule.
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Figure 2-23 Equilibrium ratios for the system hydrogen-methane. ( From Benham and Katz, 1957, p. 33;
used by permission.)

2-E, A liquid mixture of 30 mol benzene, 30 mol toluene, and 40 mol water initially at 70°C and 101.3 kPa
total pressure is heated slowly at a constant pressure of 101.3 kPa to 90°C. The vapor generated stays in
contact with the remaining liquid. Assuming equilibrium between phases at all times, estimate (a) the
temperature at which vaporization begins, (b) the composition of the first vapor, (c) the temperature at
which vaporization is complete, and (d) the composition of the last liquid. Note: Water is essentially
totally immiscible with benzene and toluene. Each liquid phase contributes to the total vapor pressure.
Over the temperature range involved. the vapor pressure of benzene is 2.60 times that of toluenc, and the
vapor pressure of water is 1.23 times that of toluene. Vapor pressure of water is:

T.°C l?OI?2lT4|76|78|80 L82184|86|38190

P..kPa I 312 | 340 | 369 | 40.1 ' 43.6 l 473 | 513 I 55.6 | 60.1 | 64.9 [?0.1

UNIVERSITY OF MICHIGAN



100 SEPARATION PROCESSES

2-F,t A mixture containing 45.1 mol %, propane, 18.3 mol % isobutane, and 36.6 mol %, n-butane is
flashed in a drum at 367 K and 2.41 MPa. Estimate the mole fraction of the original mixture vaporized at
equilibrium, and the compositions of the liquid and vapor phases. Equilibrium vaporization constants at
these conditions may be taken to be

K

Propane 1.42
Isobutane 0.86
n-Butane 0.72

2-G, The feed stream of Example 2-4 is fed to an equilibrium flash separation operated at 250°F with
V/L = 1.5. Find the total pressure, assuming that K, P is a constant as is predicted by the ideal-gas law.

2-H, Consider a continuous flash drum operating at a fixed temperature and pressure, controlled as
shown in Fig. 2-24, with the feed a mixture of ethane and hexane in fixed amounts of each. A leak of
nitrogen develops into the feed from some source. Will this occurrence cause the percent of the entering
hexane lost in the effluent vapor to be more. less. or the same? Explain your answer.

Pressure -
control Q'—
Feed [ Vapor

—\ Liquid

I

|
Steam e e é i

Temperature
control

Figure 2-24 Continuous flash drum.

2-1, Cumene (isopropylbenzene) is an important chemical intermediate used for the manufacture of
acetone and phenol; it is produced by the catalytic alkylation of benzene with propylene. A typical crude
yield from the catalytic reactor might be as shown in Table 2-1, first column. The high propane content
results from the use of a mixed C, feed stream. The products require separation, and in order to hold down
utilities consumption, a typical scheme would involve removal of the C,'s first, then separation of the
benzene for recycle, and finally removal of the heavies from the cumene product. The first of these steps

+ From Board of Registration for Professional Engineers, State of California, Examination in Chemi-
cal Engineering, November 1966; used by permission.
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Table 2-1 Data for Prob. 2-1

Vapor pressure, MPa

mol %, 37.8°C 65.6°C 93.3°C

Propane 40.0 1.30 2.36 395
Propylene 20 1.55 2.80 4.66
Benzene 270 0.0220 0.0630 0.147
Cumene 300 0.0013 0.0050 0.0162
Heavies 1.0

involves a separation across a relatively wide volatility gap; hence it might be possible to employ a simple
equilibrium flash-drum removal of the C,'s rather than bringing in a more expensive fractionator at this
point. Neglecting solution nonidealities and gas-law deviations and assuming the reactor effluent is flashed
to 241 kPa total pressure, evaluate the flash-drum proposal by finding the percentage loss of benzene and
cumene if 90 percent of the propane is to be removed in the flash operation. Vapor pressures are also
shown in Table 2-1.

2-J, Provethatthe lever rulefor two conserved properties is valid on an equilateral-triangular diagram for
three-component liquid-liquid separation processes.
2-K, (a) Indicate how the lever rule could be employed for graphical computation of a binary equilibrium
flash vaporization using a plot of y, vs. x, at equilibrium. Consider the case of a specified x,, in the liquid
product.

(b) Find the vapor composition and the vapor flow rate if 100 Ib mol/h of a solution of 50 mol °,
acetone and 50 mol °, acetic acid is continuously flashed under conditions to give a liquid product
containing 25 mol %, acetone at 1 atm total pressure. Equilibrium data may be taken from Example 2-7.

2-L, A mixture of 30 wt %, acetic acid and 70%, vinyl acetate is fed at 100 kg/h to a mixer-settler
contacting device along with 120 kg/h of water. Use the lever rule and the triangular diagram to ascertain
the fraction of the entering acetic acid extracted into the effluent water phase.

2-M; At what temperature must a mixture of 30 mol % gold and 70 mol %} platinum be equilibrated so as
to yield equal molar amounts of liquid and solid products? What is the resulting liquid composition? See
Fig. 1-27.

2-N,; Writea digital computer program suitable for solving Prob. 2B by an appropriate algorithm. Supply
vapor-liquid equilibrium data as polynomial expressions, curve-fitting the graphical data of Fig. 2-2.
Confirm the workability of the program.

2-0, Write a digital computer program suitable for solving Prob. 2F by an appropriate algorithm.
Confirm the workability of the program for Prob. 2F.

2-P, Write a digital computer program suitable for solving Example 2-6 by an appropriate algorithm.
Supply vapor-liquid equilibrium and enthalpy data as polynomial expressions, curve-fitting the graphical
data of Fig. 2-2 and 2-10. Confirm the workability of the program.

2-Q; A liquid mixture of 50 mol 9, ethanol and 50 mol ¢, water at elevated pressure and unknown
temperature is flashed isenthalpically to 101.3 kPa (1 atm) pressure. The product temperature is measured
to be 85°C. Find the specific enthalpy of the feed referred to the same bases as used in Fig. 2-20.

2-R, A liquid mixture containing 19.2 %, ethanol, 24.7 %, isopropanol, and 56.1 %, n-propanol, molar basis,
is flashed isenthalpically from 120°C and high pressure to a final equilibrium pressure of 56.1 kPa. Given
the following data, calculate the percentage vaporization, the final temperature and the product phase

compositions. Consider the heat capacities to be independent of temperature, as an approximation, and
assume ideal solutions. Assume enthalpies to be independent of pressure.
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Property Ethanol Isopropanol n-Propanol
Vapor pressure, kPa,
at 70°C 713 60.2 317
at 80°C 108.8 93.2 50.1
at 90°C 159.9 139.2 76.5
Normal bp, °C 78.3 82.3 972
Latent heat of 394 40.1 413
vaporization at
normal bp, kJ/mol
Liquid heat capacity, 162 219 216
J/mol -°C
Vapor heat capacity, 76.5 106 102
J/mol-°C

2-S; Most computer programs in use for solving flashes of feed streams adiabatically to a specified final
pressure use the algorithm shown in Fig. 2-12 or a slight modification of it. Assume that K, is a function of
T and P alone in the scheme. It has been found that programs of this sort are incapable of converging
upon a solution in the case of an isenthalpic flash of a single-component stream.

(a) Why can't this algorithm handle an isenthalpic flash of a single-component stream?

(b) How would you modify the algorithm so that it can?
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CHAPTER

THREE

ADDITIONAL FACTORS INFLUENCING
PRODUCT PURITIES

It is difficult to obtain complete thermodynamic equilibrium between products from
a continuous separation device or between immiscible contacting phases at any point
within a separating device. Similarly, a number of competing effects can influence the
product purities from a rate-governed separation process. Many factors can compli-
cate the situation; among them are

1. Incomplete mechanical separation of product phases
2. Flow configuration or mixing effects
3. Mass- and heat-transfer rate limitations

The purpose of this chapter is to develop a qualitative picture of how each of these
factors affects the behavior of a separation device and, for the first two, to give
quantitative methods which can be used for analysis and design of simple separation
devices.

INCOMPLETE MECHANICAL SEPARATION OF
THE PRODUCT PHASES

Entrainment

Even though equilibrium between the phases is reached in a separation device, an
incomplete mechanical separation of the product phases from each other will result
in a seeming lack of equilibrium between the products. This lack of complete separa-
tion of the phases is generally known as entrainment.
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Vapor
(benzene rich) -
Feed:
benzene +
toluene |

Steam

\ J

(toluene rich)

Figure 3-1 Partial vaporization of benzene-toluene mixture.

For example, consider the partial-vaporization process shown in Fig. 3-1. If the
separator drum is not oversized, it is possible that the velocity of the exit vapor will
be high enough to carry along droplets of liquid from the drum. If the vapor stream is
analyzed as a whole (vapor plus entrained liquid), it must of necessity lie closer in
composition to the liquid phase than the actual vapor (vapor without entrained
liquid) does. If we compare the apparent separation factor with the equilibrium
separation factor (relative volatility) ag; for the benzene-toluene separation

YB X7
am- et
Xg V1

we find that equilibrium vapor of composition yjg is mixed with liquid of composition
xg to give a stream of net composition yg, which must be intermediate between yg
and xg; thus yg/xg is less than yg/xg. Similarly, x;/y; is less than x; /y;. The
apparent separation factor oy will be

at equilibrium (3-1)

ahe =221 (3-2)
Xp Y1
Therefore, a general conclusion regarding entrainment is that the separation factor
o;; based on actual net product-stream compositions will be closer to 1.0 and thus
less favorable than the separation factor based upon complete mechanical separation
of product streams.

A system possessing a nearly infinite equilibrium separation factor is particularly
liable to reductions in apparent separation factor caused by entrainment. In the
desalination of seawater by evaporation to make pure water by condensing the
vapor, any entrainment of liquid droplets in the escaping vapor will serve to reduce
the apparent separation factor between water and salts from infinity to some finite
quantity.

Example 3-1 One process that has been considered for the concentration of fruit juices is known as
freeze-concentration. Selective removal of water from fruit juices is desirable to increase storage
stability and to reduce transportation costs. As is discussed further in Chap. 14, evaporation of juices
can cause volatile flavor and aroma components to be lost. In freeze-concentration this problem is
circumvented by removing water through partial freezing.
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Liquid
solution

—10
Ice
+
liquid solution
— IS -
—20
L 1 Figure 3-2 Phase di for apple jui
igure ase diagram for apple juice
9 2 9 o L e at different water contents. ( Data from
Solids. wt percent Heiss and Schachinger, 1951.)

Figure 3-2 shows an estimated solid-liquid phase diagram for apple juice of different water
contents. The dissolved solids in the juice are primarily the sugars levulose, sucrose, and dextrose. It
has been confirmed (Heiss and Schachinger, 1951) that the ice crystals formed contain negligible
impurities. Crystallization of sugars is kinetically impeded even when thermodynamically possible.

The dissolved solids content of natural apple juice is approximately 14 percent. Heiss and
Schachinger (1951) measured dissolved solids contents during partial freezing followed by centrifuga-
tion to remove as much of the juice concentrate as possible from the ice crystals. Their results for the
best freezing and centrifugation conditions indicate that when freeze-concentration is carried out so as
to reduce the product juice water content per kilogram of dissolved juice solids by a factor of 2,
the residual ice crystal mass will contain about 1.2 weight percent solids. Presumably this solids
content is entirely due to entrainment. (a) Calculate the weight of entrained concentrate per unit
weight of ice crystals, assuming that the entrained concentrate has the same composition as the
product concentrate. (b) The concentrate product is worth about $1.20 per kilogram to the producer,
based on proration of 1978 supermarket prices. Calculate the incremental processing cost caused by
the loss of dissolved solids if the residual ice mass is discarded.

SoLuTioN (a) The fresh juice contains 14 percent dissolved solids, or 14/86 = 0.163 kg dissolved
solids per kilogram of water. The concentrate has double the dissolved solids content, or 0.326 kg
dissolved solids per kilogram of water. The residual ice mass is composed of pure ice containing
no dissolved solids, along with concentrate. The ice is present in a proportion to make the overall
dissolved solids content equal to 1.2 percent by weight. If we take as a basis 1.00 kg H,O in the
entrained concentrate, we have

Entrained solids = 0.326 kg and Ice crystals = w, kg
0.326 12 solids

1326 +w, ~ total residual ice mass
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Solving. we have

entrained concentrate  1.326
=258k A —— — =—— =0051k
Wi=2o5ks ice crystals 25.8 ehke

(b) Keep the basis of 1.00 kg H,O in the entrained concentrate and denote the weight of H,O
in the product concentrate as w, kg. Then the dissolved solids in the concentrate product are
0.326w, kg. To find the amount of concentrate we use an overall mass balance to satisfy the dissolved
solids content of the initial juices

Solids in all products ~ solids in feed
Total weight of all products " total weight of feed

0326w, +0326 .
1.326w, + 25.8 + 1.326

w, = 248

Hence the amount of feed dissolved solids lost through entrainment is 1/(w, + 1) = 1/258 = 39
percent. The cost of this loss per kilogram of concentrate product is

0.039 kg loss
0.961 kg product

($1.20/kg loss) = $0.049/kg product

Since the total processing cost for concentrating apple juice will be of the order of 4 to 12 cents per
kilogram, this loss would be a substantial drawback for this process in comparison with other
approaches which entail less loss of dissolved solids.

The large economic detriment caused by entrainment in the case of fruit-juice concentration is
the result of an economic structure wherein the processing costs are small compared with the product
value. ]

Washing

A washing or leaching process is an example of a case where entrainment can
completely control the separation attainable. Consider a process, as shown in
Fig. 3-3, where a soluble substance is to be leached from finely divided solids (feed)
by contact with water (separating agent). A commercial example would be the re-
covery of soluble CuSO, from an insoluble calcined ore by water washing. The
CuSO, is highly soluble in water, while no other substance is appreciably soluble.
Thus the equilibrium separation factor between CuSO, and ore is essentially infinite.
On the other hand, the filter will not be able to provide a complete separation of the
liquid and solid phases because liquid will fill the pore spaces between solid particles
and will adhere to the particle surfaces. Thus a certain amount of liquid will remain
with the solids.

If the mixer has succeeded in bringing all liquid to uniform composition, one can
say that the concentration of solute in the exit water is equal to the concentration of
solute in the liquid retained by the solids. The percentage removal of solute is then
determined solely by the degree of dilution by water. Il the entering solids are dry, if
the filter retains 50 percent liquid by volume in the cake, and if the amount of water
fed is 10 volumes per volume of dry solids, it follows that 10 percent of the solution
will remain with the solids and hence 10 percent of the solute will not be removed.
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Wash water Filter

ﬁ Wash water containing CuSO,

L

Mixer

Washed ore

Figure 3-3 Ore-leaching process.

Example 3-2 What incentive is there for washing the residual ice mass after centrifugation in
Example 3-1?

SoLuTion In a washing step we could mix the ice bed thoroughly with water at a temperature such
that melting would not occur and then recentrifuge. In order to recover the dissolved solids which
enter the wash water we should recycle the wash water back to the feed point and reprocess it along
with the fresh juice, as shown in Fig. 3-4.

The amount of wash water can be freely set at any value we want. For a first calculation we can
set the rate of addition of wash water at a value such that the effluent wash will have the same solids

Product
concentrate | Wash water
329 1.00
(32.9) (Y]
Fresh juice Washed ice
59.0 (60) L F!'CCZiﬂg . Washing {2?. 1)
+ 4

Residual ice
27.1 (27.1)

o] centrifugation centrifugation

Recycle juice
1.00 (0)

Figure 34 Mass balance on freeze-concentration process with washing, where the dissolved-solids content
of recycle juice equals the dissolved-solids content of fresh juice. (Parentheses-without washing; no
parentheses-with washing.)

Original from
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content as fresh juice. This will amount to using W kg of wash water. on the same basis of 1.00 kg
H,O0 in the original entrained concentrate as used in Example 3-1. W is obtained from

3
0.14 = 232
s 1326 + W

Solving gives W = 1.00 kg. as could have been determined by realizing that the water content of the
concentrate had been reduced by half.

At this point we need to estimate how much of this leaner juice will be entrained following the
centrifugation after the wash. A convenient and reasonable approximation is that the weight of
entrained juice per weight of ice remains the same. Hence 1.326 kg of juice will again be entrained in
25.8 kg of ice crystals. The recycle rate of juice from the wash can be computed as

Recycle = entrained rich concentrate + wash water — entrained lean juice
= 1.326 + 1.000 — 1.326 = 1.000 kg

This recycle juice will have to be reprocessed. forming more ice, which entrains more concentrate.
Through the mass balance shown in Fig. 3-4, we find that the fresh juice feed to the process. for a
basis of 1.00 kg H,O in the first concentrate, is reduced from 60.0 kg without the wash to
60 x (60/61) = 59.0 kg with the wash.t The juice loss through entrainment in the washed crystals is
thus 1.326/59.0 = 2.2 percent of the fresh feed juice. The solids loss is proportional to the juice loss.
since the entrained juice and feed juice have the same solids content. Hence the loss of dissolved
solids is also 2.2 percent of the dissolved solids in the fresh feed.

The solids loss has been reduced from 3.9 percent of the feed solids to 2.2 percent of the feed
solids through washing. Hence the washing step is definitely of value, saving

0.022 0961

asf1 -, oo
0039 0.978

) = $0.020/kg

of concentrate product.

A wash-water rate of 1.00 kg per kilogram of water in the original entrained concentrate is
rather low. in actuality. A calculation for a wash-water flow of 5.00 kg per kilogram of water in the
original entrained concentrate follows.

H,0 in entrained concentrate = 1.00 kg Solids in entrained concentrate = 0.326 kg
Ice crystals = 25.8 kg (assuming same weight ratio of entrainment)

Wash water = 5.00 kg

Solids content of recycle juice and of liquid entrained in washed crystals

. R0 o 0.0515 wt fraction solids
1.326 + 5.00
Solids lost with washed crystals = 1.326(0.0515) = 0.0683 kg
Recycle juice =271 +500 - 27.1=500 kg
Let the fresh feed flow be F kg. Then

Solids in fresh feed = 0.14F Solids entering freezer = 0.14F + (0.0515)(5.00) = 0.14F + 0.258

t+ Because the amount of water in the entrained concentrate is the basis and the concentrate composi-
tion is held constant, the amount of ice formed in the freezer will remain constant. Since the recycle is of
the same composition as the fresh feed, the ratio of concentrate to ice will be unchanged, and hence the
total feed (recycle plus fresh feed) must be unchanged.
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Solids in concentrate product = solids in fresh feed — solids lost in the washed crystals
= 0.14F — 0.0683
The solids content of concentrate must be 0.326 kg per kilogram of water, and so

0.14F — 0.0683 0.326
F+50-27.1" 1326
Solving. we find
0.0683 .

= L l’d —— - — =10 n
F = 50.7 Solids loss (0.14)(507) |

The solids loss is cut in half by increasing the wash water by a factor of 5 per kilogram of ice product,
or by a factor of 5.8 per kilogram of fresh feed.

An even more efficient use of wash water can be made with a wash column, a fixed-bed process,
discussed later in this chapter. 0

Leakage

Nonseparating flow in a rate-governed separation process has the same effect as
entrainment in an equilibration separation process. For example, consider the
gaseous-diffusion process shown schematically in Fig. 1-28. As was established in
Chap. 1, this process depends upon the fact that Knudsen flow gives a molecular flux
of each component that is inversely proportional to its molecular weight [Eq. 1-19].
In order for Knudsen flow to prevail, the pressure must be low enough and the pore
size small enough for the mean free path of the molecules in the gas mixture to be
large compared with the pore size of the barrier. Viscous flow will occur through the
pore spaces which are large enough to rival the gas mean free path. Viscous flow
moves all species together, at a rate dependent upon the mixture viscosity. Since the
rate of viscous flow of each species does not depend upon the molecular weight of
that species, the viscous-flow contribution will not provide any separation. Avoiding
leakage was a major concern in the development of the gaseous-diffusion process for
separating uranium isotopes.

For separation processes relying upon differences in rates of flow or diffusion
through a thin polymeric membrane (ultrafiltration, reverse osmosis, dialysis, etc.) it
is important to guard against any macroscopic holes in the membrane. Just as in the
gaseous-diffusion process, any flow through a hole in the membrane will be non-
separative and may markedly contaminate the product with feed.

FLOW CONFIGURATION AND MIXING EFFECTS

The product purities from a separation device are often strongly influenced by the
flow geometry of the device and by the degree of mixing within the individual phases
or product streams. The separation obtained will be different depending upon:

1. The uniformity of composition within the bulk of either phase or product stream

2. The charging sequence of feed and separating agent
3. The relative directions of flow of the phases or product streams
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Mixing within Phases
Consider, for example, the ore-leaching process of Fig. 3-3. In addition to the wash-
water-to-solids feed ratio, another factor influencing the separation attainable in this
process is the degree of liguid mixing obtained in the mixer. If mixing is not complete
near the surfaces of the ore particles, it is possible that the solution retained by the
solids will be richer in CuSO, than the wash water is. This lack-of-mixing effect will
serve to reduce the amount of CuSO, removed. Similarly, in the freeze-concentration
process considered in Examples 3-1 and 3-2 the loss of juice solids will be increased if
mixing in the freezer is poor enough for the concentrate retained by the ice to be
richer than the concentrate removed as liquid product. Alternatively, a given
measured solids loss can correspond to fewer pounds entrained liquid per pound ice.
A lack of complete mixing of the individual phases within a separation device
often improves the quality of separation rather than harming it. For example, one
popular device for gas-liquid contacting is the cross-flow plate. Figure 3-5 shows
such a device as it would be used for a stripping operation. A small quantity of
ammonia in a water stream (feed) is to be removed by stripping it into air (separating
agent). The water flows across the plate while the air passes upward through the
liquid in the form of a mass of bubbles, emanating from holes in the plate. The
ammonia is at a low enough concentration for the phase equilibrium to be described
by Henry's law
Vau; = Kan, Xnm,y (3-3)

Because the air has already been saturated with water vapor, there is no evaporation
and Kyy, is constant since the operation is isothermal.
On a cross-flow plate it is likely that there will not be sufficient backmixing in the

lWalcr + ammonia
in

Air + ammonia out

= - a
.‘}; 6 0 B 0O 295 O
L= - k=] (o
o _nbapag g'ﬂ‘;.D Ocjo O o0

Air in
Depleted

water
out

Figure 3-5 Cross-flow stripping process.
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direction of liquid flow to iron out completely any liquid concentration differences
which develop. The water will therefore continually decrease in ammonia concentra-
tion as it flows across the plate and ammonia is removed from it. As a result, the
exiting air bubbles will contain less ammonia at positions closer to the liquid outlet.
If the water on the plate is deep enough and the airflow is low enough, the exiting air
bubbles will have nearly achieved equilibrium with the water. At the right-hand
(water-inlet) side the concentration of ammonia in the exit air will be nearly in
equilibrium with the inlet water, and at the left-hand (water-exit) side the concentra-
tion of ammonia in the exit air will be nearly in equilibrium with the exit water. The
exit water has the lowest ammonia concentration of any water on the plate, and the
equilibrium concentration of ammonia in the exit air is directly proportional to
the ammonia concentration in the liquid, by Eq. (3-3). The exit air at the liquid-
outlet side is in near equilibrium with the exit liquid, and all other exit air must have
a higher ammonia concentration. Therefore the entire exit airstream, taken together,
has achieved a higher concentration of ammonia than corresponds to equilibrium
with the exit water. The cross-flow configuration and lack of liquid backmixing have
provided more separation of ammonia from water than would have been obtained by
simple equilibration of the two gross exit streams.

Example 3-3 Derive the relationship between the exit-gas and exit-liquid ammonia compositions for
the cross-flow stripping process of Fig. 3-5. Assume that the liquid is totally unmixed in the direction
of liquid flow and that the gas bubbles achieve equilibrium with the liquid. The inlet air contains no
ammonia.

SoLuTioN We can write a mass balance for NH, upon a differential vertical slice of liquid, as shown
in Fig. 3-6:
Input — output = accumulation

Yin dG + L(x + dx) — y,dG — Lx =0
Ldx= (yeq - yiu)dG (3'4)

Yeq €an be replaced by Kx since the exit gas achieves equilibrium with the liquid at that point. Also
we can set y,, = 0.

Ldx=KxdG (3-5)

This expression can be integrated from x_, at G = 0 to x at any particular point across the plate. The
direction of integration comes from the convention of making dx increase from left to right in
Fig. 3-6.

g .16
= dG (3-6)
0

L| —=K|

- X x .

where fis the fraction of the gas flowing through the plate to the left of the location where the liquid
composition is x.

"i - e]l.'GJL (3-7)

Yeq = Kx = Kx,, /5"

1 1
Yew= [ Yoo df= Kxow [ €6 df = & x, (X _ 1) (3-8)
‘o 0 G
Yeq.av i _l;_ GIL _ 4
Kx,, KG (ex D (+9)
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Gas out

dG, moles/time
Veq+ Mole fraction NH,

oy
]
Liquid oul —-— | g I «——  Liquidin
L. moles/time I - I L. moles/time
x, mole fraction NH | = | x + dx. mole fraction NH,

dG, moles/time
Vin. Mole fraction NH

Gas in

Figure 3-6 Differential mass balance for Example 3-3.

If the combined exit gas were in equilibrium with the exit liquid, y,, ,,/Kx,, would be unity. Instead
Yeq.as /KX, 15 a function of KG/L. as follows:

KG/L I 0 02 0.5 1 2 5 o

You. 05/ KXo I 1.00 L1 1.30 1.72 37 295 a0

Thus, for any finite gas flow rate. the air picks up more ammonia than corresponds to equilibrium
with the exit liquid."The separation of ammonia from the water is therefore better than it would be
through a simple equilibration of product streams. O

The influence of mixing within the phases upon product compositions is taken
up in more detail in Chaps. 11 and 12.

Flow Configurations

Many different flow configurations and feed-charging sequences are employed in
separation processes. The feed and/or separating agent may be charged on a batch,
Le., at discrete intervals, or a continuous basis. If both phases are flowing, there may
be cocurrent flow, cross flow, or countercurrent flow. Each phase may be nearly
completely mixed within itself in the separation device, or it may pass through in a
close approach to plug flow, 1.e., little or no backmixing. Partial mixing of a phase is
also possible, as an intermediate between plug flow and complete mixing. We have
already seen in Fig. 3-5 a case of a continuous process with cross flow and with little
backmixing of the liquid phase. The extraction and leaching processes of Figs. 1-20

Ve | v
1ginalt Trom
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and 3-3 are examples of continuous processes with nearly complete mixing of the
continuous phase.

Some further examples of common flow and charging configurations are given in
Fig. 3-7. The separatory funnel (Fig. 3-7a) is an example of an entirely batch process.
For example, a common chemistry laboratory experiment involves adding an
aqueous solution containing iodine (feed) to a separatory funnel along with carbon
tetrachloride (separating agent). The funnel is then shaken and the iodine is preferen-
tially extracted into the CCl, phase, imparting a color to it. This is a batch process
for both phases since they are charged to the vessel before the shaking takes place
and are withdrawn afterward.

Figure 3-7b shows a simple batch distillation. The liquid feed is charged to the
still initially. The steam (separating agent) is then turned on, and vapor is contin-
uously generated. After the desired amount of vapor has been removed, the steam
flow is stopped and the remaining liquid is withdrawn. The liquid is a batch charge in
this process, whereas the vapor flow is continuous. The agitation afforded by the
boiling makes it likely that both phases in the zone of contact will be relatively well
mixed.

Figure 3-7¢ shows a process in which air (feed) is dried during continuous flow
over a bed of solid desiccant (separating agent), such as activated alumina. In this
case the solid phase is a batch charge and the gas phase is a continuous flow. The
desiccant in the solid phase is unmixed during drying, and there should be little
backmixing in the gas.

A packed absorption tower is shown in Fig. 3-7d. Here the liquid absorbent falls
downward over the surface of a bed of divided solids (packing). The gas passes
upward through the remaining void spaces. Both phases are in continuous flow in this
process. and the flow is countercurrent. There is little backmixing in either phase,
provided the tower is tall enough.

The partial condenser shown in Fig. 3-7¢ is also a continuous countercurrent
process with little backmixing in either phase. A vapor-phase mixture of components
flows upward through tubes, which are cooled by a jacket of refrigerant or cooling
water. As liquid condenses on the tube wall, it flows downward, collecting in the
bottom of the vessel. As the condensate flows downward, it contacts the vapor stream
and has the opportunity to exchange mass with it.

The final process (Fig. 3-7/) is a double-pipe crystallizer, in which a liquid flows
through the inner pipe and is cooled by a coolant flowing in the annular outer pipe.
A solid phase freezes out and is kept in motion as a slurry within the liquid by a
helical scraper. This is a continuous cocurrent flow process with little backmixing
likely for either phase.

Through reasoning similar to the analysis made of the air stripping process of
Fig. 3-5, readers should convince themselves that in Fig. 3-7b to e the actual separa-
tion factor can be greater than that corresponding to equilibrium between the two
product streams, whereas this cannot be the case for the processes of Figs. 1-21, 3-1,
and 3-7a and f. In batch charging of one stream with continuous flow of the other, the
product compositions are the average of the effluent collected and the average com-
position of the material remaining in the device at the end of the run.

UNIVERSITY OF MICHIGAN



114 SEPARATION PROCESSES

— Vapor

a1 Liquid
(a) Separatory funnel (b) Batch distillation
Moist air
Solvent l 1 Degillestcd
Y
. ki
| Desiccant o Packing

Solvent l 1
& Dryair + solute Feed gas

(c) Fixed-bed dryer (d) Packed absorber

———= Uncondensed

vapor
= =
Coolant ———=1(™1 ™) Coolant
» ~_— Product
Feed slurry
—_— B
e s
Coolant «—— || J| || Bissiant
out e
(f) Double-pipe crystallizer
Mixed vapor feed —

Condensed liquid
(e) Partial condenser

Figure 3-7 Flow patterns in separation devices.
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In general, an actual separation factor higher than the equilibrium separation
factor may be obtained:

1. In a process where one phase is batch and the other is continuous (see below)

2. In a continuous cross-flow process where at least one phase is not well mixed in the
direction of flow (see Example 3-3)

3. In a continuous countercurrent process where both phases are not well mixed (see Chap. 4).

Countercurrent contacting is even more effective than cross-flow contacting for in-
creasing the apparent separation factor. Since the concepts in countercurrent flow
are analogous in many ways to the concepts of multistage separations, further discus-
sion of countercurrent-flow systems is deferred until Chap. 4.

BATCH OPERATION

Both Phases Charged Batchwise

Separations in which the feed and both products are charged and withdrawn batch-
wise almost always involve bringing two phases of matter toward equilibrium. If
equilibrium is achieved between the products, the analysis of the separation is en-
tirely analogous to that of the corresponding continuous-flow, steady-state, simple-
equilibrium separation. In fact, an identical separation is achieved: the product
compositions are related by the equilibrium expression, and the product quantities
are related by overall mass balances

.tFF, = .‘(pl P'l -+ 'YPZ Ptz (3'10)
F'=P,+P, (3-11)

F’ represents the moles of feed (plus separating agent) charged; P} and P; represent
the moles of each of the products removed after the separation is accomplished.
Equations (3-10) and (3-11) are identical in form to Eqgs. (2-9) and (2-10), with the
unprimed flow rates (moles per hour) replaced by the primed feed charge and prod-
uct quantities (moles). The same logic as for continuous processes applies in picking
effective schemes for solving the equations.

Rayleigh Equation

In many separation processes one stream or phase is charged and withdrawn batch-
wise and the other stream is fed and removed continuously. Procedures for describ-
ing such separations when the batch-charged phase is well mixed during operation
follow the original developments put forth by Lord Rayleigh in 1902 (Rayleigh,
1902). Let us consider the case of an equilibrium vaporization process in which the
feed liquid is initially charged entirely to a still pot and heat is then added contin-
uously. Vapor in equilibrium with the remaining well-mixed liquid is continuously
generated and is continuously removed from the vessel. The liquid product is
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removed at the end of the run. This operation, shown in Fig. 3-8, is commonly called
a Rayleigh or batch distillation.

Two differential mass balances can be written for the changes in the still pot as a
differential amount of vapor dV’ is removed.

dv' = —dL (3-12)
yidV'= —d(x;L) (3-13)
= ‘—de,' = Xi dl:

L represents the moles of liquid remaining in the still pot, and y; and x; represent the

mole fractions of component i in the vapor and liquid, respectively. Equation (3-12)

is a mass balance for all species, while Eq. (3-13) is a mass balance for component i.
Equation (3-12) can be substituted into Eq. (3-13) to give

E d'\'f — (y‘ - .’C,—) dE (3"14)

which can be integrated between the limits of Lj and x;, (initial liquid charge and
mole fraction) and L’ and x; (remaining liquid and mole fraction at any subsequent
time) to give

Ldr v dx;

'ILa L -J,,.[, yi — X; (3-15)
E ™ dx

Sy i 3-16
LO "Xm Yi — X ( )

the Rayleigh equation, which relates the composition of the remaining liquid to the
amount of remaining liquid. In order to proceed further it is necessary to have a
relationship between y; and x;. If we are dealing with a two-component system where
both phases are well mixed and equilibrium is achieved between vapor and liquid. y;
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will be a unique function of x;. It is then possible to employ a graphical presentation
i vs. x; in Eq. (3-16) and obtain the solution of x; as a function of L by graphical
integration.
In other cases it may be allowable to state that either K; or ;; is constant during
the course of operation. For K; = constant
L 1 Mdx; 1 X;
R S .. QN ST 17
lnL;) Ki_l"xmxi Ka‘_lnxio G-17)
If 2;; can be assumed constant and there are only two components in the liquid,
we can substitute Eq. (1-12) into Eq. (3-16) and obtain

E “xi0 [aij/(l/xi + a;; — l)] — X - o 1 N xiﬁ(l - xi) " 1 —x;

It should be pointed out that in a Rayleigh distillation the changing liquid composi-
tion will cause T to change if P is held constant. Since T changes, both K; and (to a
lesser extent) a;; will in general change as the distillation proceeds.

Another point worthy of mention is that Eq. (3-16) applies to any separation in
which one phase is charged batchwise and is well mixed and in which the other phase
is formed and removed continuously. By following through the derivation readers
can convince themselves that y; refers to the product stream continuously withdrawn
and that L and x; refer to the other product, which remains in the separation device
throughout the separation operation and is well mixed.

Several examples follow to illustrate the applications of these concepts. The first
two are simple, but the second two are less obvious and display the power of the
Rayleigh equation in different contexts.

l: — ’,Xi dx‘ l l X,-(l e x,o) + l 1 _— xio

In (3-18)

Example 3-4 A liquid mixture of 60 mol °, benzene and 40 mol °, toluene is charged to a still pot,
where a Rayleigh distillation is carried out at 121 kPa total pressure. How much of the charge
must be boiled away to leave a liquid mixture containing 80 mol °, toluene?

SoLuTioN The bubble point of a binary mixture containing 60 mol °, benzene at 1.20 atm is 89°C
and is 103°C for a mixture containing 80 mol %, toluene. Over this temperature range ag; varies
from 2.30 to 2.52 (Maxwell, 1950). An average ag; of 2.41 should be adequate; therefore Eq. (3-18)
can be employed to a good approximation

L 1 | (0.20)(0.40) 0.40

In —

= L _127-069= —196
L, 141 " (0.60)080) ~ " 080

L
— =0.141
L,

and 86 mole percent of the initial liquid must be boiled away. a

Example 3-5 Important volatile flavor and aroma compounds can be lost during concentration of
liquid foods by evaporation. Methyl anthranilate, an important, characteristic aroma constituent for
grape juice, has a relative volatility of 3.5 with respect to water at 100°C. Find the percentage of
methyl anthranilate lost if half the water is removed from grape juice by evaporation at 100°C with
no inert gases in the vapor and in a batch process.

Methyl anthranilate, like all flavor and aroma compounds, is present at a very low mole
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fraction. Furthermore, because of the high molecular weight of dissolved solutes (mostly sugars) in
grape juice, the mole fraction of water is very nearly unity.

SorLumion Because of the high mole fraction of water in the liquid and the absence of appreciable
quantities of inerts in the vapor, both y and x of water are near 1.00 and K, , must be very nearly
1.00. Hence K for methyl anthranilate is constant at 3.5 during the evaporation, and Eq. (3-17) can
be used instead of the more complex Eq. (3-18):

0.5 1 Xpea
— ln e
10 38=1 X

In ™A _ (In 0.5)2.5) = —1.733
XnAD

T _ 0,176
Xumao

“mu-‘yal-;: — xya L)
Xuao0 Lo

Example 3-6 After 0.5 kg of a liquid mixture containing 38 wt °, acetic acid and 62 wt °, vinyl
acetate has been placed in a separatory funnel at 25°C, small amounts of water are added, the funnel
is shaken, and the aqueous phase is continually withdrawn from the bottom of the funnel. How
much organic phase will remain in the funnel when its acetic acid concentration has fallen to 10
percent by weight on a water-free basis?

%, MA lost =

= (100)[1 = (0.5)(0.176)] = 91.2%; a

SoLumioN The organic phase first saturates with water. This mixing process can be represented by a
straight line on the triangular diagram, as shown in Fig. 3-9. This is the same system and same

Acetic acid
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Figure 3-9 Saturation of organic phase with water in Example 3-6. ( Adapted from Daniels and Alberty,
1961, p. 258 used by permission.)
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equilibrium diagram which appeared in Fig. 1-21 and were discussed in Chap. 1. The saturated
composition is 51 %, acetate, 317, acetic acid, and 18 %, water. By application of the lever rule, the
amount of organic phase at this point is

(0.5)(100)

SRR 61k
100 — 18 8

After the organic phase has become saturated, the addition of more water will form a heavier
aqueous phase, which is drawn off. In order to be able to say that iAW’ = —dV’, and thereby use the
Rayleigh equation, we must let V' and W’ represent the weight of solution on a water-free basis in the
acetate-rich and water-rich phases, respectively. We cannot work on a basis of total weight since
water is continually added to the system. Adapting Eq. (3-16) to our purposes, we have

Voo™ dwy,

1“7;)=J

Wi — Wy
-..-o

where w’ is now weight fraction of acetic acid on a water-free basis and the subscripts ¥and Wrefer to
the vinyl acetate rich and water-rich phases, respectively. V' is the weight of acetate-rich phase in the
funnel, again on a water-free basis. Figure 1-23 shows the equilibrium relationship between wjy, and
wy , taking

wuid

VT A R 2
Wacia ¥ Waceute

where w is weight fraction. Vj, is 0.50 kg on the water-free basis, and w;,_ is 0.38; therefore,
Vv L0.10 dw;
In — =

050 o35 Wi — Wy

The graphical integration is shown in Fig. 3-10. The shaded area under the curve is —0.77
(integration is from right to left); therefore

1 L 0.77
n—=-0.
0.50
and V' = (0.464)(0.50) = 0.232 kg of organic phase remaining (water-free)

From Fig. 3-9 this amount of organic phase will contain 3 wt 9, water, so that the total amount of
organic phase is (0.232)(1.00/0.97) = 0.239 kg. O

Example 3-7 A common flow configuration used for continuous separation of a gas mixture by
gaseous diffusion is shown in Fig. 3-11. We shall assume that

1. The flow of gas through the porous barrier occurs solely by Knudsen flow.

2. The low-pressure side is at a pressure low enough for there to be no appreciable backflow from the
low- to the high-pressure side.

3. The gas in the high-pressure side is well mixed in a direction normal to flow but does not undergo
appreciable mixing in the direction of flow.

If a stream of UF¢ containing 0.71%, ?**UF, the rest being ?*®UFg, is passed into the
chamber and half of it is passed through the barrier, find the concentration of 2**UF in the
low-pressure product. Compare with the result which would have been obtained if the high-pressure
stream were assumed to be totally mixed in the direction of flow.

SoLUTION As we have seen in the discussion following Eq. (1-21), the separation factor relating the
two streams on either side of the barrier at any point under assumptions 1 and 2, above, is

X333, 238 = 1.0043
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) Figure 3-10 Graphical integration
L’ for Example 3-6.

Since the **U is present to only a small amount, we can say that K,,,, = 1.0043 and K,,.,, = 1.00,
following the same logic used in Example 3-5.

Despite the continuous operation, this process 1s akin to a Rayleigh distillation: the high-
pressure stream is continuously depleted in 2**U as it passes through the device, and the low-
pressure gas removed through the barrier at any point is related through the a or K expressions to
the concentration of the high-pressure stream at that point. Il we follow a particular mass of
high-pressure gas through the device, we find that it undergoes a Rayleigh distillation, the low-
pressure product being continuously removed and the high-pressure product remaining behind.

—» Low-pressure
product

Low pressure

e

. —— High-pres
= High pressure lgprg‘;u'gurc
Figure 3-11 Gascous-diffusion device.
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Since K, is constant, we can apply Eq. (3-17) in the form

H' 1 !
I e Ty 28
Hy K —1 YH,

where y, . ¥y, = mole fractions of 2**U
H' = flow rate of high-pressure product
Hj, = feed flow rate (H'/H, = 0.50)

ﬁf_ = (0_50)0.0043 i !

Therefore, S
erefore Y 00098

By the lever rule, since the product flows are equal, y, —y,=yy —yy,. and hence
Yo = Yuo(2 = yu /yu,) = (0.007100)(1.00596)/1.00298 = 0.007121.

If the high-pressure side had been completely mixed in the direction of flow, we would have
taken y, = 1.0043y,, directly, since the composition of the high-pressure side at all points would have
been equal to the exit high-pressure composition due to the mixing. Thus, we would have found by
the lever rule for our case of equal molal product flows that

yL = ].002]5}‘,,“

The lack of mixing has served to increase the enrichment y, — y,, by a factor of 0.00298/0.00215. or
39 percent. d

Comparison of Yields from Continuous and Batch Operation

An examination of the results of Examples 3-4, 3-5, and 3-7 shows that the operation
with one phase batch and the other continuous provided a better separation than
would have been obtained in an entirely continuous scheme with product equilib-
rium and with the same ratio of product quantities. Considering Example 3-4, a
continuous equilibrium flash giving 14.1 mol *, of the feed as liquid product would
have produced a liquid changed from the 60 mol “, benzene composition of the feed
to only 41 mol °, instead of to 20 mol °, as found in the Rayleigh distillation. For
Example 3-5 a simple continuous vaporization would give a 78 percent loss of methyl
anthranilate. In Example 3-7, the product enrichment was increased by 39 percent.

This behavior will be encountered whenever the equilibrium mole fraction in one
phase rises as the mole fraction in the other phase rises. Considering a Rayleigh
distillation, the combined vapor product is made up of individual bits of vapor which
have been removed in equilibrium with all liquid compositions, ranging from the
initial feed liquid to the final product liquid. Only the last bit of vapor removed is in
equilibrium with the final liquid product. All the rest of the vapor removed was in
equilibrium with a liquid richer in the more volatile component than the final liquid.
Thus, the combined vapor is richer than the last bit of vapor, and it has a mole
fraction of the more volatile component greater than that corresponding to equilib-
rium with the final liquid. Hence the separation is better than can be achieved by
simply equilibrating the product phases. The reader should notice that this argument
is very similar to that presented for the improved separation obtained in the cross-
flow geometry of the air stripping process in Fig. 3-5.

In Example 3-6, one would find that a continuous extraction of the type shown in
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Fig. 1-20 would give 0.239 kg of acetate-rich phase containing less than the 10 wt °
acetic acid (water-free basis) obtained in the semibatch case. This corresponds to a
better separation in the continuous case than in the semibatch case and follows from
the fact that wy at equilibrium (Fig. 1-23) decreases with increasing wy. in the range
of interest. In this case the final bits of water fed produce a better separation than
the initial bits of water do.

In a continuous binary separation it is impossible to obtain a complete separa-
tion or even to produce a pure product made up entirely of one component unless 2,
the separation factor, is infinite. When one phase is charged batchwise and the other
is removed continuously, it is possible to produce a pure phase but only an
infinitesimal amount of it. Considering Eq. (3-16), if all the liquid is boiled away, the
left-hand side. In (L/L;). will approach —oo. This means that the right-hand side
must also approach — co, which in turn means the integral must become infinite. The
integral will become infinite only if one approaches a point where y; = x;. in which
case the denominator within the integral will approach zero. This point also can be
seen from Fig. 3-10. As the amount of acetate-rich phase remaining approaches zero,
we must approach wy. = 0, where the curve rises to infinity. At w;. = 0, wy, = 0 and
W= wy .

For a separation with a constant «, one can see from Fig. 1-17 that y = x only at
x = 0 or x = 1. Thus the last drop of liquid remaining in a Rayleigh distillation of a
system with relatively constant x will be made up of the less volatile component and
will be pure. At no time will the accumulated vapor be pure. On the other hand, there
are cases where the two equilibrium product compositions become equal to each
other at some intermediate composition. This corresponds to the formation of an
azeotrope in distillation. The last drop in a Rayleigh distillation will therefore either
be pure or have the composition of a maximum-boiling azeotrope. It cannot have the
composition of a minimum-boiling azeotrope unless that was also exactly the feed
composition, since the liquid composition will move away from a minimum-boiling
azeotrope as the distillation proceeds.

Multicomponent Rayleigh Distillation

Equation (3-]6) is usually not suitable for use in the analysis of a Rayleigh distillation
when appreciable amounts of more than two species are present, since the relation-
ship between y; and x; is not known a priori. Equation (1-12) is applicable only to a
two-component system. A more convenient expression can be obtained.

Considering components A, B, C, ..., letting /; equal the number of moles of
component i in the liquid. and letting dv; equal a differential amount of component i
removed in the vapor, we can put the equilibrium relationship as follows:

dv,  —di, Iy dvy  —dl, I

Doy~ —dlp "™, dn e =T )
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If a;; is constant, we can integrate to get

A —dlA Is —dIB e —dl'(_'
=a = = 3 3-20
oo meml g mnel (-20)
Ia _ "_B)"“_(‘C_)’“_...
and e=l) =lg) - (3-21)

The use of Eq. (3-21) to solve a multicomponent Rayleigh distillation is illustrated in
Example 3-8.

Example 3-8 A liquid hydrocarbon mixture of 20 mol °, n-butane, 30 mol °, n-pentane, and
50 mol °, n-hexane is subjected to a Rayleigh distillation at a controlled pressure of 10 atm. Find the
liquid composition when exactly half of the pentane has been removed.

SoLuTion The bubble point of the feed mixture can be found from the data in Fig. 2-2 to be 263°F.
As the vaporization occurs, the bubble-point temperature of the remaining liquid will increase.
(Why?) An upper limit on the temperature achieved can be estimated by presuming that 90 percent
of the butane and 10 percent of the hexane are removed during the vaporization of half the pentane.
This would leave a final liquid with a bubble point of 300°F. Over this temperature range ay,, taken
from Fig. 2-2, varies from 3.3 to 3.7 and ag, varies from 1.8 to 1.9. Although the variation of « is
appreciable, it is still not excessive and the time saved in using the constanl a expressions is often
worth a small loss in accuracy. Mean values of « are 3.5 and 1.85.

Basis An initial charge of 100 mol

IB 15 )1.8! ( f}l )3.5
20 130 ~ 150
Solving gives Iy = 5.5 and Iy = 34.7.

1, X;

Butane 5.5 0.100

Pentane 15.0 0.272

Hexane 34.7 0.628
552

The liquid is depleted in butane and enriched in hexane. Since the bubble point of the final liquid is
280°F, the original estimates of x;; are satisfactory. 0

Simple Fixed-Bed Processes

Separations involving a fluid phase and a solid phase (adsorption, ion exchange, etc.)
are usually carried out with the solid charged on a batch basis and with the fluid
charged continuously. The solid phase forms a fixed bed, through which the fluid
flows. This procedure results from the difficulty of providing a continuous feed of a
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Figure 3-12 Fixed-bed ion-exchange pro-
cess for water softening.

solid substance and of causing a solid phase to move uniformly within a separation
device.

As an example, consider the fixed-bed water-softening process shown in
Fig. 3-12. Natural waters often contain sufficient trace levels of calcium or mag-
nesium salts for insoluble salts to be formed with household soaps or other sub-
stances. As a result scums form in the water, and the cleaning action of the soap is
reduced. To avoid the formation of these undesirable precipitates, it is often advis-
able to remove the calcium and/or magnesium ions from the water. This softening of
the water i1s most commonly accomplished by the use of solid ion-exchange resins in
the type of process shown in Fig. 3-12. Many homes have this sort of water-softening
system incorporated in their water system.

Ion-exchange resins used for water softening are commonly polymeric materials
made in the form of small beads. Large organic anions are incorporated in the resin.
In the resin fed into the column, these large anions are paired with sodium cations.
As the water flows through the column, the sodium ions from the resin exchange with
the calcium and magnesium ions in solution, by the reactions

Ca** +2Na" resin~ — Ca®"(resin);” + 2Na"
Mg?* 4+ 2Na* resin- — Mg?"(resin); + 2Na*

The calcium and magnesium ions are thus removed from the water; they enter the
solid phase and are replaced in the water by sodium ions. The calcium ions will
continue to be removed as long as the equilibrium constant
[CEI?‘ _}_r_l:-sin(Na ' )fqul.‘nus
(Ca.’. . )mquenus{Na 0 )r-es'in

(3-22)

Kear o -nae =

Iricninal from
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Waste water exchange bed.

for the ion-exchange reaction is not reached. A similar criterion holds for magnesium
removal.

After a period of time, sufficient Ca?* and Mg?* will have been removed from
the water stream passing through for the Ca?* and/or Mg?* content of the resin at
all points in the bed to approach the equilibrium value given by Eq. (3-22). Further
use of the bed would leave too much Ca?* and Mg?* in the effluent water. At this
point the old resin can be removed from the bed and be replaced with fresh Na*
resin, but a less expensive procedure is to regenerate the old resin, accomplished by
passing a strong NaCl solution through the bed, as shown in Fig. 3-13. The high Na"*
content in the solution reverses the ion-exchange reaction, and, in accord with
Eq. (3-22). Na* replaces Ca?* and Mg?* on the resin, making it suitable for reuse in
water softening.

The behavior of the fixed-bed processes differs in one very important respect
from those batch processes to which the Rayleigh equation can be applied. Although
one phase is charged batchwise and the other phase is charged continuously in both
cases, the batch-charged phase (the solid) is not mixed in the fixed-bed processes,

s.-._‘-l Uriginal from
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whereas the batch-charged phase is fully mixed in the Rayleigh-equation processes.
This lack of solid-phase mixing in the fixed-bed processes results in an important
separation advantage, for it allows much of the fluid-phase product to be in equilib-
rium with the initial solid-phase composition, as shown below. This equilibration
with the initial solid composition usually gives the purest possible fluid-phase
product.

At first the water contacts sufficient calcium- and magnesium-free resin for the
effluent water to achieve equilibrium with the initial resin. and hence the water is well
softened. As time goes on, more and more of the resin becomes loaded with calcium
and magnesium, and the water has less contact time in which to come to equilibrium
with calcium- and magnesium-free resin. If the bed is large enough, however, most
of the bed can become loaded with Ca?* and Mg?* before the point is reached
where the exit water does not achieve equilibrium with the initial resin composition.
When the effluent water can no longer reach equilibrium with the initial resin composi-
tion, the concentrations of calcium and magnesium in the effluent water begin to rise,
as shown in Fig. 3-14, and eventually the feedwater goes through unchanged. At this
point the resin has taken up so much calcium and magnesium that the entire resin
bed is in equilibrium with the feedwater. The curve shown in Fig. 3-14isknown as a
breakthrough curve, since it shows when Ca?* begins to break through the bed into
the effluent water. Regeneration should be started before or just as breakthrough
begins.

Figure 3-15 shows the progress of the Ca?* loading along the resin bed during
on-stream service between one regeneration and the next. As long as no appreciable
amount of Ca?* has accumulated on the resin at the effluent end of the bed. the exit
water will be relatively free of CaZ*.

Feedwater
5 concentration
'é'
=
§ Starl
s regencration
4
~
Equilibrium with
imtial resin [
Time

Figure 3-14 Effluent concentrations from fixed-bed water-softening process. Typical breakthrough curve.
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The width of the breakthrough, i.e., the time or bed distance elapsed between
asymptotic Ca* concentrations, in Figs. 3-14 and 3-15 reflects a number of factors,
including the nature of the resin-water equilibrium expression, rates of mass transfer
between the fluid and solid phases, and dispersion (local variations in flow, diffusion,
etc.) within the fluid phase. The relationship between these factors and the width of
the breakthrough curve is explored briefly in Chap. 11 and in more detail in various
references on fixed-bed processes (Helfferich, 1962; Hiester et al., 1973; Vermeulen,
1977a; etc.).

The volume of a fixed bed is set primarily by the solute content of the feed and
the desired time between regenerations, as shown in Example 3-9, below. The length-
to-diameter ratio of the bed is established as a compromise between a number of
factors. High length-to-diameter ratios reduce the effects of axial dispersion and
channeling (uneven flow) and can increase rates of mass transfer through higher fluid
velocity, thereby reducing the portion of the bed volume occupied by the break-
through. However, higher length-to-diameter ratios also cause greater fluid-pressure
drops, requiring more pumping power. Although the bed geometry can vary widely
depending upon the application, a length-to-diameter ratio of the order of 5 is not
unusual.

Because of the breakthrough phenomenon and the fact that the initial effluent
purity is determined primarily by the condition of the solid at the exit of the bed, it is
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common for the regeneration flow to be in the reverse direction from the feed flow,
e.g., upflow for softening in Fig. 3-12 and downflow for regeneration in Fig. 3-13. In
this way the portion of the bed which has been regenerated most thoroughly serves as
the final contact for the process stream.

Since intermittent regeneration is required, multiple beds must be supplied if a

continuous feed is to be handled over a substantial period of time.

Example 3-9 A process for drying air by adsorption of water vapor onto activated alumina particles
is shown in Fig. 3-16. Typical equilibrium data for the adsorption of water vapor onto activated
alumina are shown in Fig. 3-17.

Dry activated alumina is placed in a bed and air is passed over it. The alumina adsorbs
moisture from the air. Cooling coils are placed in the bed to remove the heat released upon adsorp-
tion. When the bed can no longer dry the air sufficiently, it is regenerated by passing heated air
through the bed. The heated air removes the adsorbed moisture from the bed. since the equilibrium
partial pressure of water over the bed at any moisture content is approximately proportional to the
vapor pressure of pure water. At higher temperatures the vapor pressure of water is higher: hence the
equilibrium water vapor partial pressure over the bed is higher, and the bed therefore loses moisture
to hot air. The regenerated alumina is cooled before being returned to drying service.

Suppose that it is desired to dry 1000 std ft*’min (379 std fi* = 1.0 Ib mol) of air at
30 Ib/in? abs and 86°F from an initial 75 percent relative humidity moisture content to a final
moisture content corresponding to 3 percent relative humidity or less at 86°F. If the time of drying
service between regenerations is to be 3.0 h, calculate the weight of activated alumina required in the
bed.

Assume that the shape of the water content breakthrough curve (similar to Figs. 3-14 and 3-15)
is such that 70 percent of the bed can come to equilibrium with the inlet water-vapor content before

Moist air Dry air
Cooling water
(a)
Waste
___moist air Hot air

-

(b)

Figure 3-16 Fixed-bed process for air drying: (a) drying air with activated alumina; (b) regeneration
of activated alumina.
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regeneration is required and the remaining 30 percent of the bed (the breakthrough zone) can take up
an average water loading corresponding to half the moisture loading in equilibrium with the inlet air.

SoLuTioN The vapor pressure of pure water at 86°F is 31.8 mmHg or 0.615 Ib/in? (Perry and
Chilton, 1973). Thus the mole fraction of H,O in the inlet air at 75 percent relative humidity is

(0.615)(0.75)
Ywoin= 5 = 001538

For most of the drying cycle, the alumina, if well regenerated beforehand, will provide exit air of
substantially less than 3 percent relative humidity. Hence to compute the bed-moisture loading we
shall assume that effectively all the H,O is removed from the air passing through:

Gain in bed moisture = moisture removal from air in 3 h

std ft®\ 1 Ib mol

= ( 1000 - in 1379 sud

Ib mol H,0 b H,0
(00153 O Be2) (1 2 2

1b mol I-IZO)(t'){]mh_in ){3'0 h)

Ib mol gés
=132 1b H,0

Since 70 percent of the bed can equilibrate with 75 percent relative humidity, it can take on 0.26 Ib
H,0 per pound of Al,O, by Fig. 3-17. The remaining 30 percent of the bed takes on half that
moisture loading, or 0.13 Ib H,0 per pound of Al,O,. The average bed loading is

(0.26)(0.70) + (0.13)(0.30) = 0.221 Ib H,0/1b Al,O,
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Hence the alumina required is

1Y 599 Ib
0221
or about 0.3 ton to dry this relatively large airflow. O

Numerous other approaches to separations involving beds of solids have been
devised, including ones giving more efficient use of the solids and ones capable of
separating a multicomponent mixture into individual products. These techniques,
including various forms of chromatography, are discussed in Chap. 4.

METHODS OF REGENERATION

The degree of solute removal from the fluid product that can be obtained in a
fixed-bed separation process is directly related to the degree of regeneration of the
solid separating agent. The residual levels of Ca?* and Mg?* in the product water
from the water-softening process of Fig. 3-12 are primarily determined by the effec-
tiveness of removal of Ca?* and Mg?* during regeneration with strong salt solution,
and the moisture content of the air from the air dryer of Example 3-9 is governed by
the degree of water removal from the alumina during hot-air regeneration.

Regeneration requires a change in some thermodynamic variable to make solute
removal from the fixed bed become more favorable. If this is not done, the net effect
of the process will be to make the adsorbed or extracted solute more dilute in the exit
stream from regeneration than it was in the original feed to the process. The ther-
modynamic variables which can be changed are temperature, pressure, and concen-
tration (or composition). Changes in pressure are effective for gaseous feeds but
usually not for liquids, since liquid- and solid-phase chemical potentials tend to be
insensitive to pressure. Changes in concentration or composition are effective for
liquid feeds but usually not for gases, since chemical potentials of components in gas
mixtures tend to be insensitive to the composition of the rest of the mixture.

In the water-softening process of Fig. 3-13 regeneration is accomplished through
a change in composition (concentration of Na™). Ion-exchange processes for water
treatment and other purposes can also be regenerated through a change in tempera-
ture, the column operating hotter during regeneration than during on-line service.
This is the basis of the Sirotherm process and improvements upon it (Vermeulen,
1977b).

In the air-drying process of Example 3-9 regeneration is accomplished through
an increase in temperature. If the inlet air were at a high enough pressure, regenera-
tion could be accomplished through a reduction in pressure instead (high pressure
during drying, low pressure during regeneration). This is the basis of the process
known as heatless adsorption (Skarstrom, 1972).

These considerations apply to any mass-separating-agent process requiring
regeneration. Thus, the absorbent liquid from an absorption process can be regen-
erated by stripping it at higher temperature and/or lower pressure. The solvent from
an extraction process can be regenerated by contacting it with a different immiscible
liquid, by distilling it, or in other ways.
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MASS- AND HEAT-TRANSFER RATE LIMITATIONS

Equilibration Separation Processes

Phase-equilibration separation processes involve the transfer of material from one
phase of matter to another. Often the residence time and intimacy of contact of the
two phases in a separation device are not sufficient for the two phases to come to
thermodynamic equilibrium with each other. The rate of mass transfer across the
phase interface will govern the extent to which the phases equilibrate. Mass-transfer
rates between phases reflect the phenomenon of diffusion coupled with convective
flow, turbulence, and gross mixing. The transferring component(s) must travel from
the original phase to the interface and then from the interface to the new phase.
Diffusional resistances in either or both phases can be rate-limiting. The subject of
interphase mass transfer is complex and is therefore reserved to Chap. 11, where it is
considered in moderate detail.

When the feed streams to a separation device have significantly different temper-
atures, or when there is an appreciable latent heat effect accompanying the transfer
from one phase to the other, it is necessary to consider rates of heat transfer in
bringing the phases toward the same temperature as each other, as well as mass-
transfer effects.

Rate-governed Separation Processes

Since the separation in rate-governed processes is defined by rates of mass transfer
through a barrier region, a mass-transfer analysis is essential for defining the separa-
tion factor obtained. Mass-transfer limitations in the fluid phases on either side of the
barrier can also reduce the rate of product throughput and can alter the separation
factor. For example, in a reverse-osmosis process for desalination of seawater salt is
rejected at the membrane surface as water passes through. If this salt cannot diffuse
back into the main solution fast enough, it will build up to a higher concentration
adjacent to the membrane than in the bulk feed solution. This increases the osmotic
pressure of the solution adjacent to the membrane, making a higher feed pressure
necessary to force the water through at a given rate and at the same time increasing
the rate of salt leakage through the membrane. Influences of mass transfer on rate-
governed processes are also considered further in Chap. 11.

STAGE EFFICIENCIES

For any real separation device it will be necessary to correct an analysis based upon
product equilibrium or ideal separation factors for the effects of entrainment, mixing,
charging sequence, flow configuration, and mass- and heat-transfer limitations. One
way of correcting for these effects is to use the actual separation factor, which relates
actual product compositions, for the analysis. There are, however, often several
drawbacks to the use of the actual separation factor as a calculational parameter:
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1. The numerical value of the actual separation factor usually has no simple fundamental
basis. Whereas for a vapor-liquid process one can show that the equilibrium separation
factor «,; =, P{/y; P§ for a nonideal low-pressure system (or P{/P{ for an ideal system).
one in most cases cannot relate x;; to fundamental properties in a similar simple way.

2. The value of the actual separation factor is often highly dependent upon composition.

3. When the ideal separation factor is infinite, the actual separation factor does not provide a
full enough description of the separation.

To amplify the last point, consider the CuSO, leaching process mentioned earlier in
this chapter (Fig. 3-3). For the leaching process, poor mixing decreases the amount of
CuSO, removed per gallon of added water, but the actual separation factor remains
infinite since no solids appear in the aqueous product.t

Consequently the actual separation factor is used as a design parameter pri-
marily for complex rate-limited separation processes and for two-phase separation
processes where the appropriate equilibrium data have not been determined. When
equilibrium or idealized rate data are known, it is more common to employ a stage
efficiency as a measure of the approach to equilibrium or ideality, instead of using the
actual separation factor. The reason for calling this stage efficiency rather than
simply efficiency is to distinguish it from other efficiencies, i.e., the thermodynamic
efficiency (Chap. 13), and because of the usefulness of the concept for analyzing
multistage separations (Chaps. S et seq.).

Several varieties of stage efficiency have been suggested. but the most common
for the description of individual stages is the Murphree efficiency, named after its
originator (Murphree, 1925). The Murphree efficiency is based upon the composi-
tions of a single phase or stream in the separation

Eyii= '_".l_.f:‘?"‘ T:fﬂz.*ﬂ (3-23)

The efficiency defined in Eq. (3-23) is for component i and is based upon phase 1
compositions. The subscripts in and out refer to the gross inlet and outlet streams,
respectively, of phase 1; x¥; is the phase 1 composition that would be in equilibrium
with the actual outlet composition of phase 2. In this way E, is a measure of the
change in composition occurring in a phase in proportion to the amount of change
that could occur if equilibrium with the actual outlet composition of the other phase
were reached.

t Rony (1968) has suggested analysis of separation processes through a separation index , designed to
avoid these problems with x’fl. The separation index is defined for a binary system with two products as
&= |(0),0) = (/i)l/0), |- where (i), represents the recovery fraction of component i in product 1. The
recovery fraction is the fraction of the total amount of that component fed which ends up in the particular
product: 1 and 2 denote the two products. while i and j denote the two components. The factor Z must lie
between 0 and 1: it is invariant with respect to permutation of component or product indices. and it often
gives a more complete description of the separation than x}, does. The use of & is complicated by the fact
that it i1s complex to evaluate for multicomponent systems. Also. as a measure of the quality of the
separation it implicitly gives equal economic value to each of the components. which is not usually the
case in practice.

UNIVERSITY OF MICHIGAN



ADDITIONAL FACTORS INFLUENCING PRODUCT PURITIES 133

Thus, in a binary vapor-liquid contacting process a Murphree vapor efficiency
can be defined as

Your — Yin
and a Murphree liquid efficiency can be defined as
Xouwt — Xin
Ey, = > — X (3-25)

Readers should convince themselves (1) that E,;, does not in general equal E,;; and
(2) that in a two-component system the mole fractions of either component can be
used to compute E,y or Ey,; without altering the value obtained.

In a system containing n components in a particular phase there will be at most
n — 1 independent Murphree efficiencies based on different components in that
phase. This follows from the requirement that Xx; = 1. Since Murphree efficiencies
are applied only to components that transfer between phases, there will be the same
number of independent Murphree efficiencies based upon the other phase.

The Murphree definition of efficiency is by no means the only one possible.
Alternative definitions which have been used are considered in Chap. 12, where
means of predicting and using stage efficiencies are developed in more detail.

If values of the Murphree efficiency are known, it is possible to calculate the
composition of one product stream from a stage directly, given the inlet composition
of that stream and the outlet composition and temperature of the other product. As
we shall see, this make the Murphree efficiency convenient for use in calculations of
multistage separation processes. On the other hand, the Murphree efficiency is less
convenient in predicting the product compositions from a simple single-stage separa-
tion process given the feeds, since one actual outlet stream composition is needed to
calculate the other.

Values of Murphree vapor efficiencies vary widely and can typically be in the
range of 60 to 90 percent for distillation in a plate column, 3 to 40 percent for
absorption of a gas into a heavy oil or for absorption in a chemically reacting system,
85 to 100 percent for extraction in a mixer-settler, and 15 to 50 percent per compart-
ment or plate for column extractors (Perry and Chilton, 1973).

Example 3-10 Suppose that the ammonia-stripping process of Fig. 3-5 is carried out isothermally at
30°C and 101 kPa. The ratio of air to water feeds is 2.0 mol/mol. If the inlet air is free of ammonia
and the inlet water contains 0.1 mol °, ammonia, find the exit-water composition. The Murphree
vapor efficiency of the plate for ammonia removal is 75 percent, and the Henry's law constant H in
the equilibrium expression pyy, = Hxyy, is 129 kPa/mole fraction at 30°C.

SoLuTioN The equilibrium ratio Kyy, is 129/101 = 1.28. Hence

Eyy =075 = Your.NHy ~ Vin, Ny
LZBI““‘-”“: = Yia.nn,
Since y i nu, = 0.

You Nty _ (0.75)(1.28) = 0.9 (3-26)

Xout, NH,
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By material balance

L(-"m.nll, - xonLNH,) = G}'nun_nu,
Substituting L/G = 0.50 mol/mol and x;, v, = 0.001 gives
Yout,NH, = 0.50(0.001 - -‘oun.NH,) (3-27)
Eliminating y,,, nu, from Egs. (3-26) and (3-27) gives
0.96x,,, nu, = 0.0005 — 0.50x,,, nu,
Solving, we have
Xour,nn, = 0.00034

or 66 percent of the ammonia is removed. ]
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PROBLEMS

3-A, Consider an evaporation process for separating a dilute solution of salt and water. The salt may be
assumed to be totally nonvolatile, so that the equilibrium separation factor x, _ is infinite. Compute the
apparent actual separation factor x}, , if one-half the water in the feed solution is vaporized and 2 percent
of the remaining liquid is entrained in the escaping vapor.

3-B, (a)Suppose 50 mL of vinyl acetate is added to 50 mL of a solution containing 50 wt °, acetic acid
and 50 wt °, water in a separatory funnel. The separatory funnel is shaken and the phases settle. How
many phases will form? What is the composition of the phase(s)?

(k) Repeat part (a) if only 10 mL of vinyl acetate is added to the 50 mL of original acetic acid- water
solution.

3-C, Vapor-liquid equilibrium data are frequently obtained in devices which contact vapor and liquid
streams circulating within a closed device. The equilibrium data are obtained by measuring the composi-
tions of the vapor and liquid by means such as gas chromatography. A possible complicating factor in
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such devices is entrainment. Suppose that a mixture containing 20 mol °, n-butane, 50 mol *, n-pentane.
and 30 mol ?, n-hexane is brought to equilibrium at 250°F and 9.47 atm to give the vapor and liquid
compositions found in Example 2-4. In the product analysis, however, the vapor sample contains
10 mol °, entrained liquid. What would be the apparent values of Ky. K,. and K, obtained from the
measured compositions of the * vapor ” and liquid samples, ignoring the entrainment? By what percentage
does each of these K's differ from the actual value?

3-D, Inthederivation of the Rayleigh equation (3-13) the term L dx appears, but the term V' dy does not
appear. Why?

3-E, Find the liquid composition when 70 percent of the original feed has been removed in the Rayleigh
distillation of Example 3-4.

3-F, Repeat Prob. 2-E for the situation where the vapor is removed from the system as rapidly as it is
formed rather than remaining in contact with the liquid phase. Report any additional sources of data you
consult.

3-G, A gas mixture of 0.1 °, ethylene glycol vapor in water vapor at 6.7 kPa is to be purified by passing it
in plug flow along a cooled tube which is kept at a temperature below the dew point (60°C). Condensed
water is continually removed from the system by passing out through a thin slot in the outer wall in a
direction perpendicular to the gas flow.

(a) What fraction of the water vapor must be condensed in order to yield a product water-vapor
stream containing only 0.01 °, ethylene glycol?

(b) Compare your answer with the result that would be obtained if the condensate and vapor
product were in equilibrium with each other.

Under these conditions the relative volatility of water to glycol is 98. The process is shown schemat-
ically in Fig. 3-18.

Water vapor in Water vapor out

L JL

Coolant —»= n - Coolant

R R R R A

Condensate removal

Figure 3-18 Condensation process with immediate condensate removal at all points.

3-H,t An adsorbent costing $40 per kilogram is being used in a process for selective adsorption of one
component from a mixture of several materials. The process consists of a cycle of adsorption followed by
reactivation and recharging the unit with the regenerated adsorbent, which after reactivation is only 85 per-
cent as efficient as in the preceding cycle. The cost of reactivation and recharging is $20 per kilogram.
What is the optimum number of cycles to use the adsorbent before discarding it?

3-1, A liquid mixture containing 70 mol °, acetone and 30 mol °, acetic acid is charged to a batch
(Rayleigh) distillation cperating at 101.3 kPa (1 atm). What molar fraction of the charge must be
removed by the distillation to leave a liquid containing 30 mol °, acetone? What will be the composition
of the accumulated distillate? Vapor-liquid equilibrium data for this system are given in Example 2-7.

+ From Board of Registration for Professional Engineers, State of California, Examination in Chemi-
cal Engineering, November 1966; used by permission.
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3-J, Figure 3-19 shows data for the uptake of water by molecular-sieve desiccants as a function of gas
humidity at temperatures near ambient. Compare Fig. 3-19 for molecular sieve with Fig. 3-17 for ac-
tivated alumina. If the desiccants are to be used for drying a stream of air:

(a) Which desiccant will provide effluent air of the lower water content before breakthrough?

(b) For desiccant beds of equal weight which desiccant will require more frequent regeneration?

(c) Would there ever be an incentive to use two desiccant beds in series for air drying, one bed
containing activated alumina and the other containing molecular sieve? If so, which bed would be
contacted first by the air?

g 25

2 7

=

3

g 2 o

- -z

g

CN

T iS5

&z

u

k"

S 10

2 |

= |

=

3

5 s

=

S

(¥}

<

2 Figure 3-19 Equilibrium moisture

g content of molecular sieve vs. rela-
tive humidity. ( Data from Davison

0 20 40 60 80 100
Chemical Division of W. R. Grace &
Relative humidity. percent Co.)

3-K, A home water softener will use a bed of sulfonic-resin ion-exchange particles, to be regenerated by a
waler stream passed through a bed of rock salt. NaCl. particles. The water supply contains 68 ppm (w'w)
(=68 mg per kilogram of water, or 68 mg/L), expressed as Ca’? ‘. Wheaton and Seamster (1966) report
that such a resin, regenerated with nearly saturated salt solution, will have an exchange capacity of
27.5 g/L of wet resin bed volume, expressed as weight of Ca? " exchanged.

Assume that it is necessary to supply 35 percent more bed volume than would correspond to the
indicated exchange volume of the resin in order to allow for the width of the breakthrough curve and to
give some margin for variable conditions. Assume also that it is necessary to pass 2.0 times the stoichio-
metric amount of salt into the ion-exchange bed to regenerate it fully. Regeneration will be automatically
timed to occur once a week. in the middle of the night. For regeneration, the household water supply will
be diverted from the bed and salt-bearing solution will be fed into the bed for 1 h, followed by a period of
water wash to remove salt from the interstices of the bed. Assume that the regeneration water passing
through the bed of rock salt will achieve 90 percent of saturation (solubility of NaCl in water =
36.5 kg 100 kg H,0). The average daily flow of water to be softened is 1 m* (1000 L).

(a) Calculate the volume of wet resin needed in the water softener.

() What flow rate of water to the salt bed is needed during the regeneration period?
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(c) If the bed of rock salt is recharged with 15-kg bags of salt bought at the grocery store, how often
will it be necessary to add the contents of a new bag to the bed?

(d) The [requency and duration of regeneration are typically set on a master controller. What
factor(s) might warrant resetting these values from time to time? Would a feedback control system for
regeneration be more appropriate? If so, how might one be implemented ?

3-L, A laboratory device is set up to remove a water contaminant from ethylene glycol by stripping the
glycol with dry air. The glycol is charged to the vessel, and desiccated air is supplied through a sparger
beneath the surface of the glycol. The glycol solution is well mixed by the bubbling action. The air leaves
the vessel in equilibrium with the solution. Surprisingly, the water-glycol system obeys Raoult’s law
closely. Given the following data, find how long air must be passed through the solution to dry the glycol
to a water content of 0.1 mol %.

The system is isothermal at 60°C Vapor pressure of water = 19.9 kPa at 60°C
Relative volatility of water to glycol = 98 Initial charge to vessel = 10.0 mol glycol
Initial H,O content of glycol = 2.0 mol °, Airflow = 5.0 mol/h

Pressure = LO0 atm = 101.3 kPa

3-M, For the situation of Example 3-2, (a) what is the maximum operable wash-water flow rate, expressed
as mass per mass of H,O in the original entrained concentrate?

(b) What is the optimal wash-water flow rate for minimum loss of juice solids per unit amount of
juice product?

3-N, Zone refining is a process which has been used extensively in recent years for the ultrapurification of
solid materials. The process operates by passing a heated zone slowly along a thin rod of the solid material
which is to be purified, as shown in Fig. 3-20.

Within the heated zone the material is melted, but outside the zone the material is solidified. As the
heater passes along the rod it melts the solid. After the heater passes a given location in the rod the
material at that point solidifies. The passage of the heated zone along the rod causes the impurity level to
vary continuously along the rod, being higher toward one end of the rod and lower toward the other end.
The separation can be accentuated by passing the heated zone along the rod in the same direction
repeatedly.

Wilcox, in his doctoral dissertation at the University of California, Berkeley, in 1960, examined the
removal of f-naphthol impurities from naphthalene by zone refining. Equilibrium measurements for this
system have shown that the ratio of the weight fraction of f-naphthol in the solid to the weight [raction in
the liquid at equilibrium (K,_, = w,/w,) is 1.85 as long as the weight fraction of f-naphthol in the solid is
less than 0.40. The density of molten naphthalene is 978 kg/m?, and the density of solid naphthalene is
1145 kg/m>.

Consider the zone refining of a 30-cm-long rod of naphthalene which contains an evenly distributed
impurity of 0.01 weight fraction f-naphthol w,. The length L of the heated zone is 1.0 cm. The molten
zone is always well mixed.

(a) Will the B-naphthol concentrate toward the end of the rod which is melted first or last? Why?

(b) Obtain an analytical expression for the weight fraction w, of f-naphthol in the rod as a function
of distance after a single pass of the heated zone along the rod. Plot w vs. distance along the rod after the
first pass. Make sure to include the last 1 cm at either end.

Heater
B

Refrozen solid Unmelted solid

—_—

Heater Figure 3-20 Zone-refining process.

UNIVERSITY OF MICHIGAN



138 SEPARATION PROCESSES

(¢) What 1s the level of f-naphthol concentration at the two tip ends of the rod after the first pass?

(d) What is the level of f-naphthol concentration at the two tip ends of the rod after the second pass?

(¢) Assume now that the molten zonc is not necessarily totally mixed. Does mixing in the molten
zone help or hinder the separation in this process?

(/) Assume once again that the molten zone is totally mixed. A phase diagram for the system
m-cresol-p-cresol is shown in Fig. 1-25. The densities of solid and liquid cresols are nearly the same.
Suppose that a 30-cm bar of p-cresol containing 1°, m-cresol is held in an environment which keeps it at
—10°C when it is not heated. The bar is to be purified by passing a molten zone 1.0 cm long slowly along
it. What is the composition of the bar as a function of length after the first pass? After the second pass?

3-0, The separation of hydrogen and methane is an important industrial problem. One technique which
has been suggested is the use of selective polymeric membranes. As shown in Fig. 3-21. one could flow a
high-pressure stream of hydrogen and methane into a chamber and allow a portion of that stream to pass
through to a low-pressure side of the chamber by means of a diffusion-permeation mechanism. The rate at
which component i passes through the membrane is given by

N, =K(Pyyiu — PLyu)

where N, = flux of component i through membrane, mol h:(m? membrane area)
K, = permeability of the membrane to component i. mol/h-Pa
Py . P, = high- and low-side pressures, respectively. Pa
Vin - ¥u. = mole fractions of component i on high- and low-pressure sides, respectively

For the use of ethyl cellulose membranes to separate hydrogen-methane mixtures, Weller and Steiner
(1950] give AH, CH, = KHJK(.‘H. = 6.6.

Consider the case where both the high-pressure and the low-pressure sides are well mixed. in which
case

where i and j are two components.
(a) Prove that the actual separation factor :r,‘J for a binary gas mixture is related to x,,. the pressure
ratio, and the high-pressure-side gas composition by

j'l‘f[z-:’.} 25 I} + I = r:fj
Y _"5”{1‘; - 1] +1=r

where 2, = K, /K,.and r= P, /P,.

(h) Suppose that an ethyl cellulose membrane process will be used to separate a hydrogen-methane
mixture, giving a methane-rich product containing 60 mol “,, methane and 40 mol “, hydrogen. If
P, /Py =050, find the value of x, ¢y, and the composition of the hydrogen-rich product. Explain
physically why 1';’;! cn, 18 50 much less than 2, ¢y, -

L ow Stream rich in H,
Thin polymeric pressure =
membrane
\‘_
Feed (H, + CH,) High Stream rich in_LCH‘t
o pressure >

Figure 3-21 Membrane process for separation of hydrogen-methane mixtures.
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(c) Show that the minimum value of o, required to provide a given recovery of component j in the
retentate (high-pressure product), with fixed compositions of the binary feed and of the permeate (low-
pressure product), is given by

“T1-R,

where R; is moles of component j in the retentate divided by moles of component j in the feed and g is
defined by

_ Vi Vi
Yin Vir

the subscript F referring to the feed.

3-P, Present the appropriate equations and a computation sequence for finding the maximum percent of
the cyclopentane fed which can be recovered in a given purity ye in the accumulated distillate product
from a simple Rayleigh distillation of a liquid mixture of fixed composition containing cyclopentane (CP),
cyclohexane (CH), and methylcyclopentane (MCP). Indicate a particular convergence method which you
feel would be reliable and effective. Would direct substitution be workable? acp_cy =2.60 and
Gyacp - = 1.30.

3-Q, Using relative-volatility data from Prob. 3-P, find the mole percentage of cyclopentane in the
accumulated distillate from a simple Rayleigh distillation of a mixture containing 70 mol % cyclopentane,
10 mol %, cyclohexane and 20 mol %, methylcyclopentane, if 20 mol 9, of the mixture is distilled over.
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CHAPTER

FOUR
MULTISTAGE SEPARATION PROCESSES

Separation processes are frequently built in such a way that the same basic separa-
tion unit is repeated over and over again. Processes of this sort are called mulitistage
separations. This chapter will consider the reasons for devising multistage processes
and also explore some of the ways in which multiple staging can be accomplished.
The two principal reasons for staging are to increase product purity and to reduce
consumption of the separating agent.

INCREASING PRODUCT PURITY

Often a separation process is called upon to produce one or more relatively pure
products. In many cases, however, a sufficiently high degree of product purity cannot
be achieved in a simple single-stage contacting device of the sort discussed in
Chaps. 2 and 3.

Multistage Distillation

Consider a process in which a benzene-toluene mixture is to be separated into
benzene and toluene, both for sale as chemicals. This process might, for example,
receive the mixed benzene-toluene effluent stream of Fig. 1-8 as a feedstock. Mini-
mum product purities will be imposed in order for the benzene and toluene to be
salable on the market. Typically, these purities might be somewhere in the range of
98 to 99.9 percent or even higher.

As we have seen in Fig. 1-17 and Example 2-1, benzene has a vapor pressure 2.25
times greater than that of toluene at 121°C. This ratio is not very sensitive to temper-
ature. The higher volatility of benzene suggests a process in which the liquid feed is

140
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—> Vg L@/
Water
Feed —-@l.-: % <

Steam Steam
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— Xp

(a) (h)

Figure 4-1 (a) One- and (b) two-stage vaporization processes.

partially vaporized to give a vapor product richer in benzene. This process is shown
in Fig. 4-1a.
Suppose, however, that the feed consists of 50 mol %, benzene and 50 mol %

toluene. The first small amount of vapor generated will have a composition given by
Eq. (1-12) as

_ (225)(0.50)
Y8 =1+ (225 — 1)(0.50)

As more vapor is formed, the mole fraction of benzene in the liquid will drop and the
equilibrium benzene content of the vapor will also drop. If half the liquid is va-
porized, simultaneous solutions of Egs. (1-12) and (2-9) shows that yg = 0.600 and
xg = 0.400. Hence there is no way in which a sufficiently pure benzene product can
be made in this single-stage vaporization.

One way to obtain a richer benzene product is to condense a portion of the
vapor generated in the first step. Such a process is shown in Fig. 4-1b. If the vapor
products from both steps are quite small, then

. (225)(0691)
Y8 = 1+ (225 - 1)(0.691)

If the vapor products are both substantial, yz will be lower but will still have been
increased over the single-step case. For example, if half the feed is vaporized in each
step, yg = 0.696, again by combined use of Egs. (1-12) and (2-9).

Extending this concept, we can picture a process, shown in Fig. 4-2, in which
there are enough successive condensations to give a benzene product of the required
purity. Similarly, a sequence of vaporizations of the liquid product from the initial
step will serve to create a sufficiently pure toluene product (see Fig. 4-3).

In passing, it should be noted that the successive vaporizations leading to the
toluene product in the bottom half of Fig. 4-3 are conceptually quite similar to the
Rayleigh distillation discussed in Chap. 3. The two processes give identical products
if an infinite number of stages are employed in the bottom half of Fig. 4-3. We have
already seen that the last drop of liquid remaining in a Rayleigh distillation will

= 0.691

= 0.838
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Feed

Steam

Figure 4-2 Process for production of pure benzene.

consist entirely of the least volatile component. Similarly, an infinite number of
stages in the toluene-purification sequence will give a totally pure toluene product.
By analogous reasoning, the benzene-purification train is akin to a batch, or
Rayleigh, condensation.
The scheme shown in Fig. 4-3 is capable of giving quite pure products, but the
amounts of these products obtained will be quite small. At the same time there will be
many products of intermediate composition which have not been brought to the

— |

v Water
° > — L,
Feed@' Water I L,
e
Steam [ ' e,
- -
Lo

Steam

E; b & g Bt

m - 2
Steam
g

Figure 4-3 Process for production of pure benzene and pure toluene.
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Figure 44 Recycling of intermediate products.

required product purity. An obvious improvement is to reintroduce these inter-
mediate products to the process at the point where they correspond to the prevailing
stream composition. Thus the liquid from the second separator of the benzene-
purification train L, can be put back into the initial separator. This follows since L,
has been once enriched in benzene (as V,,) and once depleted : hence L, is of approxi-
mately the same composition as the main feed. Similarly V', has been once depleted
in benzene (as L) and once enriched; hence it too has approximately the composi-
tion of the main feed and should return to the initial separation stage. By the same
line of reasoning L, _, is enriched n — 1 times and depleted once: therefore it should
enter the last previous stage along with V,_;, which has been enriched n — 2 times.
L, should enter with V,_,, V,,_, should enter with L,,_5, and so on.

Figure 4-4 shows the process which results if the intermediate products are all
returned to the appropriate separation stages. It becomes apparent in constructing
this figure that another advantage has accrued from returning the intermediate prod-
ucts to the process. Each stage in the upper train to which a liquid has been
returned no longer requires a water cooler on the vapor feed to that stage. The second
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phase for the separation is now formed by the returning liquid. A rough energy
balance, allowing for latent heats but ignoring sensible-heat effects, shows that the
ratio of product vapor to product liquid from a stage will be the same as the ratio of
feed vapor to feed liquid entering that stage. However, the compositions of the two
products will differ from the compositions of the two feeds since the two feeds are not
in equilibrium with each other. Since L, is richer than L, etc,, the returning liquid
necessarily is richer in benzene than corresponds to equilibrium with the vapor fed to
a stage. This is what provides the impetus for continual enrichment of the vapors in
benzene as we go upward along the sequence of separators. The same reasoning
applies to the bottom train of separators. The returning vapors now provide the
second phase for separation, and the steam heaters are no longer required.

Note that the heat exchangers on the feeds to the two terminal stages of the
purification sequence are still necessary since no returning intermediate product is
fed to these stages. The top water cooler and the bottom steam heater are required to
generate the second phase in these two terminal separators. Unless the final cooler is
used, no available intermediate liquid product has a benzene content higher than
corresponds to equilibrium with V,_,: also, unless the final heater is included, no
available intermediate vapor product has a benzene content lower than corresponds
to equilibrium with L, _,. Note also that the steam heater on the initial feed to the
entire process is not really necessary either, as long as V| is sufficient to generate an
adequate vapor phase in the first separator. This will be true unless the original liquid
feed is highly subcooled.

Figure 4-4 represents the process of distillation, which is the most common of the
various staged separation processes carried out industrially. The equipment
employed in actual practice is still simpler than that indicated in Fig. 4-4. As long as
the vapor and liquid flows can be sent in the proper directions and brought into
contact repeatedly to provide the action of the stages, the distillation process can be
carried out in a single vessel.

Plate Towers

The most common single-vessel device for carrying out distillation. a plate tower, is
shown schematically in Fig. 4-5. The tower is a vertical assembly of plates, or trays,
on each of which vapor and liquid are contacted. The liquid flows down the tower
under the force of gravity, while the vapor flows upward under the force of a slight
pressure drop from plate to plate. The highest pressure is produced by the boiling in
the bottom steam heater, called the reboiler. The vapor passes through openings in
each plate and contacts the liquid flowing across the plate. If the mixing of vapor and
liquid on the plates were sufficient to provide equilibrium between the vapor and
liquid streams leaving the plate. each plate would provide the action of one of the
separator vessels in Fig. 4-4. The portion of the tower above the feed is called the
rectifying or enrichment section. As is clear from the logic leading to Figs. 4-3 and 4-4,
this upper section serves primarily to remove the heavier component from
the upflowing vapor; it enriches the light product. The portion of the tower below
the feed, called the stripping section, serves primarily to remove or strip the light
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Figure 4-5 Distillation tower.

component from the downflowing liquid. The bottom section thus serves primarily
to purify the bottoms product.

The condenser system takes the overhead vapor from the column and liquefies a
portion of it to return to the tower as reflux (equivalent to L,). Thus the condenser
and reflux accumulator are unchanged in concept from the top stage of Fig. 4-4. The
reboiler shown in Fig. 4-5 is a kettle reboiler; it combines the heating and phase-
separation functions of the bottom stage in Fig. 4-4.

The condenser shown in Fig. 4-5 is a partial condenser, so named because it
condenses only a fraction of the overhead vapor. Total condensers are also used
commonly; with a total condenser the overhead vapor is entirely liquefied and split
into two portions, one for use as overhead product and the other for return to the top
plate as reflux. Since liquids are more easily stored than vapors, a total reboiler,
giving the bottom product as a vapor, is seldom used.
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: .I:Iﬁ-- 2

Figure 4-6 Facilities for the primary distillation of crude oil into products of different boiling ranges
for further processing. The unit is located at the Naples refinery of Mobil Oil ltaliana and processes
82.500 bbl of crude oil per day (1 bbl = 0.159 m®). The distillation is carried out in two towers,
atmospheric (narrower) and vacuum (wider), together at the center of the photograph. The tall structure
at the left 1s the flue stack for a furnace preheating the feed to the distillation towers. To the right of the
crude distillation towers is a bank of fan-driven air-cooled heat exchangers, which probably serve as the
overhead condenser for the atmospheric tower. Four other distillation columns are visible to the right,
in the rear. { The Lummus Co., Bloomfield, NJ.)

Figures 4-6 and 4-7 give an idea of the importance and scale of distillation towers
in petroleum refining and petrochemical manufacture, where they are the principal
means of separation.

An enlarged diagram of one type of individual plate is shown in Fig. 4-8. In order
to give good mixing between phases and to provide the necessary disengagement of
vapor and liquid between stages, the liquid is retained on each plate by a weir, over
which the effluent liquid flows. To reach the next stage, this effluent liquid flows
down through a separate compartment, called a downcomer. The downcomer pro-
vides sufficient volume and a long enough residence time for the liquid to be freed of
entrained vapor before reaching the bottom and entering the next plate.

Many different designs have been proposed and built for the plates themselves.
The vapor must enter the plate with a relatively uniform distribution, must contact
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Figure 47 A giant distillation column, 82 m high and 49 m in diameter, being lifted into place at the
Imperial Chemical Industries, Ltd., ethylene plant at Wilton, England. This plant produces ethylene,
propylene, and butadiene from hydrocarbon feedstocks derived from petroleum refining. Note the
scaffolding surrounding the towers under construction in the background. ( The Lummus Co., Bloomfield,
NJ.)

the liquid intimately, and must disengage quickly from the liquid. The simplest type
of plate is the sieve tray, shown schematically in Fig. 4-8, which consists of a metal
plate with 3- to 15-mm holes, spaced in a regular pattern. A photograph of a sieve
plate is shown in Fig. 4-9.

Most older distillation towers were built with bubble-cap trays, which bring the
vapor to a point up in the flowing liquid and then reverse the direction of vapor flow,
causing it to jet or bubble out into the liquid through slots. The bubble caps are
positioned on a plate in patterns similar to that shown for the sieve-plate holes in
Fig. 4-8. Figure 4-10a provides a schematic drawing of a bubble cap. Figure 4-11
shows a tray containing a full layout of bubble caps.

Figure 4-10b is a schematic drawing of a valve cap, another device in widespread
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Figure 4-8 Sieve plate.

use. The riser of the valve cap is supported by the momentum of the upflowing vapor.
At high vapor velocities the riser is fully open, while at lower vapor velocities the riser
is partially or completely lowered. In this way the linear velocity of vapor issuing into
the liquid from under the riser is more or less independent of the total amount of
vapor being handled by the tower. Thus valve caps provide good vapor-liquid mixing
over a wide range of tower flow conditions. Figure 4-12 shows a valve-cap tray with
the caps in down (low-gas-flow) position.

Further descriptions of these and other types of plates can be found in several
distillation texts (Hengstebeck, 1961; Oliver, 1966; Smith, 1963; Van Winkle, 1968;
etc.).

As a rule, the individual plates in a distillation column do not provide simple
equilibrium between the exiting vapor and liquid. The residence times of the two
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Figure 4-9 A 2.1-m-diameter perforated (sieve) tray. The downcomer to the next tray is located on the

left. ¢ Fritz W. Glitsch & Sons, Inc., Dallas, Texas)
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Figure 4-10 Devices for dispersing vapor into liquid on a plate: (a) bubble cap: (b) valve cap (partly open).
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Figure 4-11 Bubble-cap tray 1.2 m in diameter with 7.6-cm cap assemblies. ( Fritz W. Glitsch & Sons,
Inc., Dallas, Texas)

phases and the degree of dispersion of the vapor and liquid represent compromises
between effective contacting and reasonable equipment costs; consequently the
amount of mass transfer usually falls short of that required to approach equilibrium
closely. In the other direction, the cross-flow effect, already analyzed in Example 3-3,
can let the change in vapor composition exceed that corresponding to simple equili-
brium with the liquid, particularly in towers with large diameters. As a result of these
factors, the plates of a distillation tower should not be equated to the equilibrium
stages in Fig. 4-4; the difference is usually accounted for through a stage efficiency.
Prediction and analysis of stage efficiencies and other plate characteristics are
covered in Chap. 12.

Countercurrent Flow

From Figs. 4-4 and 4-5 it should be noted that the distillation is accomplished by
countercurrent flow of the vapor and liquid phases. The reader is probably already
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Figure 4-12 A 1 8-m-diameter valve-cap tray. ( Fritz W. Glitsch & Sons, Inc., Dallas, Texas)

familiar with the benefits of countercurrent flow in heat exchangers. The important
consequence of countercurrent flow in a distillation system is that the overhead
product is considerably more enriched in the more volatile component (benzene)
than corresponds to equilibrium with the bottom product; this was our reason for
staging the process in the first place.

It is possible to use several devices other than plate towers to achieve the coun-
tercurrent flow required for high-purity products in vapor-liquid systems. One
example is a packed tower, shown schematically in Fig. 4-13b. Here the arrangement
of equipment in the packed-tower scheme of Fig. 4-13b is the same as for the plate
tower of Fig. 4-13a except that the internals of the tower itself are different. The
packed tower is filled with some form of divided solids, shaped to provide a large
particle-surface area. The liquid flows down over the surface of the solids and is
exposed to the vapor, which flows upward through the open channels not filled by
packing or liquid. Some common types of packing are shown in Figs. 4-14 and 4-15.

Within a packed tower there are no discrete and identifiable stages to provide
equilibrium of liquid and vapor. However, it is important to realize that the work-
ability of the plate tower shown in Fig. 4-5 is not predicated upon the attainment of
equilibrium between the two product streams leaving a stage. Instead it is only
necessary that there be some exchange of material between the phases; this exchange
of material will be such as to bring the two phases closer to equilibrium. A large
number of stages providing partial equilibrium will perform the same overall separa-
tion as a smaller number of stages providing complete equilibrium.
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Figure 4-13 Comparison of (a) plate and (b) packed towers.

In the packed tower the vapor and liquid are continuously contacted and are
continuously undergoing an exchange of material. As in the plate tower, this ex-
change of material acts in the direction of bringing the two phases closer to equilib-
rium. In the benzene-toluene example, if a packed tower were used, the liquid at a
given level in the tower would always be richer in benzene than corresponded to
equilibrium with the vapor, and there would be a transfer of benzene from the liquid
to the vapor at all points in the tower. To preserve the enthalpy balance, there would
also be a transfer of toluene from the vapor back to the liquid at all points. Thus the
necessary transfer of species between phases also occurs in the packed tower, and the
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Y

(e) (f) (g)

Figure 4-14 Common packing shapes: (a) Raschig rings, (b) Intalox saddle, (c) Pall rings, (d) cyclohelix
spiral ring, (e) Berl saddle, ( f) Lessing ring, and (g) cross-partition ring. ( U.S. Stoneware Corp., Akron,
Ohio)

Figure 4-15 Grid-type packing, 1.8 m in diameter and 2.4 m deep. ( Fritz W. Glitsch & Sons, Inc., Dallas,
Texas)
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Figure 416 Comparison of (a) plate absorber, (b) packed absorber, and (c) shell-and-tube heat exchanger.

packed tower of Fig. 4-13b can give a separation equivalent to that given by the plate
tower of Fig. 4-13a.

The analogy between countercurrent mass transfer and countercurrent heat
transfer may be even more apparent from Fig. 4-16. In Fig. 4-16a and b plate and
packed columns are used as countercurrent absorbers to remove a soluble impurity
from a gas into a solvent liquid. In Fig. 4-16¢ a shell-and-tube heat exchanger is used
to remove heat from a hot stream into a cold stream. The driving force for heat
transfer is the temperature difference between the two streams at any cross section of
the heat exchanger, and the driving force for mass transfer (absorption) is the differ-
ence between the partial pressure of solute in the gas and the partial pressure of
solute that would be in equilibrium with the liquid at any cross section of the towers.
Countercurrency enables the heat exchanger to operate with T; becoming less than
T; . Equilibrium between the effluent streams would correspond to T, = T, , and so
T, < T, corresponds to exceeding the action of simple equilibrium. Similarly, coun-
tercurrency in the absorbers enables the partial pressure in the exit gas to be reduced
to a value lower than that corresponding to simple equilibrium with the exit liquid.

Since the feeds enter at the ends, the devices in Fig. 4-16 are single-section
separators or exchangers and are thereby analogous to either the rectifying section or
the stripping section, individually, in a distillation tower.
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REDUCING CONSUMPTION OF SEPARATING AGENT

One advantage of staging a separation process is that purer products can be ob-
tained. Another advantage, in many cases, is that the amount of separating agent
consumed is less. An example will illustrate this point.

Multieffect Evaporation

Consider the evaporation process shown in Fig. 4-17 for the conversion of seawater
into fresh water. Steam condenses in the coils of the evaporator, giving up heat,
which serves to evaporate the seawater. The evaporated water is condensed in a
water-cooled heat exchanger and forms the freshwater product.

At first glance it may seem strange that condensing water can boil water, which
in turn can be condensed by another water stream. A temperature-difference driving
force is necessary to cause heat flow across the heat-transfer surfaces, Thus the steam
must be at a higher pressure than the pressure in the evaporator chamber, so that the
steam-condensation temperature will be higher than the boiling point of the sea-
water. Similarly, the cooling-water temperature must be less than the condensation
temperature of the evaporated water.

Desalination processes for seawater should produce fresh water at a cost on the
order of 40 cents or less per cubic meter of fresh water in order to be attractive
economically. In the process shown in Fig. 4-17 approximately 1 kg of steam is
consumed for 1 kg of fresh water produced since the latent heats of vaporization of
steam and seawater are essentially the same. The price of steam is variable, depend-
ing upon the pressure, location, etc., between about $1.80 and $9 per 1000 kg. Taking

—% Fresh water
/___,__\ Water

Steam

—— = Brine

-

Sea waler

Figure 4-17 Evaporation process for
Condensate converting secawater into fresh water.
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Figure 4-18 Two-stage evaporation process.

a relatively low steam cost of $2.50 per kilogram, we find that the steam for the
process shown in Fig. 4-17 costs

- 8250 1 kg steam 1000 kg
1000 kg steam 1 kg fresh water 1 m?

= $2.50/m? fresh water

Thus the cost of the separating agent, by itself| is enough to prevent the process from
being economically worthwhile. Amortization charges for the plant equipment will
raise the cost of water still further.

The separation factor is very large for this process because of the negligible
volatility of the dissolved salt contaminants of the seawater; hence there is no advan-
tage in product purity to be gained from staging the process in any way. There is
latent heat available, however, in the evaporated water, which can be used to advan-
tage in a second evaporator operating at a lower pressure, as shown in Fig. 4-18.
Since the second evaporator is run at a lower pressure than the first, the boiling point
of the brine in the second evaporator is less than the condensation temperature of the
water vapor in the tubes. Thus the positive-temperature-difference driving force
necessary for heat transfer across the coils is established.

In this process 1 kg of steam produces approximately 2 kg of fresh water; hence
the steam cost is halved at the expense of increased equipment cost. It is also clear
that we can build more evaporators in series, each running at a lower pressure than
the previous one. As is evident from Fig. 4-19, the steam consumption will be approx-
imately 1/n kg per kilogram of fresh water if there are n evaporators. With enough
evaporators the steam costs by themselves will not make the process economically
prohibitive.

The process of Fig. 4-19 is called multieffect evaporation, each stage being called
an effect. This process represents a case where the whole benefit of staging is a
reduction in the consumption of separating agent for a given amount of product.
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Figure 4-19 Multieffect evaporation.

This saving results from the fact that the separating agent can be reused from one
effect to the next. This reuse of separating agent also characterizes the distillation
process of Figs. 4-4 and 4-5. Vapor is generated in the reboiler and forms a vapor
phase on each plate above, without any need for additional reboilers. Separating
agent is introduced in the amount necessary for one stage and then reused in all other
stages.

Appendix B gives an analysis of how the design of a multieffect evaporation
system depends upon heat-transfer coefficients, thermal driving forces, etc. It also
considers how different factors interact to determine the optimal number of effects
and presents results of a specific example for seawater desalination.

COCURRENT, CROSS-CURRENT, AND COUNTERCURRENT
FLOW

In the discussion thus far, the stages of a continuous-flow multistage process have
been shown linked together with countercurrent phase flows. While we have seen
that the countercurrent staging arrangement provides improvements over single-
stage separations, we have not explored the possibility that other arrangements of
stages might provide as good or better a separation. Obviously, many linkages are
possible even with a few stages.

Three bastc and simple methods of flow arrangement are shown in Fig. 4-20. As
an illustration it has been assumed that the products from each stage are in equilib-
rium, that the phases utilized are vapor and liquid, that the feed is liquid, and that
heat is introduced at some point or points in the stage arrangement in order to create
a vapor phase. The same conclusions would be reached if the phases were different
and produced by different means.

It should be apparent from consideration of Fig 4-20 that the arrangement of
parallel, or cocurrent, flow results in the separation given by a single stage, no matter
how many stages are used. The products from the topmost stage are in equilibrium,
and will simply stay in equilibrium upon passing through the next stage. Stages 2 and
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3 accomplish nothing. Product purities cannot exceed those attainable in a single
equilibrium-stage separation.

The cross-flow arrangement possesses the same advantages that a Rayleigh dis-
tillation provides, as opposed to a continuous single-stage flash process. Vapors are
removed in equilibrium with various liquid compositions, ranging from that of the
feed to that of the final liquid product. Since the vapor in equilibrium with the feed is
richer in the more volatile component than the vapor in equilibrium with the final
liquid product, the cross-flow arrangement gives an improved separation as opposed
to the cocurrent arrangement. In the limit of an infinite number of stages, the cross-
flow arrangement will give a separation equivalent to the Rayleigh distillation; for
any finite number of stages, the separation will be intermediate between a single-
stage separation and a Rayleigh distillation.

The countercurrent-flow arrangement can readily exceed the quality of separa-
tion attainable in a Rayleigh distillation for a given yield of product. With enough
stages, all the vapor product will be in equilibrium with the feed, which is the richest
liquid. Hence the countercurrent arrangement is more efficient than the cross-flow
arrangement. Similarly, the consumption of separating agent for appropriate com-
parisons of the three flow arrangements usually increases in the order
countercurrent < crosscurrent < cocurrent. These points are illustrated in the fol-
lowing example.

Example 4-1 A process is to be considered utilizing the three-stage and flow arrangements shown in
Fig. 4-20. It is a vapor-liquid process using a liquid feed of 0.5 mol A and 0.5 mol B. Neglect the heat
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capacity of the streams and assume that all heat introduced results in vaporization. Assume also that
the latent heats of both A and B are 20 MJ/mol. Each stage provides complete equilibrium. The
separation factor between A and B is constant and equal to 4. Calculate with each arrangement the
amount of liquid bottom product (purified B stream) produced and the heat requirements if
the concentration of A in the bottom product is chosen to be 10 mole percent. Compare also with
the results for a one-stage Rayleigh distillation.

SoLuTiON Parallel flow Since the two products are in equilibrium, we can use the equilibrium
expression to obtain

: BapXa _ 4x,  4xay  4010)
C(aap— 1)Xa4+ 1 3x4a+ 1 3xas+1  3(0.10) + 1

Ya = 0.308

The product vapor and product liquid are both depleted in A with respect to the feed. This is an
impossible situation, as shown by the mass balances

Vy=1-Ly, and 05=0308V, +0.10L,

which yield ¥; = 1.92 mol and L, = —0.92 mol.
The cocurrent-flow arrangement is incapable of producing any bottom product with the mole
fraction of A reduced to 0.10.

Crosscurrent flow To solve this case it is necessary to write the material balance for component A at
each stage.

Stage I: 05=V,ya .+ Lix,,
Stage 2: Lixy y=Voya 2+ Lyxs 2
slage 3: L: .‘{a_z = V3 y‘. 3 + L, XA‘a

If the additional stipulation is made that the amount of heat put into all stages is equal (note
that some statement like this is needed to specify the problem completely), then

V|=V2=V3=V

and the equations can be solved for x, ,, x, ,,and V, using the equilibrium expression together
with the requirement that x, ; = 0.10.
The results are

V=V, = V¥; =0.303 mol Vi + V3 + V3 = 0.909 mol total vapor product
¥a 1 =0.728 Va2 =0584 y, ;=0308 YA, total vapor = 0.540
L, = 0.091 mol liquid bottom product Heat requirement = 18.18 MJ

Countercurrent flow It is again necessary to write the material balance for component A at each
stage.

Stage 1: 05+ Vaya.2=WViya.1 + Lixa
Stage 2: Vavas +Lyxpa y=Voya 2+ Lyx, 5
Stage 3: Lyx, 2=Vyya 3+ Lix, 5

Since all the heat introduced in the bottom stage results in vaporization and the latent heats of
A and B are assumed to be the same,
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Solving the equations under these conditions leads to

¥, = 0.646 mol vapor top product

Ya.1=0720 y,,=055 y,,=0308

L, = 0.354 mol liquid bottom product Heat required = 12.92 MJ

Comparing the two processes that will give the required product, it is apparent that countercur-
rent flow is markedly better than cross-current flow, producing almost 4 times as much purified
bottom product with approximately two-thirds as much heat. In addition, the use of just a few
countercurrent stages above the point of feed introduction, provided with liquid flow from conden-
sation of a portion of the vapor, would materially increase the amount of bottom product again.

The amount of bottom product, with x, = 0.10, which could be obtained from the feed by
means of a simple Rayleigh distillation can be calculated from Eq. (3-18):

L 1 (0.1)(0.5) 0.5

L +1n > =11n 0111+ In 0.55 = —0.73 — 0.59 = —1.32
10 4-1"(0509 Mog 3" "

L =0.27 mol Heat required = 14.6 MJ

In

Hence we have established that the amount of product obtained lies in the order
Countercurrent > Rayleigh > crosscurrent > cocurrent

The opposite ordering applies to the heat requirement (consumption of separating agent). d

OTHER SEPARATION PROCESSES

The usefulness of the multistage, or countercurrent-contacting, principle is in no way
limited to vaporization-condensation processes such as distillation and evaporation.
Any separation process which receives a feed and produces two products of different
composition can be staged in exactly the same flow configuration. One result of this
generalization is that packed and plate towers can be, and frequently are, used for the
other gas-liquid separation processes, such as absorption and stripping.

Liquid-Liquid Extraction

Liquid-liquid extraction can be accomplished by creating a staged arrangement of
the mixer-settler devices shown in Fig. 1-20. A three-stage extraction process of this
sort is shown in Fig. 4-21. Readers should convince themselves that the operation of
this process is entirely analogous to that of the portion of a distillation column lying
below the feed (the stripping section), even though the individual items of equipment
are quite different. The water (solvent) feed at the right-hand side of the process takes
the place of the reboiler vapor in distillation. The water—plus-acetic acid product is
equivalent to the vapor leaving the feed stage in distillation. The staged extraction
produces purer products than can be achieved in a simple single-stage extraction.
It should also be pointed out that the amount of water (separating agent)
required for the recovery of a given amount of acetic acid is less in the three-stage
process than in a single-stage process. In a single-stage process the effluent water can
contain at most a concentration of acetic acid in equilibrium with the vinyl acetate
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Figure 4-21 Three-stage extraction process for separating vinyl acetate from acetic acid.

product. In the three-stage process the effluent water can contain a higher concentra-
tion of acetic acid, corresponding more nearly to equilibrium with the vinyl acetate-
acetic acid feed. Since the acetic acid concentration in the water can reach a higher
level in the multistage process, less water solvent is required for a given acetic acid
recovery. This situation is analogous to the reduction in separating-agent consump-
tion accomplished by staging the evaporation process of Fig. 4-19.

Numerous other devices can be used for carrying out countercurrent, or multi-
stage, liquid-liquid extraction processes. For example, rotating-disk contactors,
shown in the aromatics recovery unit of Fig. 1-10, are operated in countercurrent
fashion to give purer products than would correspond to simple equilibrium between
product streams. As shown in Fig. 4-22, a countercurrent rotating-disk extraction
column receives the denser liquid phase at the top of the column, while the other,
lighter liquid phase enters the bottom and flows upward, contacting the heavier
phase as it goes. Plate and packed towers are also used for multistage liquid-liquid
extraction, the less dense liquid taking the place of the vapor in distillation as the
fluid which flows upward in the tower.

The process shown in Fig. 4-21 provides the action of the stripping section of a
distillation column, but there is no analog to the rectifying section. As a result the
vinyl acetate product will be relatively pure, but there still will be a substantial
amount of vinyl acetate contaminant in the aqueous product. The vinyl acetate
product can equilibrate against the pure water solvent, whereas the aqueous product
can equilibrate only against the much less pure feed mixture of vinyl acetate and
acetic acid. Similarly. if the rectifying section were left off the distillation column in
Fig. 4-5, there would be a sizable toluene contaminant in the benzene product
although the toluene product could be quite pure.

Two different approaches can be used to provide the equivalent of rectifying
action on the extract and thereby remove vinyl acetate from the acetic acid product
in this example. One of these is shown in Fig. 4-23, where a distillation column is
used to remove solvent (water, in this case) from a portion of the extract. This
converts the overhead from the distillation column into a feed-phase stream, rich in
the preferentially extracted component (acetic acid, in this case). Since this extract-
reflux stream is available for the extract stream to equilibrate against, the main feed
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Figure 4-22 Countercurrent rotating-disk column for liquid-liquid extraction.
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Figure 4-23 Schematic of an extraction process with extract reflux.
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Figure 4-24 Schematic of an extraction process with two counterflowing solvents (fractional extraction).

can be introduced to the middle of the cascade and a two-section extraction process
results, capable of giving a low concentration of vinyl acetate in the extract product
as well as a low concentration of acetic acid in the raffinate product.

The second approach is shown in Fig. 4-24, where a second solvent, immiscible
with the first solvent and the former extract but miscible with the former raffinate,
enters at the other end of the cascade. In the present example this second solvent
should dissolve vinyl acetate preferentially over acetic acid, thereby purifying the
acetic acid product. A heavier ester or an ether might serve as a low-polarity solvent
for this purpose.

Two-solvent extraction processes of the sort shown in Fig. 4-24 are sometimes
referred to as fractional extraction. One commercial example is the Duo-sol process,
developed for refining lubricating oils (Hengstebeck, 1959). In that process the
counterflowing solvents are liquid propane and Selecto, which is a mixture of 409
phenol and 609 cresylic acids (cresols, etc.). The crude lubricating oil enters midway
in the cascade. The desirable noncyclic compounds dissolve preferentially in the
propane, while undesirable substances such as asphalts, polycyclic aromatics, and
color species are taken up by the phenol-cresylic acid phase. Fractional extraction
processes are further discussed by Treybal (1963).

Generation of Reflux

The examples shown so far lead to a generalization of two methods of creating a
refluxing stream for a multistage equilibration separation process:

1. Convert a portion of a product stream into the other, counterflowing phase of matter, e.g.,
by converting vapor into liquid in a condenser or liquid into vapor in a reboiler (distilla-
tion) or by converting extract phase into raffinate phase in a distillation column (refluxed
extraction). This usually amounts to adding an energy separating agent.

2. Add a mass separating agent, such as a liquid solvent (simple extraction, absorption) or a
carrier gas (stripping).

In two-section multistage processes it is possible to use the first approach at both ends
of the cascade of stages, as in distillation, or to use the second approach at both ends,
as in the fractional-extraction process of Fig. 4-24 or in a combined absorber-
stripper. Alternatively, combination processes can be used, such as the refluxed
extraction process of Fig. 4-23 or a reboiled absorber, where solvent is added at the

UNIVERSITY OF MICHIGAN



164 SEPARATION PROCESSES

Foam Foam
—_——
— — —»
Liquid Liquid
feed feed
—_—
Surfactant
I Figure 4-25 Combined bubble and
Air Rafﬁnale. Air Raﬂ'mat.e fgam fractionatio.n processes:  (a)
simple configuration; (b) separate
(a) (b) surfactant feed.

top, feed enters in the middle, and a reboiler generates counterflowing vapor at the
bottom.

Bubble and Foam Fractionation

Figure 4-25a shows the simple flow configuration for combined bubble and foam
fractionation. Liquid flows downward through an empty column, and gas rises up
from the bottom in the form of fine bubbles. In the configuration shown, foam forms
above the feed, being generated by the rising bubbles when they reach the top surface
of the liquid pool. The foam is withdrawn as an overhead product. Surface-active
species are adsorbed to the bubble surfaces and leave in the foam product.

Figure 4-26 shows measured axial liquid-concentration profiles in the liquid
column for a case where Neodol, a commercial anionic surfactant, is removed from
water in a bubble column with a length-to-diameter ratio slightly over 20 (Valdes-
Krieg, et al., 1977). The fractionation effect from the counterflowing streams (liquid
downward and interface rising with the gas upward) is substantial, reducing the
Neodol concentration by more than a factor of 20 from column top to bottom.

Since it is an anionic surfactant, Neodol has the property of pairing selectively
with certain cations, one of which is copper. Cu?*. However. with the configuration
of Fig. 4-25a, where the surfactant would enter in the copper-bearing feed solution,
the counterflowing gas and liquid in the bubble column would accomplish relatively
little fractionation of copper since not much surfactant is present low in the column
(Fig. 4-26). Better fractionation of copper in the bubble column is obtained by intro-
ducing the surfactant separately. lower in the bubble column, as shown in Fig. 4-25b.

UNIVERSITY OF MICHIGAN



MULTISTAGE SEPARATION PROCESSES 165

Neodol concentration, ppm

Figure 4-26 Axial concentration profile for
Neodol (an anionic surfactant), using configura-
tion of Fig. 4-25a. Column diameter = 6.95 cm.
Volumetric gas-to-liquid ratio = 1.88. Neodol
concentration in feed = 19.6 ppm. Feed level =
150 cm above bottom. ( Adapted from Valdes-
v A @ % 120 L Kreig et al., 1977, p. 274 ; by courtesy of Marcel
Height above bottom, cm Dekker, Inc.)
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An axial copper-concentration profile found with such a configuration is shown in
Fig. 4-27, where fractionation reduces the copper concentration by a factor of 3 in
the bubble section.

In both Figs. 4-26 and 4-27 the measured concentration at the feed level in the
column is less than the concentration in the feedstream (10.6 vs. 19.6 ppm and 0.064
vs. 0.078 mmol/m?). This is the result of large-scale axial mixing, which causes dilu-
tion of the feed by leaner liquid swept up from below. The design of a bubble column
like these must take into account both the rate of mass transfer of solute between
phases and the amount of axial mixing. Methods for approaching such a problem are
outlined in Chap. 11.

Combined bubble and foam fractionation processes are promising for treatment
of effluent waters, where environmental regulations necessitate removing solutes
from an already quite dilute feed down to still lower concentration levels, e.g., ppm
down to ppb. The process works better with very dilute feeds than with more con-
centrated feeds because of the limited adsorption capacity of the bubble surfaces.

A foam fractionation process can also be run where the column is mostly filled
with foam and drainage of liquid in the foam-cell borders gives the counterflow
action. To what extent effective fractionation within the foam can be obtained in this
way is controversial, however (Goldberg and Rubin, 1972). It is interesting to note
that in a combined bubble and foam fractionation process the counterflowing stream
at the bottom of the column is created by the second method described above (a mass
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separating agent, air or bubble surfaces), while at the top of a draining foam the
counterflowing reflux is created by changing the phase condition of some of the
overhead product from foam surface to draining liquid.

Bubble columns are also used as gas absorbers (Sherwood et al., 1975), but for a
large-diameter column the degree of axial mixing is great enough to remove most of
the countercurrent action.

Rate-governed Separation Processes

The gaseous-diffusion process was shown in Figs. 1-28 and 3-11 and was discussed at
those points. Since single-stage gaseous-diffusion processes are limited in the amount
of enrichment they can provide, for the recovery of 233U from natural uranium it is
necessary to employ a multistage process. The type of staging employed is indicated
by the schematic of a three-stage process in Fig. 4-28. Cooling water in heat exchang-
ers (not shown) is necessary to recool the gas after each compression.

Figure 4-28 is deceptive with regard to the amount of barrier surface area
required. In reality, because of the vacuum and fine pore size needed for Knudsen
flow, UF¢ permeation rates are very low and the barrier must be very thin and yet
strong enough to prevent leaks. At the same time it must be large in expanse for the
necessary amount of UF¢ to pass through.

The process shown in Fig. 4-28 provides the action of the rectifying section of a
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Figure 4-28 Three-stage gaseous-diffusion process for uranium-isotope enrichment.

distillation column and in this way can produce relatively pure 2**UF if the number
of stages is adequate. In order to recover more of the 2*3U out of the rejected stream
depleted in 23U, that stream is fed to a series of gaseous diffusion stages to the left of
the feed in Fig. 4-28. These stages then produce a more concentrated 238U-rich
product and in that way accomplish the same function as the stripping stages of a
distillation column.

There is an important conceptual distinction between this process and distilla-
tion, however. In the process of Fig. 4-28 the separating agent is energy and takes the
form of the various compressors. Note that in this process it is imperative that the
compressors be present before each stage. Unlike distillation, extraction, etc., gaseous
diffusion belongs to a group of separation processes in which the separating agent
must be added to each stage and cannot be reused. Membrane separation processes
(reverse osmosis, ultrafiltration, etc.) are also members of this group. The need for
adding separating agent at each stage is a general characteristic of rate-governed
separation processes as opposed to equilibration separation processes.

The requirement that separating agent be added to each stage is a definite
negative feature because it increases operating costs considerably. Rate-governed
separation processes find application when they provide a high enough separation
factor for only a single stage or very few stages to be required for a given separation
(as in many membrane separation processes) or when they give a separation factor so
much higher than those of competitive equilibration separation processes that the
inherently higher operating costs are offset (as for gaseous-diffusion separation of
uranium isotopes).

Because of the very low ideal separation factor (x;35_ ;35 = 1.0043) for the separ-
ation of uranium isotopes, very large numbers of stages and high reflux flows are
required to achieve the desired separation. To produce 90°, 2*3U material from the
0.7% 23U found in natural ores requires about 3000 gaseous-diffusion stages in
series. Figure 4-29 shows an aerial view of the Oak Ridge gaseous-diffusion plants
(K-25, K-27,K-29, K-31, and K-33). These cascade buildings have a ground coverage
of over 4 x 10° m? and represent a capital investment of some $840 million. The
original World War II separation cascade, the K-25 plant, is the pair of long build-
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Figure 4-29 Panorama of the gaseous-diffusion plant at Oak Ridge, Tennessee. ( U.S. Dept. of Energy.)

ings in the right rear of the photograph. Since the large number of stages and the high
interstage flows necessitate numerous extremely large compressors, it was important

to locate this plant in a region where electric power is cheap, i.e., that served by the
Tennessee Valley Authority (TVA). The Clinch River, a tributary of which runs
through the plant, supplies the cooling water for compressor aftercooling.

Other Reasons for Staging

Although increasing product purities and decreasing the consumption of separating
agent are the two most common reasons for staging a separation process, occa-
sionally there can be other reasons, e.g., gaining more efficient heat transfer or achiev-
ing a more compact geometry. Example 4-2 shows one of these reasons and also
illustrates how the description rule (Chap. 2) can be used effectively for process
scale-up.

Example 4-2 Electrodialysis is a separation process which has been primarily explored as a means of
obtaining fresh water from seawater or from less salty but contaminated brackish water, Zang et al.
(1966) describe another use for electrodialysis, in a process for removing excess citric acid from fruit
juices,

The tartness of orange and grapefruit juice varies over the course of the growing season. At
times the juice is too tart for sale; this has been attributed to the presence of excess citric acid in the
juice. Possible ways to circumvent this problem are to blend the juice with less tart juice or to
neutralize some of the citric acid by adding a base. The first of these alternatives creates scheduling
and storage difficultics, whercas the sccond affects the taste because of the accumulation of citrate
salts.

Electrodialysis affords a means of removing the citric acid instead of neutralizing it. In the
process shown schematically in Fig. 4-30, grapefruit juice containing an excess of citric acid flows in
alternating chambers between membranes. These membranes are made of a polymeric ion-exchange
material, wherein the anions are loosely held and are free to move, while the cations are large organic

UNIVERSITY OF MICHIGAN



MULTISTAGE SEPARATION PROCESSES 169

Product KOH +

Electrolyte Juice citrate Electrolyte
solution + H, solution + O,

H,0 + ¢ = OH™ + }H,1
|}

Electrode rinse Electrode rinse
(electrolyte solution) (electrolyte solution)

Grapefruit juice KOH solution

Anion-permeable
membrane

Figure 4-30 Electrodialysis process for removing excess citric acid.

molecules immobilized by the polymeric structure. Potassium hydroxide solution flows through the
remaining channels of the device. Passage of an electric current through the device in a direction
perpendicular to the flow causes a migration of cations toward the cathode and of anions toward the
anode. The anions can be transported through the membranes into the next compartment because of
the mobility of the anions in the membrane, but the cations cannot because the cations within the
membranes are wholly immobilized. As shown in Fig. 4-30, the result is that citrate ions (C* ") pass
from the juice into the KOH, while OH ™ ions enter the juice to take their place. The K * ions of the
KOH and the cations within the juice (M*) cannot cross the membranes, and hence are not
transferred. The net result is that a portion of the citric acid in the juice 1s converted into water.

Two juice cells with surrounding KOH cells are shown in Fig. 4-30. A typical commercial
installation would contain a substantially greater number of each in the alternating array.

Zang et al. (1966) report the results of a pilot electrodialysis run:

No. of cell pairs in stack = 12 Arez/membrane = 0,88 m? Feed temp = 33°C
Feed acidity = 1.52%,  Product acidity = 0.90%,  Production rate = 0,360 m*/h

|92 cm/s  juice
13.1 em/s KOH

Voltage =167V Current = 122 A Current density = 140 A/m? membrane

Cell velocity =

Current efficiency = 0.70  dc energy consumption = 209 MJ/m* juice

Jnginal from
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The current efficiency is related to the other variables by Faraday’s law,

1
Plant capacity (g equiv/h) = 3.73 x 10" %E 7 nA (4-1)

and the power consumption is given by Ohm’s law as

2
Power (kW) = 10-1(%) R,nA (4-2)

where E = current efficiency
I/A = current density, A/m?
n = number of cell pairs
A = cross-sectional area of single membrane
R, = resistance of unit area, i.e., product of resistance and area of one cell pair, Q- m?

(a) What is the advantage of the cell geometry shown in Fig. 4-30 as opposed to a system with a
single juice channel and a single KOH channel? (b) What size apparatus should be used to process
3.6 m?/h of grapefruit juice if the feed temperature and acidity and the product acidity are all the
same as in the pilot run and the current density, channel widths, and cell velocities are held the same
so as to hold the same current efficiency? What will be the voltage and power requirements?

SoLuTioN (a) The layout of the electrodialysis stack in Fig 4-30 superficially resembles that of a
multistage separation process. Closer inspection reveals that the feedstreams pass through in chan-
nels parallel to each other with no sequential flow between channels. There is no purity advantage
gained over a simple single-stage single-channel process.

With the arrangement in Fig. 4-30 the electric current passes through all channels in series
between electrodes. Thus it may seem that this is an instance where the separating agent (the electric
current) is used over and over in each juice channel and that a savings in electric power has been
accomplished in a way similar to the saving of steam in a multiple-effect evaporator. Although the
current does pass through each channel in series and is reused in that sense, the resistance of the stack
increases in direct proportion to the number of cell pairs. Hence, by Ohm's law, the voltage drop
necessary to obtain the desired current density increases in direct proportion to the number of cell
pairs. Consequently. the wattage requirement n!’R,M is directly proportional to the number of cell
pairs, and there is no apparent saving in electric power gained by using the stack geometry. There is
no saving in total membrane area either.

The main advantage of the process of Fig. 4-30 as opposed to a single-channel system is one of
structural convenience. With this geometry the separation device can remain reasonably compact,
and each flow channel takes the form of flow between flat plates, each of which is a membrane
surface. This gives a high membrane area per unit volume and a low electrode area.

(b) Asa first step, it is helpful to consider which of the quantities given in the problem statement
are truly independent variables. Applying the description rule, we find that the following nine
variables can be set by construction or by manipulation during operation:

Number of cell pairs KOH feed rate

Area/membrane Membrane spacing in juice channels
Feed temperature Membrane spacing in KOH channels
Feed acidity Voltage

Production rate (= feed rate)

The current, current density. product acidity. current efficiency. and energy consumption are depen-
dent variables in operation.

Considering now the stated problem. we find that the current density, feed acidity, feed temper-
ature, both channel widths. and both cell velocities (seven variables) are fixed at the values for the
pilot run. This should hold the current efficiency the same as in the pilot run (dependent variable). The
production rate is set, as is the product acidity (a separation variable). This fixes nine variables and
hence defines the process. The number of cell pairs. the area per membrane, and the voltage are all
dependent variables, having been replaced by the current density, product acidity, and juice channel
velocities as independent variables.

UNIVERSITY OF MICHIGAN



MULTISTAGE SEPARATION PROCESSES 171

The number of cell pairs is determined simply from the production rate, juice velocity, and juice
channel spacing. Since the juice velocity and juice channel spacing are to remain at the values for the
pilot run, the number of cell pairs must increase in proportion to the juice throughput. Hence the
number of cell pairs must be 120.

Since I/A in Eq. (4-6) remains constant and the capacity and n both increase tenfold, A must
remain unchanged at 0.88 m? per membrane. Hence the full-scale apparatus must contain 120 cell
pairs of the type in the pilot apparatus. One cannot decrease the number of cell pairs and increase the
area per membrane to provide the same citric acid removal without increasing either the juice
velocity or the juice channel width.

The resistance of the stack increases tenfold due to the greater number of cell pairs with the
total current remaining the same. Hence the applied voltage must increase tenfold to 1670 V and the
energy requirement also increases tenfold, thereby remaining at 209 MJ/m®. At a power cost of 3
cents per kilowatthour the dc power cost is only $1.74 per cubic meter of juice; however, the
pumping costs and equipment amortization costs are likely to be substantially higher. O

Electrodialysis has been most extensively developed as a process for removing
dissolved salt contaminants from seawater or a brackish ground water. Figure 4-31
shows an electrodialysis unit in service for desalting water in Kuwait. The assembly
of membranes and flow channels is similar to that shown schematically in Fig. 4-30
except that the membranes and flow channels are horizontal in each unit rather
than vertical, as in Fig. 4-30. Also, it is necessary to use membranes that are selectively

permeable to cations in the process, as well as others that are selectively permeable to
anions (see Prob. 4-F).

Figure 4-31 A 910 m’/day electrodialysis water-desalting plant located in Kuwait. (lonics, Inc.,
Watertown, Mass.)
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FIXED-BED (STATIONARY-PHASE) PROCESSES

Achieving Countercurrency

When a solid phase is involved in a separation process, e.g., adsorption, ion
exchange, leaching, and crystallization, it is difficult to design a contacting device
which will give continuous countercurrent flow of the phases. Some sort of drive is
required to make a bed of solids move continuously, and even then it is very difficult
to avoid attrition of the solid particles, to keep the solids in a uniform plug flow,
and to avoid channeling the fluid phase through cracks which develop in the bed.
In a few cases, e.g., moving-bed ion exchange, these problems have been solved
sufficiently to enable continuous countercurrent processes to be built without
incorporating a mechanical conveyor for the solids, but such cases are rare.

The more common approach for truly continuous countercurrent contacting
with solids uses a helical or screw-type mechanical conveyor to transport the solids
in a vertical or sloped device. One large-scale example is the DdS slope diffuser, used
for extraction of sugar from sugar beets (McGinnis, 1969). The separation process is
actually one of combined leaching and dialysis. The term * leaching” implies that the
valuable component (sugar) is washed away from the solid into a liquid phase. The
term “dialysis " refers to the selective action of the cell-wall membranes, which allow
sugars to pass while retaining substances of much larger molecular weight and
colloids. This device uses a covered trough, sloping at about a 20° angle to the
horizontal and typically measuring 4 to 7 m in diameter and 16 to 20 m long. Beet
slices (cossettes) are conveyed upward by a perforated-scroll motor-driven carrier,
while hot water enters at the upper end and flows downward. The countercurrent
action makes it possible to reach a sugar content of about 12 percent in the exit
solution. So high a concentration would not be possible without the countercurrent
design.

Mechanical conveyance of solids is also used in various designs of continuous
countercurrent crystallizers, of which the Schildknecht type of column is typical
(Betts and Girling, 1971). For crystallizations involving eutectic-forming systems,
such as p-cresol-m-cresol (Fig. 1-25), the column serves primarily to wash concen-
trate away from otherwise pure crystals of the solid phase. In some cases removal of
occluded concentrate (surrounded by crystal structure) is also necessary and requires
continual melting along the column. For crystallizations involving a solid solution
(as shown for the Au-Pt system in Fig. 1-27) it is necessary to create a temperature
gradient along the crystallization column and to provide sufficient residence time to
allow for continual melting and recrystallization.

Most large-scale applications of separation processes involving solids either
accept the less efficient contacting afforded by simple fixed-bed operation (see
Chap. 3) or contrive a closer approach to countercurrency while still keeping the
fixed-bed geometry. In this way problems of solids attrition, channeling, and mechan-
ical complexity are minimized.

The longest-established approach for gaining countercurrency while keeping the
fixed-bed geometry is a rotating progression of beds into various positions, sometimes
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Figure 4-32 Shanks system for manufacture of coffee extract.

known as the Shanks system. A good example of this is the extraction of coffee, as a
first step toward the manufacture of instant coffee (see Prob. 14-K). This again is a
process of combined leaching and dialysis, where soluble coffee matter 1s dissolved
out of roast and ground coffee beans into hot water (Moores and Stefanucci, 1964).
Since the water in this extract is subsequently removed by evaporation or freeze-
concentration, followed by spray-drying or freeze-drying. there is a large incentive to
obtain as concentrated an extract as possible without impairing flavor through
undesirable reactions in concentrated solutions. In order to obtain this high extract
concentration, countercurrent contacting of roast and ground coffee and extract is
used. As shown in Fig. 4-32, beds of roast and ground coffee are filled in numerical
order: bed 1 first, bed 2 second, bed 3 third, bed 4 fourth, then bed 1 again, etc. While
bed 1 is off line for emptying and refilling, fresh hot water is passed into bed 2.
Solution leaving bed 2 is pumped into bed 3, that leaving bed 3 is pumped into bed 4,
and that leaving bed 4 is taken as coffee-extract product. This low pattern is shown
by the full lines in Fig. 4-32. When bed 1 returns to operation and bed 2 is taken off
line. the pumping sequence changes to that shown by the dashed lines in Fig. 4-32.
The fresh water now enters bed 3 and passes successively to bed 4 and then bed 1.
Extract product is now withdrawn from bed 1. In this way water always contacts the
most depleted coffee grounds first and contacts the freshest grounds last. The scheme
thereby achieves the benefits of countercurrent flow without actual physical move-
ment of the grounds within the beds. The process can obviously be extended to any
number of beds.
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Extracts containing 30 percent or more coffee solubles are obtained in this way.
The percentage recovery of coffee solubles from the grounds also has obvious eco-
nomic importance for such a comparatively valuable product. Because of that, the
fresh water contacting the most depleted grounds is heated to 155°C or higher and
the bed is run under the corresponding pressure in order to hydrolyze hemicelluloses
into water-soluble materials. About 35 percent of the roast and ground coffee is put
into the extract as a result. The heat exchangers before the remaining beds in series give
additional degrees of freedom for controlling temperatures at various points in the
extraction; their proper manipulation has much to do with product flavor. Other
flavor controls are associated with the fineness of the grind. the ratio of coffee to
water, and the contact time (Moores and Stefanucci, 1964).

The Shanks system of rotating bed positions has also been used for ion exchange
(Vermeulen, 1977) and adsorption. It was used for sugar-beet extraction before the
introduction of the slope diffuser. Belter et al. (1973) describe an ion-exchange
process for recovering the pharmaceutical novobiocin from fermentation broths.
Because the broth contains suspended solid matter that would plug a fixed ion-
exchange bed, a fluidized bed of ion-exchange resin is used. Since fluidization causes
intense mixing of the resin, the absence of axial mixing typical of a fixed bed is lost,
and to compensate for this inefficiency a Shanks rotation of the fluidized ion-
exchange beds is used.

A newer but quite successful method for gaining countercurrency with a fixed
bed is shown diagrammatically in Fig. 4-33. Here a fluid stream is circulated contin-
uously down through a fixed bed, and the fluid leaving the bottom is pumped back
up and into the top. This gives the same effect as if the bed were shaped like a torus,
with the bottom connected directly to the top. A rotary valve turns in the direction
shown to move the various fluid inlet and outlet points along the bed in a regular
progression at predetermined time intervals. At the time shown in Fig. 4-33 the feed
mixture is put in at position 8, joins the recirculating flow, and proceeds down the
bed. If the separation process is adsorption, the preferentially adsorbed compo-
nent(s) are held on the bed between points 8 and 11, and hence a raffinate stream rich
in the nonadsorbed component(s) can be withdrawn at point 11. Meanwhile, the
portion of the bed that was in this adsorption service some time previously is being
regenerated by feeding a desorbent stream at point 2. The desorbent is a substance
which displaces the adsorbed component(s) from the feed mixture off the bed and
back into the circulating fluid stream. Since this displacement occurs between points
2 and 5, an extract stream enriched in the preferentially adsorbed component(s) can
be withdrawn at point 5.

Countercurrent flow of the fluid and the solids is achieved by the regular rotation
of the valve, which gives the effect of moving the bed upward. For example, at the
next turn of the valve, feed enters at point 9, raffinate leaves at point 12, desorbent
enters at point 3, and extract leaves at point 6. Then we proceed to points 10, 1, 4, and
7;etc. This is equivalent to moving the bed upward one position per turn of the valve.
Although this procedure was developed only recently, it has already seen consider-
able large-scale application for separations of n-paraffins from branched and aroma-
tic hydrocarbons (manufacture of jet fuel), for separation of p-xylene from mixed
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Figure 4-33 Rotating feeds to a fixed bed to achieve the effects of countercurrency. ( Adapted from
Broughton, 1977, p. 50: used by permission.)

xylenes, and for separations of olefins from paraffins in the Cg to C, 4 range (Brough-
ton, 1977), all carried out by adsorption with molecular sieves.

CHROMATOGRAPHY

The name chromatography encompasses a host of different separation techniques
with two common features:

1. A mobile phase flows along a stationary phase. Constituents of the mobile phase enter or
attach themselves to the stationary phase to different extents. The greater the fraction of the
time that a component spends with the stationary phase, the more it will be retarded behind
the average flow velocity of the mobile phase. Different components are retarded to differ-
ent extents, and this constitutes a separation.

2. At least one of the phases is very thin, so that its rates of equilibration with the other phase
are quite rapid. As we shall see below and in Chap. 8, this gives the separative action of a
large number of stages in series.
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Since one phase is stationary, chromatography often involves a fixed bed of particles,
which are sometimes coated with a thin layer of separating agent. Because of the
thin-layer feature and the dilution that accompanies the most common forms of
chromatography, it is more common in laboratory-scale separations, e.g., chemical
analyses, than in large-scale plant operation.

Since different components are retarded to different extents in the mobile phase,
suitable monitoring of the process can accomplish a separation of a multicomponent
mixture into individual products, or signals, for the individual components. The
ability to do this in a single operation makes chromatography a very powerful and
efficient method of separation and analysis.

The historical development of chromatography has been traced by Mikes (1961)
and Heines (1971), among others. The technique was developed by Tswett in the
early 1900’s, and was named chromatography because the initial use was to separate
plant pigments of different colors. However, it did not develop rapidly until the 1940s
and 1950s, when some of the most important advances were made by Martin and
Synge, in work that resulted in the 1952 Nobel prize. They developed the concept of
partition chromatography and implemented it in the forms that have become coun-
tercurrent distribution, paper chromatography, and thin-layer chromatography.
Subsequently, James and Martin (1952) introduced gas-liquid chromatography,
which has become the workhorse for chemical analysis of gases and organic liquids.
Other methods of chromatography are the principal analytical and separative
methods for biological and biochemical substances.

Methods of chromatography can be categorized in various ways; Pauschmann
(1972) has done this by defining processes as combinations of three different ele-
ments: migrations, defined by the different rates of travel of different components
with the mobile phase; shifts, defined as motions transporting all constituents at the
same rate; and gradients, which are imposed to influence the migration or shift rates.
It is also common to classify chromatographic separations in terms of three different
process techniques (elution development, displacement development, and frontal
analysis), following the early work of Tiselius (1947).

Elution development is shown in Fig. 4-34. A pulse of sample is introduced at the
inlet end of the column bearing the stationary phase. A solvent or gas, known as the
carrier or eluant, flows through the column, conveying the constituents in the sample
pulse. The different constituents transfer back and forth between the mobile phase
(carrier) and the stationary phase and are retarded according to the fraction of time
they spend in the stationary phase. In Fig. 4-34 component A is held in the stationary
phase longer than component B. Because of mass-transfer limitations and other
factors the peaks for the different components broaden as well as separate as they go
along the column. Some form of detector is used to monitor the peaks as they emerge
from the column in the carrier stream. Elution development is the most common
form of chromatography and is discussed at greater length below.

Displacement development is shown in Fig. 4-35. It is similar to elution develop-
ment in that a sample pulse is injected at the inlet of the stationary-phase column.
However, in this case one or more solvents are used which are more strongly held by
the stationary phase than the components of the sample pulse. Hence the solvent(s)
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Figure 4-35 Displacement-development chromatography. (From Stewart, 1964, p. 419; used by
permission.)
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displace the sample constituents in the order of the strengths with which they are
held into the stationary phase, weakest first. For the example shown in Fig. 4-35,
solvent 1 is more strongly held in the stationary phase than components A, and A,
but is less strongly held than component B, which stays behind solvent 1. Subsequent
use of a second solvent (solvent 2), more strongly held than component B, will then
displace component B and drive it along the stationary phase later. Solvent 1 will still
tend to displace and drive component A, along the column, and component A, , in
turn, will displace and drive component A,. To avoid overlap of the peaks for A, and
A,, it would be useful to use yet another solvent, held with a strength intermediate
between components A, and A, for a period of time before solvent 1. This would
then separate the peaks for A, and A, more completely.

The process of zone refining (Prob. 3-N) is akin to displacement-development
chromatography. In it a molten zone (mobile phase) passed along a solid bar serves
to displace forward the component(s) that are least accommodated into the solid
phase (stationary phase) as it forms again behind the molten zone.

Frontal analysis, shown in Fig. 4-36, may be regarded as an “ integral " form of
elution development; i.e., the peak response curves for elution development are the
derivatives of the response curve for frontal analysis. Here the mixture to be
separated is introduced as a step change, rather than a pulse; the mixture continues
to flow in after the change to it as feed has been made. In Fig. 4-36 component B is
more strongly held in the stationary phase than component A, so that A proceeds
ahead of B. The technique gives a zone of purified A, but because of the sustained
feed of the mixture cannot give a zone of B free of A. A B-rich zone would be
obtained at the tail if the feed of the mixture were discontinued; such a process would
be a hybrid of elution development and frontal analysis.
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Figure 4-36 Frontal-analysis chromatography. ( From Stewart, 1964, p. 419: used by permission.)
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Although the frontal-analysis technique can isolate only the least strongly held
component, it has the advantages of a much greater feed-throughput capacity and
less dilution of the products. It is therefore more suitable for scale-up to large
capacities. The simple fixed-bed operation described in Chap. 3 may be viewed as a
subcase of frontal analysis, as may the rotating-bed and rotating-feed methods,
described above. Electrophoresis (separation by differential migration of charged
particles or macromolecules in an electric field) can be operated effectively in a
frontal-analysis mode by utilizing a so-called leading electrolyte. This will isolate
a zone of the most rapidly moving component. A further improvement is the use of
a tailing electrolyte, which will then work in the mode of displacement development

and give a full separation. That process is known as isotachophoresis (Everaerts et al.,
1977).

Means of Achieving Differential Migration

The mechanism by which the components enter the stationary phase from the mobile
phase must be strong enough to slow the travel of the components significantly. It
must be selective, to slow different components to different extents. It must also be
reversible so that the components readily reenter the mobile phase. For most effective
performance, the distribution coefficients between phases for the components of
interest should be of order unity rather than very high or very low. The following are
some of the mechanisms which have been used:

1. Partition, in which a thin layer of liquid is coated onto particles or a solid surface, and the
mobile phase is either gaseous (gas-liquid chromatography, GLC) or another immiscible
liquid.

2. Adsorption, in which the stationary phase is a solid adsorbent and the mobile phase is gas or
liquid. Alternatively, adsorption to a gas-liquid interface can be used, either a foam or
interstitial liquid being the stationary phase and the other (interstitial liquid or foam) being
the mobile phase.

3. Ion exchange, in which the stationary phase is particles of ion-exchange resin or of a solid
coated with an ion-exchanging liquid and the constituents to be separated are in liquid
solution in the mobile phase and bear the opposite charge.

4. Sieving, where the stationary phase contains pores of molecular dimensions and effects a
separation of substances in the mobile phase on the basis of size. An example is gel-
permeation chromatography, where smaller molecules enter the stationary gel phase to a
greater extent and are therefore retarded more in the mobile phase.

5. Reversible chemical reaction, where the components in the mobile phase to be separated react
to different extents (but reversibly) with elements of the stationary phase. An example is
affinity chromatography, where certain chemical ligands are immobilized on the stationary
phase and react selectively with the species to be separated, typically enzymes.

6. Membrane permeation, where substances are separated on the basis of their ability to
permeate through a thin membrane material or their ability to react with something
encased within the membrane. In one successful implementation of this using the concept of
microencapsulation, a selective membrane coats small particles whose interiors contain
absorbing or reacting solutions (Chang, 1975).
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Countercurrent Distribution

The process known as countercurrent distribution (CCD) is a form of elution chroma-
tography in which the mobile phase is transferred at discrete times rather than
continuously. It has been used extensively in biochemical research. The adjective
*countercurrent ™ here is something of a misnomer since the second phase remains
stationary rather than flowing countercurrent to the mobile phase. The process is
illustrated by the following example.

Consider the solvent-extraction process shown schematically in Fig. 4-37. The
sequence of four contacting vessels is numbered 1, 2, 3, and 4, from left to right. At the
start of the operation 100 mg of substance A and 100 mg of substance B are dissolved
in 100 mL of aqueous solution in vessel 1. Then 100 mL of an immiscible organic
solvent 1s added to vessel 1, which is then shaken long enough to bring the two liquid
phases to equilibrium. We shall presume that the equilibrium distribution ratio
K; ,.. for substance A is 2.0, while that for substance B is 0.5, where

Cio

Ki. o-w — C;'w

(4-3)

C,, is the concentration (milligrams per milliliter) of component i in the organic
phase, and C,, is the concentration of component i in the aqueous phase. Thus
substance A is more readily extracted than substance B into the organic phase.
After equilibration of vessel 1, 66.7 mg of substance A and 33.3 mg of substance
B are in the organic phase. while 33.3 mg of substance A and 66.7 mg of substance B
are in the aqueous phase. These figures are obtained by the simultaneous solution of

Cao=20Cn, (4-4)

Cpo = 0.5Cg,, (4-5)
VoCao + V,.Caw = 100 (4-6)
V,Cg, + V,,Cg,. = 100 (4-7)

where V, and V,, are the known volumes in milliliters of the organic and aqueous
phases, respectively.

At this point the organic phase from vessel | is transferred by decantation into
vessel 2. Then 100 mL of fresh aqueous phase (containing no A or B) is added to
vessel 2 and 100 mL of fresh organic solvent is added to vessel 1. Both vessels are
then shaken and equilibrated. By application to each vessel of Egs. (4-4) and (4-5)
and of Egs. (4-6) and (4-7) with the right-hand side modified to give the total amount
of the solute in that vessel. we find the distribution of the two solutes indicated by the
figures given in the row marked * Equilibration 2™ in Fig. 4-37.

Next we transfer the organic phase from vessel 2 to vessel 3 and transfer the
organic phase from vessel 1 to vessel 2, adding fresh aqueous phase to vessel 3 and
fresh organic solvent to vessel 1. Again the vessels are shaken and brought to equilib-
rium, and the concentration distributions indicated under " Equilibration 37 in
Fig. 4-37 result. Following the same procedure. the organic phases are then trans-
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Figure 4-37 Four-vessel countercurrent-distribution process (CCD) for separating substances A and B.
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ferred one vessel to the right. fresh aqueous and organic phases are added to the end
vessels, and the vessels are once again equilibrated. The final solute concentrations in
each vessel are shown in the row for * Equilibration 4.”

The net result of this procedure has been to provide a better degree of separation
between A and B than would be achieved by a simple one-stage equilibration. As we
have seen for equilibration 1 in Fig. 4-37. a single equilibration would have given
66.7 mg of A and 33.3 mg of B in one product and 33.3 mg of A and 66.7 mg of B in
the other product. If we compound the contents of vessels 1 and 2 as one product in
our four-vessel scheme and compound the contents of vessels 3 and 4 as the other
product, we find that one product contains 74 mg of A and 26 mg of B, while the
other product contains